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Foreword to the Second Edition

The techniques of process design continue to improve as
the science of chemical engineering develops new and bet-
ter interpretations of fundamentals. Accordingly, this sec-
ond edition presents additional, reliable design methods
based on proven techniques and supported by pertinent
data. Since the first edition, much progress has been made
in standardizing and improving the design techniques for
the hardware components that are used in designing
process equipment. This standardization has been incorpo-
rated in this latest edition, as much as practically possible.

The “heart” of proper process design is interpreting the
process requirements into properly arranged and sized
mechanical hardware expressed as (1) off-the-shelf mechan-
ical equipment (with appropriate electric drives and instru-
mentation for control); (2) custom-designed vessels,
controls, etc.; or (3) some combination of (1) and (2). The
unique process conditions must be attainable in, by, and
through the equipment. Therefore, it is essential that the
process designer carefully visualize physically and mathe-
matically just how the process will behave in the equipment
and through the control schemes proposed.

Although most of the chapters have been expanded to
include new material, some obsolete information has been
removed.

Chapter 10, “Heat Transfer,” has been updated and now
includes several important design techniques for difficult
condensing situations and for the application of ther-
mosiphon reboilers.

Chapter 11, “Refrigeration Systems,” has been improved
with additional data and new systems designs for light hydro-
carbon refrigeration.

X

Chapter 12, “Compression Equipment,” has been gener-
ally updated.

Chapter 13, “Compression Surge Drums,” presents sev-
eral new techniques, as well as additional detailed examples.

Chapter 14, “Mechanical Drivers,” has been updated to
inlcude the latest code and standards of the National Elec-
trical Manufacturer’s Association and information on the
new energy efficient motors.

Also, the new appendix provides an array of basic refer-
ence and conversion data.

Although computers are now an increasingly valuable
tool for the process design engineer, it is beyond the scope
of these three volumes to incorporate the programming and
mathematical techniques required to convert the basic
process design methods presented into computer programs.
Many useful computer programs now exist for process
design, as well as optimization, and the process designer is
encouraged to develop his/her own or to become familiar
with available commercial programs through several of the
recognized firms specializing in design and simulation com-
puter software.

The many aspects of process design are essential to the
proper performance of the work of chemical engineers and
other engineers engaged in the process engineering design
details for chemical and petrochemical plants. Process
design has developed by necessity into a unique section of
the scope of work for the broad spectrum of chemical engi-
neering.






Preface to the Third Edition

This volume of Applied Process Design is intended to be a
chemical engineering process design manual of methods
and proven fundamentals with supplemental mechanical
and related data and charts (some in the expanded appen-
dix). It will assist the engineer in examining and analyzing a
problem and finding a design method and mechanical spec-
ifications to secure the proper mechanical hardware to
accomplish a particular process objective. An expanded
chapter on safety requirements for chemical plants and
equipment design and application stresses the applicable
codes, design methods, and the sources of important new
data.

This manual is not intended to be a handbook filled with
equations and various data with no explanation of applica-
tion. Rather, it is a guide for the engineer in applying chem-
ical processes to the properly detailed hardware
(equipment), because without properly sized and internally
detailed hardware, the process very likely will not accom-
plish its unique objective. This book does not develop or
derive theoretical equations; instead, it provides direct appli-
cation of sound theory to applied equations useful in the
immediate design effort. Most of the recommended equa-
tions have been used in actual plant equipment design and
are considered to be some of the most reasonable available
(excluding proprietary data and design methods), which
can be handled by both the inexperienced as well as the
experienced engineer. A conscious effort has been made to
offer guidelines of judgment, decisions, and selections, and
some of this will also be found in the illustrative problems.
My experience has shown that this approach at presentation
of design information serves well for troubleshooting plant
operation problems and equipment/systems performance
analysis. This book also can serve as a classroom text for
senior and graduate level chemical plant design courses at
the university level.

The text material assumes that the reader is an under-
graduate engineer with one or two years of engineering fun-
damentals or a graduate engineer with a sound knowledge
of the fundamentals of the profession. This book will pro-
vide the reader with design techniques to actually design as
well as mechanically detail and specify. It is the author’s phi-
losophy that the process engineer has not adequately per-
formed his or her function unless the results of a process
calculation for equipment are specified in terms of some-
thing that can be economically built or selected from the
special designs of manufacturers and can by visual or men-
tal techniques be mechanically interpreted to actually per-

X

form the process function for which it was designed. Con-
siderable emphasis in this book is placed on the mechanical
Codes and some of the requirements that can be so impor-
tant in the specifications as well as the actual specific design
details. Many of the mechanical and metallurgical specifics
that are important to good design practice are not usually
found in standard mechanical engineering texts.

The chapters are developed by design function and not in
accordance with previously suggested standards for unit
operations. In fact, some of the chapters use the same prin-
ciples, but require different interpretations that take into
account the process and the function the equipment performs
in the process.

Because of the magnitude of the task of preparing the
material for this new edition in proper detail, it has been
necessary to omit several important topics that were covered
in the previous edition. Topics such as corrosion and met-
allurgy, cost estimating, and economics are now left to the
more specialized works of several fine authors. The topic of
static electricity, however, is treated in the chapter on
process safety, and the topic of mechanical drivers, which
includes electric motors, is covered in a separate chapter
because many specific items of process equipment require
some type of electrical or mechanical driver. Even though
some topics cannot be covered here, the author hopes that
the designer will find design techniques adaptable to 75 per-
cent to 85+ percent of required applications and problems.

The techniques of applied chemical plant process design
continue to improve as the science of chemical engineering
develops new and better interpretations of the fundamen-
tals for chemistry, physics, metallurgical, mechanical, and
polymer/plastic sciences. Accordingly, this third edition pre-
sents additional reliable design methods based on proven
techniques developed by individuals and groups considered
competent in their subjects and who are supported by per-
tinent data. Since the first and second editions, much
progress has been made in standardizing (which implies a
certain amount of improvement) the hardware components
that are used in designing process equipment. Much of the
important and basic standardization has been incorporated
in this latest edition. Every chapter has been expanded and
updated with new material.

All of the chapters have been carefully reviewed and older
(not necessarily obsolete) material removed and replaced by
newer design techniques. It is important to appreciate that
not all of the material has been replaced because much of
the so-called “older” material is still the best there is today,



and still yields good designs. Additional charts and tables
have been included to aid in the design methods or explain-
ing the design techniques.

The author is indebted to the many industrial firms that
have so generously made available certain valuable design
data and information. Thus, credit is acknowledged at the
appropriate locations in the text, except for the few cases
where a specific request was made to omit this credit.

The author was encouraged to undertake this work by Dr.
James Villbrandt and the late Dr. W. A. Cunningham and Dr.
John J. McKetta. The latter two as well as the late Dr. K. A.
Kobe offered many suggestions to help establish the useful-

X1l

ness of the material to the broadest group of engineers and
as a teaching text.

In addition, the author is deeply appreciative of the cour-
tesy of the Dow Chemical Co. for the use of certain non-
credited materials and their release for publication. In this
regard, particular thanks is given to the late N. D. Griswold
and Mr. J. E. Ross. The valuable contribution of associates in
checking material and making suggestions is gratefully
acknowledged to H. F. Hasenbeck, L. T. McBeth, E. R.
Ketchum, J. D. Hajek, W. J. Evers, and D. A. Gibson. The
courtesy of the Rexall Chemical Co. to encourage comple-
tion of the work is also gratefully appreciated.

Ernest E. Ludwig. PE.
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Heat Transfer

Heat transfer is perhaps the most important, as well as the
most applied process, in chemical and petrochemical plants.
Economics of plant operation often are controlled by the
effectiveness of the use and recovery of heat or cold (refriger-
ation). The service functions of steam, power, refrigeration
supply, and the like are dictated by how these services or utili-
ties are used within the process to produce an efficient con-
version and recovery of heat.

Although many good references (5, 22, 36, 37, 40, 61, 70,
74, 82) are available, and the technical literature is well repre-
sented by important details of good heat transfer design prin-
ciples and good approaches to equipment design, an
unknown factor that enters into every design still remains. This
factor is the scale or fouling from the fluids being processed
and is wholly dependent on the fluids, their temperature and
velocity, and to a certain extent the nature of the heat transfer
tube surface and its chemical composition. Due to the
unknown nature of the assumptions, these fouling factors can
markedly affect the design of heat transfer equipment. Keep
this in mind as this chapter develops. Conventional practice is
presented here; however, Kern” has proposed new thermal
concepts that may offer new approaches.

Before presenting design details, we will review a sum-
mary of the usual equipment found in process plants.

The design of the heat transfer process and the associated
design of the appropriate hardware is now almost always
being performed by computer programs specifically devel-
oped for particular types of heat transfer. This text does not
attempt to develop computer programs, although a few
examples are illustrated for specific applications. The impor-
tant reason behind this approach is that unless the design
engineer working with the process has a “feel” for the
expected results from a computer program or can assess
whether the results calculated are proper, adequate, or “in
the right ball park,” a plant design may result in improperly
selected equipment sizing. Unless the user-designer has some
knowledge of what a specific computer program can accomplish, on
what specific heat transfer equations and concepts the program is
based, or which of these concepts have been incorporated into the pro-
gram, the user-designer can be “flying blind” regarding the results,
not knowing whether they are proper for the particular con-
ditions required. Therefore, one of the intended values of

this text is to provide the designer with a basis for manually
checking the expected equations, coefficients, etc., which
will enable the designer to accept the computer results. In
addition, the text provides a basis for completely designing
the process heat transfer equipment (except specialized
items such as fired heaters, steam boiler/generators, cryo-
genic equipment, and some other process requirements)
and sizing (for mechanical dimensions/details, but not for
pressure strength) the mechanical hardware that will accom-
plish this function.

Types of Heat Transfer Equipment Terminology

The process engineer needs to understand the terminol-
ogy of the heat transfer equipment manufacturers in order
to properly design, specify, evaluate bids, and check draw-
ings for this equipment.

The standards of the Tubular Exchanger Manufacturers
Association (TEMA)'7 is the only assembly of unfired
mechanical standards including selected design details and
Recommended Good Practice and is used by all reputable
exchanger manufacturers in the U.S. and many manufac-
turers in foreign countries who bid on supplying U.S. plant
equipment. These standards are developed, assembled, and
updated by a technical committee of association members.
The standards are updated and reissued every 10 years.
These standards do not designate or recommend thermal
design methods or practices for specific process applications
but do outline basic heat transfer fundamentals and list sug-
gested fouling factors for a wide variety of fluid or process
services.

The three classes of mechanical standards in TEMA are
Classes R, C, and B representing varying degrees of mechan-
ical details for the designated process plant applications’
severity. The code designations [TEMA—1988 Ed] for
mechanical design and fabrication are:

RCB—Includes all classes of construction/design and
are identical; shell diameter (inside) not exceeding 60 in.,
and maximum design pressure of 3,000 psi.

R—Designates severe requirements of petroleum and
other related processing applications.
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Figure 10-1A. Nomenclature for Heat Exchanger Components. Figures 10-1A-G used by permission: Standards of Tubular Exchanger Manu-
facturers Association, 7" Ed., Fig. N-1.2, © 1988. Tubular Exchanger Manufacturers Association, Inc.
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Figure 10-1B. Floating head. (© 1988 by Tubular Exchanger Manufacturers Association, Inc.)
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BEM

Figure 10-1C. Fixed tubesheet. (© 1988 by Tubular Exchanger Manufacturers Association, Inc.)
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Figure 10-1D. Floating head—outside packed. (© 1988 by Tubular Exchanger Manufacturers Association, Inc.)

C—Indicates generally moderate requirements of com-
mercial and general process applications.

B—Specifies design and fabrication for chemical
process service.

RGP— Recommended Good Practice, includes topics
outside the scope of the basic standards.

Note: The petroleum, petrochemical, chemical, and other
industrial plants must specify or select the design/fabrica-
tion code designation for their individual application as the
standards do not dictate the code designation to use. Many
chemical plants select the most severe designation of Class R
rather than Class B primarily because they prefer a more
rugged or husky piece of equipment.

In accordance with the TEMA Standards, the individual
vessels must comply with the American Society of Mechani-
cal Engineers (ASME) Boiler and Pressure Vessel Code, Sec-

tion VIII, Div. 1, plus process or petroleum plant location
state and area codes. The ASME Code Stamp is required by
the TEMA Standards.

Figures 10-1A-G and Table 10-1 from the Standards of
Tubular Exchanger Manufacturers Association'”” give the
nomenclature of the basic types of units. Note the nomen-
clature type designation code letters immediately below each
illustration. These codes are assembled from Table 10-1 and
Figures 10-1A-G.

Many exchangers can be designed without all parts;
specifically the performance design may not require (a) a
floating head and its associated parts, or (b) an impinge-
ment baffle but may require a longitudinal shell side baffle
(see Figures 10-1F and 10-1G). It is important to recognize
that the components in Figures 10-1B-K are associated with
the basic terminology regardless of type of unit. An applica-
tion and selection guide is shown in Table 10-2 and Figures
10-2 and 10-3.
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Figure 10-1E. Removable U-bundle. (© 1988 by Tubular Exchanger Manufacturers Association, Inc.)
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Figure 10-1F. Kettle reboiler. (© 1988 by Tubular Exchanger Manufacturers Association, Inc.)
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Figure 10-1G. Divided flow—packed tubesheet. (© 1988 by Tubular Exchanger Manufacturers Association, Inc.)
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20.

Table 10-1
Standard TEMA Heat Exchanger Terminology/Nomenclature®
. Stationary Head—Channel 21. Floating Head Cover—External
. Stationary Head—Bonnet 22. Floating Tubesheet Skirt
. Stationary Head Flange—Channel or Bonnet 23. Packing Box
. Channel Cover 24. Packing
. Stationary Head Nozzle 25. Packing Gland
. Stationary Tubesheet 26. Lantern Ring
Tubes 27. Tierods and Spacers
. Shell 28. Transverse Baffles or Support Plates
. Shell Cover 29. Impingement Plate
. Shell Flange—Stationary Head End 30. Longitudinal Baffle
. Shell Flange—Rear Head End 31. Pass Partition
. Shell Nozzle 32. Vent Connection
. Shell Cover Flange 33. Drain Connection
. Expansion Joint 34. Instrument Connection
. Floating Tubesheet 35. Support Saddle
. Floating Head Cover 36. Lifting Lug
. Floating Head Cover Flange 37. Support Bracket
. Floating Head Backing Device 38. Weir
. Split Shear Ring 39. Liquid Level Connection
Slip-on Backing Flange

“Key to Figures 10-1B-G. See Figure 10-1A for Nomenclature Code.

Used by permission: Standards of Tubular Exchanger Manufacturers Association, 7" Ed., Table N-2, © 1988. Tubular
Exchanger Manufacturers Association, Inc. All rights reserved.

Vapor Plus
Liquid Qut
4
Top End

Figure 10-1H. Fixed tubesheet, single-tube pass vertical heater or
el reboiler. (Used by permission: Engineers & Fabricators, Inc., Houston.)
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Figure 10-1l. Floating head, removable type. (Used by permission: Yuba Heat Transfer Division of Connell Limited Partnership.)

Figure 10-1J. Split-ring removable floating head, four-pass tube-side and two-pass shell-side. (Used by permission: Engineers & Fabricators,
Inc., Houston.)
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Figure 10-1K. U-tube exchanger. (Used by permission: Yuba Heat Transfer Division of Connell Limited Partnership.)



Selection Guide Heat Exchanger Types

Heat Transfer

Table 10-2

Approximate
Relative Cost

Type Figure in Carbon Steel
Designation No. Significant Feature Applications Best Suited Limitations Construction
Fixed 10-1C  Both tubesheets Condensers; liquid-liquid; Temperature difference at 1.0
TubeSheet 10-1H  fixed to shell. gas-gas; gas-liquid; cooling and extremes of about 200°F
heating, horizontal or vertical, due to differential
reboiling. expansion.
Floating Head 10-1B One tubesheet “floats” in High temperature differentials, Internal gaskets offer
or Tubesheet 10-1D  shell or with shell, tube above about 200°F extremes; danger of leaking. 1.28
(removable and 10-1G  bundle may or may not be dirty fluids requiring cleaning Corrosiveness of fluids on
nonremovable 10-11 removable from shell, but of inside as well as outside of shell-side floating parts.
bundles) 10-1] back cover can be removed shell, horizontal or vertical. Usually confined to
to expose tube ends. horizontal units.
U-Tube; 10-1E Only one tubesheet required. High temperature Bends must be carefully 0.9-1.1
U-Bundle 10-1K  Tubes bent in U-shape. differentials, which might made, or mechanical damage
Bundle is removable. require provision for expansion and danger of rupture can
in fixed tube units. Clean result. Tube side velocities
service or easily cleaned can cause erosion of inside
conditions on both tube side of bends. Fluid should be
and shell side. Horizontal or free of suspended particles.
vertical.
Kettle 10-1F Tube bundle removable as Boiling fluid on shell side, as For horizontal installation. 1.2-1.4
U-type or floating head. refrigerant, or process fluid Physically large for other
Shell enlarged to allow being vaporized. Chilling or applications.
boiling and vapor cooling of tube-side fluid in
disengaging. refrigerant evaporation on
shell side.
Double Pipe 10-4A  Each tube has own shell Relatively small transfer area Services suitable for finned 0.8-1.4
10-4B forming annular space for service, or in banks for larger tube. Piping-up a large
10-4C  shell-side fluid. Usually use applications. Especially suited number often requires cost
10-4D  externally finned tube. for high pressures in tube and space.
(greater than 400 psig).
Pipe Coil 10-5A Pipe coil for submersion in Condensing, or relatively low Transfer coefficient is low, 0.5-0.7
10-5B  coil-box of water or sprayed heat loads on sensible transfer. requires relatively large
with water is simplest type space if heat load is high.
of exchanger.
Open Tube 10-5A  Tubes require no shell, only Condensing, relatively low heat Transfer coefficient is low, 0.8-1.1
Sections (water 10-5B  end headers, usually long, loads on sensible transfer. takes up less space than
cooled) water sprays over surface, pipe coil.
sheds scales on outside tubes
by expansion and contraction.
Can also be used in water box.
Open Tube 10-6 No shell required, only end Condensing, high-level heat Transfer coefficient is low, 0.8-1.8
Sections (air headers similar to water transfer. if natural convection
cooled); Plain or units. circulation, but is improved
Finned Tubes with forced air flow across
tubes.
Plate and 10-7A Composed of metal-formed Viscous fluids, corrosive fluids Not well suited for boiling 0.8-1.5
Frame 10-7B  thin plates separated by slurries, high heat transfer. or condensing; limit
10-7C  gaskets. Compact, easy to 350-500°F by gaskets. Used
clean. for liquid-liquid only; not
gas-gas.
Small-tube 10-8 Chemical resistance of tubes; Clean fluids, condensing, Low heat transfer
Teflon no tube fouling. cross-exchange. coefficient. 2.0-4.0
Spiral 10-9A Compact, concentric plates; Cross-flow, condensing, Process corrosion, 0.8-1.5
10-9B  no bypassing, high heating. suspended materials.
10-9C  turbulence.

10-9D
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Details of Exchange Equipment
Assembly and Arrangement

The process design of heat exchange equipment
depends to a certain extent upon the basic type of unit con-
sidered for the process and how it will be arranged together
with certain details of assembly as they pertain to that par-
ticular unit. It is important to recognize that certain basic
types of exchangers, as given in Table 10-2, are less expen-
sive than others and also that inherently these problems are
related to the fabrication of construction materials to resist
the fluids, cleaning, future reassignment to other services,
etc. The following presentation alerts the designer to the
various features that should be considered. Also see
Rubin. 2!

1. Construction Codes

The American Society of Mechanical Engineers (ASME)
Unfired Pressure Vessel Code'" is accepted by almost all states as
a requirement by law and by most industrial insurance
underwriters as a basic guide or requirement for fabrication
of pressure vessel equipment, which includes some compo-
nents of heat exchangers.

This code does not cover the rolling-in of tubes into
tubesheets.

For steam generation or any equipment having a direct
fire as the means of heating, the ASME Boiler Code® applies,

Fixed Tube Sheet
+

'

- - l||
i =
4 +

Shell with
Expansion Joint

Tube Sheets Fixed Both Ends
Single Shell Pass

Two Shell Passes Divided Sheil Pass
with or without

Expansion Joint.

(Expansion Joint

Complicates)

Fixed or Removable Tube Sheets

'

{ Vapor
T T
A [
[ { 1
T i T
4 Liquid® ¥

Evaporator or
Chiller

Exchanger with
{nlet Vapor Distributor

Divided Flow
Two Sheil Passes Each Section

and many states and insurance companies require compli-
ance with this.

These classes are explained in the TEMA Standards and
in Rubin.% 100133

2. Thermal Rating Standards

The TEMA Code!” does not recommend thermal
design or rating of heat exchangers. This is left to the rat-
ing or design engineer, because many unique details are
associated with individual applications. TEMA does offer
some common practice rating charts and tables, along
with some tabulations of selected petroleum and chemical
physical property data in the third (1952) and sixth (1978)
editions.

3. Exchanger Shell Types

The type of shell of an exchanger should often be estab-
lished before thermal rating of the unit takes place. The
shell is always a function of its relationship to the tubesheet
and the internal baffles. Figures 10-1, 10-2, and 10-3 sum-
marize the usual types of shells; however, remember that
other arrangements may satisfy a particular situation.

The heads attached to the shells may be welded or bolted
as shown in Figure 10-3. Many other arrangements may be
found in references 37, 38, and 61.

Removable Tube Sheet

i i
. b
{ N fee
1 T=—- T
\ i - }
I ES
‘ }
U-Bundle Shelt Floating Tube Sheet
Single Shell Pass

Single Shell Pass

U-Bundle
Two Shell Passes

Floating Tube Sheet
Two Shell Passes

4 Vapor 4
————— T
e W] e
/ 5 \ -
NN
I
¢ Liquid 4
Kettle Evaporator Floating Tube Sheet
U-Bundle or Single Shell Pass

Floating Tube Sheet {can be Two Shell Pass)

Singte Shell Pass

¢4 Vapor
t

+
Liquid

Kettle Reboiler U-Bundie
or Floating Tube Sheet
Single Shell Pass

Figure 10-2. Typical shell types.



Figure 10-4A(1). Double-pipe longitudinal Twin G-Finned exchanger. (Used by permission: Griscom-Russell Co./Ecolaire Corp., Easton, PA, Bul.

7600.)

Bonnet Heads

Single Pass

(Bolted to Shell Flange or Tube Sheet)

Bonnet Types

If {a} to Shell,U-Bundle or
Floating Tube Sheet
inside.

{b) to Tube Sheet,Pass
Partitions only as
Needed.

Welded to Shell or to
Stationary Tube Sheet

Tube Sheet ~
Packed
Against Shell

1t

o
Bolted to Shell Packing
Gland at Tube Sheet

Floating
Tube Sheet

Shell Cover Bolted to Shell.
Floating Head Cover Boited
to Tube Sheet orits
Backing Ring.

Shell Cover Gasket Vent
or Drain

Shell Cover Gasket Shell

Heat Transfer

Stationary Heads

Channel Heads

(Even Number Passes)

Welded to Tube Sheet Bolied to Shell
Flonge or Tube Sheet

Double Pass

Return Heads and End Covers

Channel Types
Welded or Boited to Shell o Serve in

Same Designs os Bonnet Types (except
for Single Tube Pass with Expansion}

See Welded

Exomple

Bolted to Shell or to
Stctionary Tube Sheet

Shell Cover Bolted to Shell. Floeting Head Cover Bolted to
Tube Sheet or its Backing Ring. Expansion of Tube Bundle
Provided by External Packing Gland or by Internal Bellows
on Outlet Nozzle {not shown). For Single Pass Tube Bundle.

Figure 10-3. Typical heads and closures.

G-Fin Pipe

Cone Plug Nut

Union Nut

Return Bend
(Union-Fitted)

Return Bend
(Welded)

Return Bend End of Section
Element Fitted with Unions
to Provide Access to the
Interior of the Element at
this End.

Twin Flange

End Piece
Shell Nozzie Flange

Straight Adaptor
(Threaded)

Welded Return Bend for the Section Element is Furnished when Access fo the Interior
of the Element at this End is not Required. Tools are Available that will Clean the
Return Bend from the Opposite End.
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Tube Bundles Available
Longitudinal finfubes or bare tubes

Return End Bonnet Closure

Tha freefloating U-tubs
pundle compensates for the
differantial shall-[wbse sxpan-
gion. EMiminaias nead for
frpansion joints or packad
joints commaonly usad In
shell and fube lype keal
exchangers. Lanps radiue
U-bends are aaaily cleanad
with faxible shaft lube
cleanars. Return End Bonnet
Closure is a consarvative
1nrnu|;|h-bnlle-;r design.

Head Closures Available

Figure 10-4A(2). Multitube hairpin fintube heat exchangers. The individual shell modules can be arranged into several configurations to suit the
process parallel and/or series flow arrangements. The shell size range is 3-16 in. (Used by permission: Brown Fintube Co., A Koch® Engineer-

ing Co., Bul. B-30-1.)

4. Tubes

The two basic types of tubes are (a) plain or bare and (b)
finned—external or internal, see Figures 10-4A-E, 10-10,
and 10-11. The plain tube is used in the usual heat exchange
application. However, the advantages of the more common
externally finned tube are becoming better identified.
These tubes are performing exceptionally well in applica-
tions in which their best features can be used.

Plain tubes (either as solid wall or duplex) are available in
carbon steel, carbon alloy steels, stainless steels, copper,
brass and alloys, cupro-nickel, nickel, monel, tantalum, car-
bon, glass, and other special materials. Usually there is no
great problem in selecting an available tube material. How-
ever, when its assembly into the tubesheet along with the
resulting fabrication problems are considered, the selection
of the tube alone is only part of a coordinated design. Plain-
tube mechanical data and dimensions are given in Tables
10-3 and 10-4.

Figure 10-4A(3). Longitudinal fins resistance welded to tubes. The
welding of the fins integral to the parent tube ensures continuous
high heat transfer efficiency and the absence of any stress concen-
trations within the tube wall. (Used by permission: Brown Fintube Co.,
A Koch® Engineering Co., Bul. 80-1.)

The duplex tube (Figure 10-11) is a tube within a tube,
snugly fitted by drawing the outer tube onto the inner or by
other mechanical procedures.
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FIXED-END CLOSURE

RETURN END CLOSURE

Figure 10-4C. High-pressure fixed-end closure and return-end closure. (Used by permission: ALCO Products Co., Div. of NITRAM Energy, Inc.)
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Figure 10-4D. Vertical longitudinal finned-tube tank heater, which is
used in multiple assemblies when required. (Used by permission:
Brown Fintube Co., A Koch® Engineering Co., Bul. 4-5.)

Figure 10-4E. Longitudinal finned-tube tank suction direct line heater.
(Used by permission: Brown Fintube Co., A Koch® Engineering Co.,
Bul. 4-5.)

Figure 10-4F(2). Multicorrugated tubes in single shell. (Used by permission: APV Heat Transfer Technologies.)

This tube is useful when the shell-side fluid is not com-
patible with the material needed for the tube-side fluid, or
vice versa. The thicknesses of the two different wall materials
do not have to be the same. As a general rule, 18 ga is about
as thin as either tube should be, although thinner gages are
available. In establishing the gage thickness for each com-
ponent of the tube, the corrosion rate of the material should
be about equal for the inside and outside, and the wall thick-
ness should still withstand the pressure and temperature
conditions after a reasonable service life.

More than 100 material combinations exist for these
tubes. A few materials suitable for the inside or outside of the
tube include copper, steel, cupro-nickel, aluminum, lead,

monel, nickel, stainless steel, alloy steels, various brasses, etc.
From these combinations most process conditions can be sat-
isfied. Combinations such as steel outside and admiralty or
cupro-nickel inside are used in ammonia condensers cooled
with water in the tubes. Tubes of steel outside and cupro-
nickel inside are used in many process condensers using sea
water. These tubes can be bent for U-bundles without loss of
effective heat transfer. However, care must be used, such as
by bending sand-filled or on a mandrel. The usual minimum
radius of the bend for copper-alloy-steel type duplex tube is
three times the O.D. of the tube. Sharper bends can be made
by localized heating; however, the tube should be specified at
the time of purchase for these conditions.
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Figure 10-4G. Twisted tubes with heat exchanger bundle arrangements. (Used by permission: Brown Fintube Co., A Koch® Engineering Co., Bul.

B-100-2.)

Figure 10-5A. Cast iron sections; open coil cooler-coil and distribu-
tion pan.
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Figure 10-5B. Elevation assembly—cast iron cooler sections.
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Figure 10-6. Open tube sections. (Used by permission: Griscom-
Russell Co./Ecolaire Corp., Easton, PA.)

Figure 10-7A. Typical one side of Plate for Plate and Frame
Exchanger. (Used by permission: Graham Manufacturing Company,
Inc., Bul. PHE 96-1.)

Suppor  Inspeciion  Raller Movabie
Colummn Cover Assambilly  / Cavar Gasked Carrying Bar

Piale Pack
Bisd Beolt
Suppoe - Fixed Gower
Fisl -~
Guide Bar
Tighiaming 4
Mul 'h

Lock . !
Washer |

T hl:r:nl Be=aring )
EIEIII: e B Shrogd

Frams Foisl

Figure 10-7. “Plate and Frame” heat exchanger basic components. (Used by permission: Alfa Laval Thermal, Inc., Bul. G101)
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Figure 10-7B. Typical flow patterns of fluid flow across one side of
plate. The opposing fluid is on the reverse side flowing in the oppo-
site direction. (Used by permission: Alfa Laval Thermal Inc, Bul.
G-101.)
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Figure 10-7C. The patented COMPABLOC® welded plate heat exchanger is technologically advanced, compact, and efficient. The fully welded
design (but totally accessible on both sides) combines the best in performance, safety maintenance, and capital/maintenance costs. (Used by
permission: Vicarb Inc., Canada, publication VNT-3110 © 1997.)
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Figure 10-8. Single-pass shell and tube Teflon® tube heat exchanger, countercurrent flow. Tube bundles are flexible tube Teflon® joined in inte-
gral honeycomb tubesheets. Shell-side baffles are provided for cross-flow. Standard shell construction is carbon steel shell plain or Teflon (LT)®
lined. Heads are lined with Teflon®. Tube diameters range from 0.125-0.375 in. O.D.; the temperature range is 80-400°F; pressures range from
40-150 psig. (Used by permission: AMETEK, Inc., Chemical Products Div., Product Bulletin “Heat Exchangers of Teflon®.”)

Hiin Lasw

Figure 10-9A. Spiral flow heat exchanger, cross-flow arrangement for
liquids, gases, or liquid/gaseous (condensable) fluids. (Used by per-
mission: Alfa Laval Thermal Inc., Bul. 1205 © 1993.)

Figure 10-9B. Spiral flow heat exchanger; vaporizer. (Used by per-
mission: Alfa Laval Thermal Inc., Bul. 1205 © 1993.)
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Manifold
lower*
4 5 ——6
Manifold Manifold  Base plate Manifold  Manifold
nuts lock rings gaskets upper*

Figure 10-9C. Coil Assembly for bare tube Heliflow® exchanger. Tube
sizes range from '/, =*/, in. O.D. Tube-side manifold connections are
shown for inlet and outlet fluid. (Used by permission: Graham Manu-
facturing Company, Inc., Bul. HHE-30 © 1992.)

10 Vent and
drain plugs

Casing flange Studs
gasket and nuts Casing

*Although they are numbered separately for clarity in explaining the
Heliflow® heat exchanger, ltems 6, 7, and 8 are not separate items. Coil

and manifolds are a one-piece factory assembly.

Figure 10-9D. Assembly of components of Heliflow® spiral heat

Figure 10-10A. Circular-type finned tubing. (Used by permission: o1 '
exchanger. (Used by permission: Graham Manufacturing Company,

Wolverine Tube, Inc.)
Bul. “Operating and Maintenance Instructions for Heliflow®.”)

Figure 10-10B. Low-finned integral tube details. (Used by permission:
Wolverine Tube, Inc.)
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il

Figure 10-10D. Longitudinal fin tubes. (Used by permission: Brown
Fintube Co., A Koch® Engineering Co.)

Figure 10-10C. Bimetal high-finned tube. (Used by permission:
Wolverine Tube, Inc.)

Figure 10-10F. Flat plate extended surface used in low-temperature
gas separation plants; exploded view of brazed surfaces. (Used by
permission: The Trane® Co., La Crosse, Wis.)

Figure 10-10E. A cutaway section of plate-type fins showing the con-
tinuous surface contact of the mechanically bonded tube and fins.
(Used by permission: The Trane® Co., La Crosse, Wis.)

@u@% &ﬂ L Wim LU

I ‘ \ BRI S d, — DIAMETER OVER FINS.
HJ IJ ” H/” ” “ ” | d, — ROOT DIAMETER OF FINNED SECTION.

d; — INSIDE DIAMETER OF FINNED SECTION.

Wound nto oo Tuboooarmcadan T wor el o e &x — WALL THICKNESS OF FINNED SECTION.
Some ’Tubes have fins Presses against adjacent Y — MEAN FIN THICKNESS,
Soldered to Outer Tube Fin. H — FIN HEIGHT.
Used above 400°F lsJ:;:!act:‘ 250-300°F. Used 300-400°F & below
(A) (B) (c)

Figure 10-10H. Geometrical dimensions for High-Finned Wolverine
Trufin® tubes. The fins are integral with the basic tube wall. (Used by

Figure 10-10G. Tension wound fins. permission: Wolverine Tube, Inc., Engineering Data Book, Il, © 1984.)



Heat Transfer 19

Corrugation Pitch (P)

| il "
Prime Tube OD l'l Corrugated Section OD (d,)
J_J( e
- Prime Tube Wall

Figure 10-10l. Koro-Chil® corrugated tube, used primarily for D-X water-type chillers, water-cooled outside, refrigerant expanding/boiling inside.
(Used by permission: Wolverine Tube, Inc.)
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|— Corrugation Pitch (P)

T '-‘:"-!HT\- ﬁ_
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Figure 10-10J. Korodense® corrugated tube. Used primarily in steam condensing service and other power plant applications. Efficiency is
reported at up to 50% greater than plain tubes. (Used by permission: Wolverine Tube, Inc.)
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Applied Fins manufactured on McEiroy machines:

Base Tutw Diaretes From %% min. 1o 2 max. {15.88mm—50 8mm)

o bamigniat: Erom Y min, o % max
[E-ASmm— 1 Bu0Smm}

For pitch: Fram & frstinch man, o 11.5 Arsdnch max.
[ 188 —aA5] firadmatne)

For thackmess: Fram 0LO12° min, o 0028 max

{0 30mm—0, T1mmj)

‘G’ FIN (or Embedded fin)

The strip is tension wound info a machined groove and
securely locked in place by back-filling with base lube
rmatarial. This ansuras that maximum heat transfer
is maintained at high lube metal ilemperatures

Maximum temperature; 45000,
Fin materal; Aluminium, Copper or steal.

Tube mataral: Carbon steal, Cr Mo steal, stainless
steal, copper, copper alloys, incolloy, e,

‘L" FIN
Controled deformation of the strip under tenision gives

optimum contact prassurs of the fool on the base tube
to maximise heat transher performanca.

The helical fin fool gives considerable corrosion
protection 1o the base lube,

Maximum remperature; 150°C,

Fin matenal; Aluminium ar copper.
Tube mataria: Any metallic material.

d = s cieTeie of plan e=d
e dmrvwr cowe vk
e+ r2ed Barvatin Bl NASED BTG
& « wnade muwter ol isd iecion Figure 10-10K. Type S/T Turbo-Chil® finned
vl higrenin of plain Bacticn P
:T. oot ] ihiavsoum, il Mvmmad) meciion .tube with |-nte.rnal surface enhancem.enF by
integral ridging. (Used by permission:

Wolverine Tube, Inc.)

LI

Figure 10-10L. Various fin manufacturing techniques used by Profins, Ltd., “Finned and Plain Tubes” bulletin. (Used by permission: Profins, Ltd.,
Burdon Drive, North West Industrial Estate, Peterlee, Co. Durham SR82HX, England.)
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‘KL FIN

Manufactured exactly as the 'L fin except that the bass
ube is knurled before application of the L-fogled fin,
then tha fin foot is knurled into tha corrasponding
knurling In the outer wall of the tubs thereby giving
much belier thermal contact. This type of fin is much
mare resistant to thermal cycling than "L fin,

Maximum temparature; 280°C,

Firr rarferials Aluminium oF copper,
Tube matenal Any matallic material,

‘LL' FIM
Manufactured by the same process as "L’ fim, the

ovarlappad fin ool gives complete cormosion protecton
to the base tuba.

This 5 oftan used as an alernatneg 10 (he moORE
expensive axiruded fin tube in hostile eanvironments.

Maximum femperature; 180°C

Finn material: Aluminium or copper.
Tuwbe matenal; Any matallic material,

Fins mlnuilntll_rE_l on Razmussen Machine

Semi-crimped fin i a8 non taper fin wrapped under
tension argund the outside of the base lube.

Fim is 1ack walded to the base wbe at each and of the
finned section or wheravar the finning is intarrupted.

Maximum temperature; 25000,

Base fube diameter: - %" —47" (15.88mm—114mm)

Fin height: W —1" (B.4mm—25.4mm)
Fin plieh: 3 fingfinch—10 finsfinch
(118 fins/matre—304 finsimabra)

Genarally wwbe and fin |3 in carbon stesl or stainless
sleal.

Figure 10-10L. Continued.
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Table 10-3
Characteristics of Tubing
Ft? Ft?
External Internal Weight Moment Radius
Tube Surface Surface Per Ft Tube of Section of Transverse
O.D. B.W.G. Thickness Internal Per Ft Per Ft Length LD. Inertia Modulus Gyration Constant 0.D. Metal
Inches Gage In. Area In? Length Length Steel Lb* In. In.* In.? In. C#* LD. Area In.?
4 22 0.028 0.0296 0.0654 0.0508 0.066 0.194 0.00012 0.00098 0.0791 46 1.289 0.0195
24 0.022 0.0333 0.0654 0.0539 0.054 0.206 0.00010 0.00083 0.0810 52 1.214 0.0158
26 0.018 0.0360 0.0654 0.0560 0.045 0.214 0.00009 0.00071 0.0823 56 1.168 0.0131
27 0.016 0.0373 0.0654 0.0571 0.040 0.218 0.00008 0.00065 0.0829 58 1.147 0.0118
3/ 18 0.049 0.0603 0.0982 0.0725 0.171 0.277 0.00068 0.0036 0.1166 94 1.354 0.0502
20 0.035 0.0731 0.0982 0.0798 0.127 0.305 0.00055 0.0029 0.1208 114 1.230 0.0374
22 0.028 0.0799 0.0982 0.0835 0.104 0.319 0.00046 0.0025 0.1231 125 1.176 0.0305
24 0.022 0.0860 0.0982 0.0867 0.083 0.331 0.00038 0.0020 0.1250 134 1.133 0.0244
1, 16 0.065 0.1075 0.1309 0.0969 0.302 0.370 0.0021 0.0086 0.1555 168 1.351 0.0888
18 0.049 0.1269 0.1309 0.1052 0.236 0.402 0.0018 0.0071 0.1604 198 1.244 0.0694
20 0.035 0.1452 0.1309 0.1126 0.174 0.430 0.0014 0.0056 0.1649 227 1.163 0.0511
22 0.028 0.1548 0.1309 0.1162 0.141 0.444 0.0012 0.0046 0.1672 241 1.126 0.0415
°/ 4 12 0.109 0.1301 0.1636 0.1066 0.601 0.407 0.0061 0.0197 0.1865 203 1.536 0.177
13 0.095 0.1486 0.1636 0.1139 0.538 0.435 0.0057 0.0183 0.1904 232 1.437 0.158
14 0.083 0.1655 0.1636 0.1202 0.481 0.459 0.0053 0.0170 0.1939 258 1.362 0.141
15 0.072 0.1817 0.1636 0.1259 0.426 0.481 0.0049 0.0156 0.1972 283 1.299 0.125
16 0.065 0.1924 0.1636 0.1296 0.389 0.495 0.0045 0.0145 0.1993 300 1.263 0.114
17 0.058 0.2035 0.1636 0.1333 0.352 0.509 0.0042 0.0134 0.2015 317 1.228 0.103
18 0.049 0.2181 0.1636 0.1380 0.302 0.527 0.0037 0.0119 0.2044 340 1.186 0.089
19 0.042 0.2299 0.1636 0.1416 0.262 0.541 0.0033 0.0105 0.2067 359 1.155 0.077
20 0.035 0.2419 0.1636 0.1453 0.221 0.555 0.0028 0.0091 0.2090 377 1.126 0.065
3/4 10 0.134 0.1825 0.1963 0.1262 0.833 0.482 0.0129 0.0344 0.2229 285 1.556 0.259
11 0.120 0.2043 0.1963 0.1335 0.808 0.510 0.0122 0.0326 0.2267 319 1.471 0.238
12 0.109 0.2223 0.1963 0.1393 0.747 0.532 0.0116 0.0309 0.2299 347 1.410 0.219
13 0.095 0.2463 0.1963 0.1466 0.665 0.560 0.0107 0.0285 0.2340 384 1.339 0.195
14. 0.083 0.2679 0.1963 0.1529 0.592 0.584 0.0098 0.0262 0.2376 418 1.284 0.174
15 0.072 0.2884 0.1963 0.1587 0.522 0.606 0.0089 0.0238 0.2411 450 1.238 0.153
16 0.065 0.3019 0.1963 0.1623 0.476 0.620 0.0083 0.0221 0.2433 471 1.210 0.140
17 0.058 0.3157 0.1963 0.1660 0.429 0.634 0.0076 0.0203 0.2455 492 1.183 0.126
18 0.049 0.3339 0.1963 0.1707 0.367 0.652 0.0067 0.0178 0.2484 521 1.150 0.108
20 0.035 0.3632 0.1963 0.1780 0.268 0.680 0.0050 0.0134 0.2531 567 1.103 0.079
/s 10 0.134 0.2894 0.2291 0.1589 1.062 0.607 0.0221 0.0505 0.2662 451 1.442 0.312
11 0.120 0.3167 0.2291 0.1662 0.969 0.635 0.0208 0.0475 0.2703 494 1.378 0.285
12 0.109 0.3390 0.2291 0.1720 0.893 0.657 0.0196 0.0449 0.2736 529 1.332 0.262
13 0.095 0.3685 0.2291 0.1793 0.792 0.685 0.0180 0.0411 0.2778 575 1.277 0.233
14 0.083 0.3948 0.2291 0.1856 0.703 0.709 0.0164 0.0374 0.2815 616 1.234 0.207
15 0.072 0.4197 0.2291 0.1914 0.618 0.731 0.0148 0.0337 0.2850 655 1.197 0.182
16 0.065 0.4359 0.2291 0.1950 0.563 0.745 0.0137 0.0312 0.2873 680 1.174 0.165
17 0.058 0.4525 0.2291 0.1987 0.507 0.759 0.0125 0.0285 0.2896 706 1.153 0.149
18 0.049 0.4742 0.2291 0.2034 0.433 0.777 0.0109 0.0249 0.2925 740 1.126 0.127
20 0.035 0.5090 0.2291 0.2107 0.314 0.805 0.0082 0.0187 0.2972 794 1.087 0.092
1 8 0.165 0.3526 0.2618 0.1754 1.473 0.670 0.0392 0.0784 0.3009 550 1.493 0.433
10 0.134 0.4208 0.2618 0.1916 1.241 0.732 0.0350 0.0700 0.3098 656 1.366 0.365
11 0.120 0.4536 0.2618 0.1990 1.129 0.760 0.0327 0.0654 0.3140 708 1.316 0.332
12 0.109 0.4803 0.2618 0.2047 1.038 0.782 0.0307 0.0615 0.3174 749 1.279 0.305
13 0.095 0.5153 0.2618 0.2121 0.919 0.810 0.0280 0.0559 0.3217 804 1.235 0.270
14 0.083 0.5463 0.2618 0.2183 0.814 0.834 0.0253 0.0507 0.3255 852 1.199 0.239
15 0.072 0.5755 0.2618 0.2241 0.714 0.856 0.0227 0.0455 0.3291 898 1.168 0.210
16 0.065 0.5945 0.2618 0.2278 0.650 0.870 0.0210 0.0419 0.3314 927 1.149 0.191
18 0.049 0.6390 0.2618 0.2361 0.498 0.902 0.0166 0.0332 0.3367 997 1.109 0.146
20 0.035 0.6793 0.2618 0.2435 0.361 0.930 0.0124 0.0247 0.3414 1060 1.075 0.106
1/, 7 0.180 0.6221 0.3272 0.2330 2.059 0.890 0.0890 0.1425 0.3836 970 1.404 0.605
8 0.165 0.6648 0.3272 0.2409 1.914 0.920 0.0847 0.1355 0.3880 1037 1.359 0.562
10 0.134 0.7574 0.3272 0.2571 1.599 0.982 0.0742 0.1187 0.3974 1182 1.273 0.470
11 0.120 0.8012 0.3272 0.2644 1.450 1.010 0.0688 0.1100 0.4018 1250 1.238 0.426
12 0.109 0.8365 0.3272 0.2702 1.330 1.032 0.0642 0.1027 0.4052 1305 1.211 0.391
13 0.095 0.8825 0.3272 0.2775 1.173 1.060 0.0579 0.0926 0.4097 1377 1.179 0.345
14 0.083 0.9229 0.3272 0.2838 1.036 1.084 0.0521 0.0833 0.4136 1440 1.153 0.304
16 0.065 0.9852 0.3272 0.2932 0.824 1.120 0.0426 0.0682 0.4196 1537 1.116 0.242
18 0.049 1.0423 0.3272 0.3016 0.629 1.152 0.0334 0.0534 0.4250 1626 1.085 0.185
20 0.035 1.0936 0.3272 0.3089 0.455 1.180 0.0247 0.0395 0.4297 1706 1.059 0.134
11/, 10 0.134 1.1921 0.3927 0.3225 1.957 1.232 0.1354 0.1806 0.4853 1860 1.218 0.575
12 0.109 1.2908 0.3927 0.3356 1.621 1.282 0.1159 0.1545 0.4933 2014 1.170 0.476
14 0.083 1.83977 0.3927 0.3492 1.257 1.334 0.0931 0.1241 0.5018 2180 1.124 0.369
16 0.065 1.4741 0.3927 0.3587 0.997 1.370 0.0756 0.1008 0.5079 2300 1.095 0.293
2 11 0.120 2.4328 0.5236 0.4608 2.412 1.760 0.3144 0.3144 0.6660 3795 1.136 0.709
12 0.109 2.4941 0.5236 0.4665 2.204 1.782 0.2904 0.2904 0.6697 3891 1.122 0.648
13 0.095 2.5730 0.5236 0.4739 1.935 1.810 0.2586 0.2586 0.6744 4014 1.105 0.569
14 0.083 2.6417 0.5236 0.4801 1.701 1.834 0.2300 0.2300 0.6784 4121 1.091 0.500
*Weights are based on low carbon steel with a density of 0.2836 1b/in.? For other metals multiply by the following factors:
Aluminum 0.35 A.LS.IL 300 Series S/Steels 1.02 Nickel-Chrome-Iron 1.07 Nickel-Copper 1.12
Titanium 0.58 Aluminum Bronze 1.04 Admiralty 1.09 Copper and Cupro-Nickels 1.14
A.LS.I. 400 Series S/Steels  0.99 Aluminum Brass 1.06 Nickel 1.13

**Liquid Velocity =

1b per tube hour

C X sp. gr. of liquid

in. ft per sec (sp. gr. of water at 60°F = 1.0)

Used by permission: Standards of the Tubular Exchanger Manufacturers Association, 7" Ed., Table D-7, © 1988. Tubular Exchanger Manufacturers Association, Inc. All rights reserved.
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Table 10-4
Thermal Conductivity of Metals
Btu/hr ft °F
Temp. °F 70 100 200 300 400 500 600 700 800 900 1,000 1,100 1,200 1,300 1,400 1,500
Material
Carbon 30.0 29.9 29.2 28.4 27.6 26.6 25.6 24.6 235 225 21.4 20.2 19.0 17.6 16.2 15.6
Steel
C-'/, Moly 24.8 25.0 25.2 25.1 24.8 24.3 23.7 23.0 22.2 21.4 20.4 19.5 18.4 16.7 15.3 15.0
Steel
1Cr'/; Mo &
1/,Cr'/;Mo  21.3 21.5 21.9 22.0 21.9 21.7 21.3 20.8 202 19.7 19.1 18.5 17.7 16.5 15.0 14.8
2/,Cr-1 Mo 20.9 21.0 21.3 21.5 21.5 21.4 21.1 20.7 20.2 19.7 19.1 18.5 18.0 17.2 15.6 15.3
5 Cr'/, Mo 16.9 17.3 18.1 18.7 19.1 19.2 19.2 19.0 18.7 18.4 18.0 17.6 17.1 16.6 16.0 15.8
7 Cr'/y Mo 14.1 14.4 15.3 16.0 16.5 16.9 17.1 17.2 17.3 17.2 17.1 16.8 16.6 16.2 15.6 15.5
9 Cr-1 Mo 12.8 13.1 14.0 14.7 15.2 15.6 15.9 16.0 16.1 16.1 16.1 16.0 15.8 15.6 15.2 15.0
3-1/4 Nickel 22.9 23.2 23.8 24.1 23.9 23.4 22.9 22.3 21.6 20.9 20.1 19.2 18.2 16.9 15.5 15.3
13 Cr 15.2 15.3 15.5 15.6 15.8 15.8 15.9 15.9 15.9 15.9 15.8 15.6 15.3 15.1 15.0 15.0
15 Cr 14.2 14.2 14.4 14.5 14.6 14.7 14.7 14.8 14.8 14.8 14.8 14.8 14.8 14.8 14.8 14.8
17 Cr 12.6 12.7 12.8 13.0 13.1 13.2 13.3 13.4 13.5 13.6 13.7 13.8 13.9 14.1 14.3 14.5
TP 304 8.6 8.7 9.3 9.8 10.4 10.9 11.3 11.8 12.2 12.7 13.2 13.6 14.0 14.5 14.9 15.3
Stn. Stl.
TP 316 & 7.7 7.9 8.4 9.0 9.5 10.0 10.5 11.0 11.5 12.0 12.4 129 13.3 13.8 14.2 14.6
317 Stn. Sdl.
TP 321 & 8.1 8.4 8.8 9.4 9.9 10.4 10.9 11.4 11.9 12.3 12.8 13.3 13.7 14.1 14.6 15.0
347 Stn. Stl.
TP 310 7.3 7.5 8.0 8.6 9.1 9.6 10.1 10.6 11.1 11.6 12.1 12.6 13.1 13.6 14.1 14.5
Stn. Stl.
Nickel 200 38.8 37.2 35.4 34.1 325 31.8 325 33.1 33.8
Ni-Cu Alloy 12.6 129 13.9 15.0 16.1 17.0 17.9 18.9 19.8 20.9 22.0
400
Ni-Cr-Fe 8.6 8.7 9.1 9.6 10.1 10.6 11.1 11.6 12.1 12.6 13.2 13.8 14.3 14.9 15.5 16.0
Alloy 600
Ni-Fe-Cr 6.7 6.8 7.4 8.0 8.6 9.1 9.6 10.1 10.6 11.1 11.6 12.1 12.7 13.2 13.8 14.5
Alloy 800
Ni-Fe-Cr-Mo- 7.1 7.6 8.1 8.6 9.1 9.6 10.0 10.4 10.9 11.4 11.8 12.4 129 13.6
Cu Alloy 825
Ni-Mo 6.1 6.4 6.7 7.0 7.4 7.7 8.2 8.7 9.3 10.0 10.7
Alloy B
Ni-Mo-Cr 5.9 6.4 7.0 7.5 8.1 8.7 9.2 9.8 10.4 11.0 11.5 12.1 13.2
Alloy C-276
Aluminum 102.3 102.8 104.2 105.2 106.1
Alloy 3003
Aluminum 96.1 96.9 99.0 100.6 101.9
Alloy 6061
Titanium 12.7 12.5 12.0 11.7 11.5 11.3 11.2 11.1 11.2 11.3 11.4 11.6
Admiralty 70.0 75.0 79.0 84.0 89.0
Naval Brass 71.0 74.0 77.0 80.0 83.0
Copper 225.0 225.0 224.0 224.0 223.0
90-10 Cu-Ni 30.0 31.0 34.0 37.0 42.0 47.0  49.0 51.0 53.0
70-30 Cu-Ni 18.0 19.0 21.0 23.0 25.0 27.0 30.0 33.0 37.0
Muntz 71.0
Zirconium 12.0
Cr-Mo 11.3
Alloy
XM-27
Cr-Ni-Fe-Mo- 7.6
Cu-Cb
(Alloy 20Cb)
Ni-Cr- 5.67 5.83 6.25 7.25 8.17 9.08 10.08 11.0 12.0
Mo-Cb
(Alloy 625)
References: AIM.E. Tech. Publications Nos. 291, 360 & 648 Babcock & Wilcox Co. Cabot-Stellite
ASME Sect. VIII, Div. 2, 1986 Edition Teledyne Wah Chang Albany American Brass Co. Carpenter Technology
Huntington Alloy Inc. Bul. #15M1-76T-42. Trans. A.S.S.T. Vol. 21 pp. 1061-1078 Airco, Inc. International Nickel Co.

(Used by permission: Standards of Tubular Exchanger Manufacturers Association, 7™ Ed., Table D-12, © 1988 and 1991. All rights reserved.)
Errata Note: k = BTU/ (hr) (ft) (°Ft).
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DEFINITION OF "MICRORIB" LI), - 272710

17 NUMBER OF RIBS

27 HELIX ANGLE OF RIBS

I RIB HEIGHT (THOUSAMDTHS OF AN INCH)

D — Outside Diameter of Plain End

D, — Inside Diameter of Plain End
d, — Root Diameter

d, — Diameter Over Fins

d; — Inside Diameter of Fin Section

W — Wall Thickness of Plain End
W;— Wall Thickness Under Fin
F, — Height of Fin

F..— Mean Fin Thickness

P — Mean Rib Pitch

R, — Height of Rib

H, — Rib Helix Angle

Figure 10-10M. Finned tube with internal ribs enhances heat transfer inside as well as outside the tubes. (Used by permission: High Performance

Tube, Inc., “Finned Tube Data Book.”)

Finned tubes may have the fin externally or internally.
The most common and perhaps adaptable is the external
fin. Several types of these use the fin (a) as an integral part
of the main tube wall, (b) attached to the outside of the tube
by welding or brazing, (c) attached to the outside of the
tube by mechanical means. Figure 10-10 illustrates several
different types. The fins do not have to be of the same mate-
rial as the base tube, Figure 10-11.

The usual applications for finned tubes are in heat trans-
fer involving gases on the outside of the tube. Other appli-
cations also exist, such as condensers, and in fouling service
where the finned tube has been shown to be beneficial.
The total gross external surface in a finned exchanger is
many times that of the same number of plain or bare tubes.

Tube-side water velocities should be kept within reasonable
limits, even though calculations would indicate that improved
tube-side film coefficients can be obtained if the water veloc-
ity is increased. Table 10-24 suggests guidelines that recognize
the possible effects of erosion and corrosion on the system.

Bending of Tubing

The recommended minimum radius of bend for various
tubes is given in Table 10-5. These measurements are for
180° U-bends and represent minimum values.

TEMA, Par. RCB 2.31 recommends the minimum wall
thinning of tubes for U-Bends by the minimum wall thick-
ness in the bent portion before bending, t;.

(10-1)

where t, = original tube wall thickness, in.
t; = minimum tube wall thickness calculated by code
rules for straight tube subjected to the same pressure
and metal temperature.

__.-"- == Tnmar Tabeh 1T 14,16, I o B0 Goge
|'. Durs® Tiba 17, 14,1610 o ED Gogat
I"\. .lll"l:mhl-rd Trechnsme of e Tma Tuoben

et wmanly [ywiealen fo Gumgl]

Fhcheem ol &, 01,12, Gaga

Figure 10-11. Duplex tube. Note inside liner is resistant to tube-side
fluid and outer finned tube is resistant to shell-side fluid. (Used by
permission: Wolverine Tube, Inc.)

Table 10-5
Manufacturers’ Suggested
Minimum Radius of Bend for Tubes

Tube Bend Center-to-
O.D., In. Radius, In. Center Distance
Duplex, all sizes 3 X tube O.D. 6 X tube O.D.
*Plain: 5/ in. 18/ in. 15/4in.
3/, in. 1in. 2 in.
1in. 13/, in. 23/41n.

*For bends this sharp, the tube wall on the outer circumference of the
tube may thin down 1'/,2 gage thicknesses, depending on the
condition and specific tube material. More generous radii will reduce
this thinning. TEMA!?” presents a formula for calculating the minimum
wall thickness.

d, = O.D. or tube in in.
R = mean radius of bend, in.

See TEMA for more details.

5. Baffles

Baffles are a very important part of the performance of a
heat exchanger. Velocity conditions in the tubes as well as
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those in the shell are adjusted by design to provide the nec-
essary arrangements for maintenance of proper heat trans-
fer fluid velocities and film conditions. Consider the two
classes of baffles described in the following sections.

A. Tube Side Baffles

These baffles are built into the head and return ends of
an exchanger to direct the fluid through the tubes at the
proper relative position in the bundle for good heat transfer
as well as for fixing velocity in the tubes, see Figures 10-1D
and 10-3.

Baffles in the head and return ends of exchangers are
either welded or cast in place. The arrangement may take
any of several reasonable designs, depending upon the
number of tube-side passes required in the performance of
the unit. The number of tubes per pass is usually arranged
about equal. However, depending upon the physical
changes in the fluid volume as it passes through the unit, the
number of tubes may be significantly different in some of
the passes. Practical construction limits the number of tube-
side passes to 8-10, although a larger number of passes may
be used on special designs. It is often better to arrange a sec-
ond shell unit with fewer passes each. The pass arrange-
ments depend upon the location of entrance and exit
nozzle connections in the head and the position of the fluid
paths in the shell side. Every effort is usually made to visual-
ize the physical flow and the accompanying temperature
changes in orienting the passes. Figures 10-12 and 10-13
illustrate a few configurations.

Single-pass Tube Side. For these conditions, no baffle is in
either the head or the return end of the unit. The tube-side
fluid enters one end of the exchanger and leaves from the
opposite end. In general, these baffles are not as convenient
from a connecting pipe arrangement viewpoint as units with
an even number of passes in which the tube-side fluid enters
and leaves at the same end of the exchanger. See Figures 10-
1C and 10-1G and Table 10-1.

Two-pass Tube Side. For these conditions one head end baf-
fle is usually in the center, and no baffle is in the return end,
as the fluid will return through the second pass of itself. See
Figures 10-1A and 10-1B.

Three-pass Tube Side; five-pass Tube Side. These are rare designs
because they require baffles in both heads, and the outlet con-
nection is at the end opposite the inlet. This provides the same
poor piping arrangement as for a single-pass unit.

Four-pass Tube Side; Even Number of Passes Tube Side. These
conditions are often necessary to provide fluid velocities
high enough for good heat transfer or to prevent the
deposition of suspended particles in the tubes and end
chambers. The higher the number of passes, the more
expensive the unit.

O

O,
O

O

2 Pass 2 Pass

D
U
D

4 Pagss 4 Pass

W
D

Y O
N\,
U

6 Pass 6 Pass

iy
©

D
s

8 Pass 8 Pass

Return Head
Pass Partition

Front Head
Pass Partition

Front Head
Pass Partition

Return Head
Pass Partition

Plates Plates Plates Piates
(Ribbon Plotes)

(Pie or Segment Plates)

Figure 10-12. Tube-side pass arrangements.
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Figure 10-13. Tube-side baffles.

The more passes in a head, the more difficult the problem
of fluid by-passing through the gasketed partitions becomes,
unless expensive construction is used. Seating of all parti-
tions due to warping of the metals, even though machined,
is a real problem. At high pressure above about 500 psig,
multiple-pass units are only sparingly used. See Figure 10-1J.

B. Shell-Side Baffles and Tube Supports

Only a few popular and practical shell baffle arrange-
ments exist, although special circumstances can and do
require many unique baffling arrangements. The perfor-
mance of the shell side of the exchanger depends upon the
designer’s understanding the effectiveness of fluid contact
with the tubes as a direct result of the baffle pattern used.
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The baffle cut determines the fluid velocity between the baf-
fle and the shell wall, and the baffle spacing determines the
parallel and cross-flow velocities that affect heat transfer and
pressure drop. Often the shell side of an exchanger is sub-
ject to low-pressure drop limitations, and the baffle patterns
must be arranged to meet these specified conditions and at
the same time provide maximum effectiveness for heat trans-
fer. The plate material used for these supports and baffles
should not be too thin and is usually */ -in. minimum thick-
ness to '/in. for large units. TEMA has recommendations.
Figure 10-14 summarizes the usual arrangements for baffles.

1L

) S

a. Tube Supports. Tube supports for horizontal exchangers
are usually segmental baftle plates cut off in a vertical plane
to a maximum position of one tube past the centerline of
the exchanger and at a minimum position of the centerline.
The cut-out portion allows for fluid passage. Sometimes hor-
izontally cut plates are used when baffles are used in a shell,
and extra tube supports may not be needed. It takes at least
two tube supports to properly support all the tubes in an
exchanger when placed at maximum spacing. A tube will
sag and often vibrate to destruction if not properly sup-
ported. However, because only half of the tubes can be sup-

standard segmental baffle designed for side to side flow

—

]

le -'l__.'l|£ll._’ )

standard double split flow design

gli :

standard segmental two shell baffle design

=
1

.s
\L 1
JL

standard segmental baffle designed
for up and down flow

standard split flow design with horizontal baffle

' ' iy e
standard segmental three shell pass
baffle design

standard single flow design
beffles

-
T
|
N 1! J1

standard double split flow design with horizontal

1 P = —
P-K standard splash baffle and vapor liquid
separator designs. Used for vapor generation.

Figure 10-14. Shell baffle arrangements. (Used by permission: Patterson-Kelley Div., a Harsco Company, “Manual No. 700A.”)
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Table 10-6
Maximum Unsupported Straight Tube Spans
(All Dimensions in In.)

Tube Materials and Temperature Limits (°F)

Carbon Steel & High Alloy Steel (750)
Low Alloy Steel (850)

Nickel-Cooper (600)

Nickel (850)

Aluminum & Aluminum Alloys, Copper & Copper Alloys, Titanium

Tube O.D. Nickel-Chromium-Iron(1000) Alloys at Code Maximum Allowable Temperature
/4 26 22
/s 35 30
Yy 44 38
/s 52 45
o 60 52
/s 69 60
1 74 64
1/, 88 76
11/, 100 87
2 125 110

Notes:

(1) Above the metal temperature limits shown, maximum spans shall be reduced in direct proportion to the fourth root of the ratio of elastic modulus

at temperature to elastic modulus at tabulated limit temperature.

(2) In the case of circumferentially finned tubes, the tube O.D. shall be the diameter at the root of the fins and the corresponding tabulated or
interpolated span shall be reduced in direct proportion to the fourth root of the ratio of the weight per unit length of the tube, if stripped of fins

to that of the actual finned tube.

(3) The maximum unsupported tube spans in Table 10-6 do not consider potential flow-induced vibration problems. Refer to Section 6 for vibration

criteria.

(Used by permission: Standards of the Tubular Exchanger Manufacturers Association, 7" Ed., Table RCB 4.52, © 1988. Tubular Exchanger Manufacturers

Association, Inc. All rights reserved.)

ported by one support, the support plate must be alternated
in orientation in the shell. The approximate maximum
unsupported tube length and maximum suggested tube
support spacing are given in Table 10-6.

Although detailed calculations might indicate that for
varying materials with different strengths the spacing could
be different, it is usually satisfactory to follow the guides in
Table 10-6 for any material commonly used in heat
exchangers. Practice allows reasonable deviation without
risking trouble in the unit.

The tube support acts as a baffle at its point of installation
and should be so considered, particularly in pressure-drop
calculations. Tube supports are often ignored in heat trans-
fer coefficient design. They should also be provided with
openings in the lower portion at the shell to allow liquid
drainage to the outlet. Holes for tubes are drilled !/gin.
larger than tube O.D. when unsupported length is greater
than 36 in. and are drilled !/;-in. larger when the unsup-
ported tube length is 36 in. or less, per TEMA standards,
and are free of burrs. If there is much clearance, the natural
flow vibration will cause the edge of the support to cut the
tube. Pulsating conditions require special attention, and
holes are usually drilled tight to tube O.D.

Figure 10-15. Horizontal cut segmental baffles. (Used by permission:
B.G.A. Skrotzki, B.G.A. Power, © June 1954. McGraw-Hill, Inc. All
rights reserved.)

b. Segmental Baffles. This type of baftle is probably the most
popular. It is shown in Figures 10-15 and 10-16 for horizon-
tal and vertical cuts, respectively. A segmental baffle is a cir-
cle of near shell diameter from which a horizontal or vertical
portion has been cut. The cut-out portion, which represents
the free-flow area for shell-side fluid, is usually from 20 to
near 50% of the open shell area. The net flow area in this
space must recognize the loss of flow area covered by tubes
in the area. Tube holes are drilled as for tube supports.
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Figure 10-16. Vertical cut segmental baffles. (Used by permission:
B.G.A. Skrotzki, B.G.A. Power, © June 1954, by McGraw-Hill, Inc. All
rights reserved.)

The baffle edge is usually vertical for service in horizontal
condensers, reboilers, vaporizers, and heat exchangers car-
rying suspended matter or with heavy fouling fluids. With
this arrangement, noncondensable vapors and inert gases
can escape or flow along the top of the unit. Thus, they pre-
vent vapor binding or vapor lock causing a blanking to heat
transfer of the upper portion of the shell. Also as important
as vapor passage is liquid released from the lower portion of
the shell as it is produced. Although provision should be
made in the portion of the baffle that rests on the lower por-
tion of the shell for openings to allow liquid passage, it is a
good practice to use the vertical baffle cut to allow excess
liquid to flow around the edge of the baffle without building
up and blanking the tubes in the lower portion of the
exchanger, Figure 10-17.

The horizontal cut baffles are good for all gas-phase or all
liquid-phase service in the shell. However, if dissolved gases in
the liquid can be released in the exchanger, this baffling
should not be used, or notches should be cut at the top for gas
passage. Notches will not serve for any significant gas flow, just
for traces of released gas. Liquids should be clean; otherwise
sediment will collect at the base of every other baffle segment
and blank off part of the lower tubes to heat transfer.

¢. Disc and Doughnut Baffles. The flow pattern through
these baffles is uniform through the length of the
exchanger. This is not the case for segmental baffles. The
disc and the doughnut are cut from the same circular plate
and are placed alternately along the length of the tube bun-
dle as shown in Figure 10-18.

Although these baffles can be as effective as the segmen-
tal ones for single-phase heat transfer, they are not used as
often. The fluid must be clean; otherwise sediment will
deposit behind the doughnut and blank off the heat trans-
fer area. Also, if inert or dissolved gases can be released, they
cannot be vented effectively through the top of the dough-

Baffle Window :

This Area Cut Qut to Allow Vapor Passage.
Size of Cut Set by Combinations of Heat
Transfer Coefficient and Pressure Drop.

% Cut Based on Diameter {-—-1

This Area Removed from Baffle to Aliow for
Liquid Drainage. Size Set to Suit Expected Flow.

(A) Vertical Cut Baffle

I 2 m‘ Baffle Window , Vapor Passage Area

Baffle

N/

If Baffle Cut Must be Horizontal,
Then Section (including Tubes)
Should be Removed when
Condensed Liquid Flow is High.

% Cut
Based on
Diameter Baffle
pensts
1" Minimum

V-Notch Accomodates Moderate Liquid Flow,
or for Draining after Washout. Size to Suit
Flow. This is Not Recommended for
Horizontal Condensers.

(B) Horizontal Cut Baffle

Figure 10-17. Baffle details.

Figure 10-18. Disc and doughnut baffles. (Used by permission: B.G.A.
Skrotzki, B.G.A. Power, © June 1954, by McGraw-Hill, Inc. All rights
reserved.)

nut. If condensables exist, the liquid cannot be drained with-
out large ports or areas at the base of the doughnut.

d. Orifice Baffles. This baftle is seldom used except in spe-
cial designs, as it is composed of a full circular plate with
holes drilled for all tubes about '/ in. to !/gin. larger than
the outside diameter of the tube (see Figure 10-19). The
clean fluid (and it must be very clean) passes through the
annulus between the outside of the tube and the drilled
hole in the baffle. Considerable turbulence is at the orifice
but very little cross-flow exists between baftles. Usually con-
densables can be drained through these baftles unless the
flow is high, and noncondensables can be vented across the
top. For any performance, the pressure drop is usually high,
and it is mainly for this and the cleanliness of fluid require-
ments that these baffles find few industrial applications.
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Figure 10-19. Baffles with annular orifices. (Used by permission:
B.G.A. Skrotzki, B.G.A. Power, © June 1954, by McGraw-Hill, Inc. All
rights reserved.)

Figure 10-20B. RODbaffle® Intercooler in fabrication, 67 in. X 40 ft,
2,232-3/,-in. O.D. copper-nickel tubes, 1.00 in. pitch. TEMA AHL.
(Used by permission: © Phillips Petroleum Company, Licensing Div.,
Bul. 1114-94-A-01.)

Figure 10-20A. RODbaffle® exchanger cross-section showing assembly, using TEMA E, F, H, J, K, and X shells. (Used by permission: © Phillips

Petroleum Company, Licensing Div., Bul. 1114-94-A-01.)

e. RODbaffles®. These baffles are rods set throughout the
shell side of the tube bundle (see Figures 10-20A-D). The
primary objective in using this style of baffle is to reduce
tube failure from the vibrational damage that can be caused
by the various metal baffles versus metal tube designs. The
RODbaffles® are designed to overcome the tube vibration
mechanisms of (a) vortex shedding, (b) turbulence, and (c)
fluid elastic vibration. For proper application and design,
the engineer should contact Phillips Petroleum Company
Licensing Division for names of qualified design/manufac-
turing fabricators. This unique design has many varied
applications, but they can be handled only by licensed orga-
nizations.

- Impingement Baffles. These baffles are located at inlet
flow areas to the shell side of tube bundles to prevent sus-
pended solid particles or high-velocity liquid droplets in gas
streams from cutting, pitting, and otherwise eroding por-
tions of the tubes. Several arrangements exist for effectively
placing these baffles as shown in Figures 10-21A-C.

Besides preventing a destruction of the tubes, impinge-
ment plates serve to spread out and distribute the incoming
fluid into the tube bundle. If they are used in proper rela-
tion to the bundle cross-flow baffles, the fluid can be effec-
tively spread across the bundle near the inlet end. If this is
not accomplished, part of the tube area will be stagnant, and
its heat transfer will be less than the other parts of the
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BCH il The

Figure 10-20C. RODbaffle® tube-baffle details. (Used by permission:
© Phillips Petroleum Company, Licensing Div., Bul. 1114-94-A-01.)

[LTa |

Tk X

Halt W

exchanger. Some indications are that these stagnant par-
tially effective areas may be 10-20% of the total exchanger
surface in a 16-ft long bundle.’ It is apparent that this por-
tion of the design requires a close visualization of what will
occur as the fluid enters the unit. Braun'” suggests flow pat-
terns as shown in Figures 10-21A and 10-21B.

Some exchanger designs require that inlet nozzles be
placed close to the tubesheet to obtain the best use of the sur-
face in that immediate area. Fabrication problems limit this
dimension. Therefore, internal baffling must be used to force
the incoming fluid across the potentially stagnant areas.

g. Longitudinal Baffles. Longitudinal baffles are used on the
shell side of a unit to divide the shell-side flow into two or more
parts, giving higher velocities for better heat transfer, or to pro-
vide a divided area of the bundle for the subcooling of liquid
or the cooling of noncondensable vapors as they leave the
shell. The baffle must be effectively sealed at the shell to pre-
vent bypassing. Depending upon the shell diameter, the usual
sealing methods are (a) welding, (b) sliding slot, and (c) spe-
cial packing. Figure 10-22 illustrates some of these techniques.
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Figure 10-20D. RODbaffle® layout details. Key elements are support rods, circumferential baffle rings, cross-support strips, and longitudinal tie
bars. Four different RODbaffle® configurations are used to form a set: baffles W, X, Y, and Z. (Used by permission: © Phillips Petroleum Com-

pany, Licensing Div., Bul. 1114-94-A-01.)
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TEAMSYERSE SECTION

FLATE BAFFEE
HORIZOMNTAL CUTS

FLATE BAFFLI
VERTICAL CUTS

Mtk FLATE MAFFLE

LOMGITUDINAL SECTION

Figure 10-21A. Impingement baffles and fluid-flow patterns. (Used by
permission: Brown & Root, Inc.)

TRAMNSYVERSE SECTION

Fluid may be déreceed ineo the mabchield
in amy sector of any chosen dimensina.

LONGITUDINAL SECTION

Figure 10-21B. Impingement fluid-flow pattern with annular inlet dis-
tributor. (Used by permission: Brown & Root, Inc.)

Vapor and Mist Iniet
to Shell

Impingement
Baffle

Exchanger
Shell

Annular Area at
Least .25 Times
Nozzle Area

\Tubes Inside Shell

~Ya

Figure 10-21C. Impingement baffle located in inlet nozzle neck.

Longitudinal baffles must also be compatible with the
shell-side fluid, so they normally will be of the same material
as tubes or baffles. This baftle never extends the full inside
length of the shell, because fluid must flow by its far end for
the return pass in reaching the exchanger outlet.

6. Tie Rods

Tie rods with concentric tube spacers are used to space
the baffles and tube supports along the tube bundle. The
baftles or supports must be held fixed in position because
any chattering or vibration with respect to the tubes may
wear and eventually destroy the tube at the baffle location.
The number of tie rods used depends upon the size and
construction of the exchanger bundle. The material of the
rods and spacers must be the same or equivalent to that of
the baffles or bundle tubes. Provision must be made in the
tubesheet layout for these rods, which is usually accom-
plished by omitting a tube (or more) at selected locations
on the outer periphery of the tube bundle. The rod is usu-
ally threaded into the back of only one of the tubesheets,
being free at the other end, terminating with the last baffle
or support by means of lock washers or similar fool-proof fas-
tening. See the upper portion of Figure 10-22 for tie rod
spacers.

Table 10-7 shows suggested tie rod count and diameter for
various sizes of heat exchangers, as recommended by
TEMA!Y. Other combinations of tie rod number and diam-
eter with equivalent metal area are permissible; however, no
fewer than four tie rods, and no diameter less than %/in.,
should be used. Any baffle segment requires a minimum of
three points of support.
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Figure 10-22A. Construction details of two-pass expanding shell-side baffle. (Used by permission: Struthers-Wells Corp., Bul. A-22.)

Figure 10-22B. Assembled two-pass shell baffle for installation in
shell of exchanger. (Used by permission: Struthers-Wells Corp. Bul.
A-22.).

7. Tubesheets

Tubesheets form the end barriers to separate the shell-
side and tube-side fluids. Most exchangers use single plates
for tubesheets. However, for hazardous or corrosive materi-
als such as chlorine, hydrogen chloride, sulfur dioxide, etc.,
where the intermixing due to leakage from shell- to tube-

Table 10-7
Tie Rod Standards

(All Dimensions in In.)

Nominal Tie Rod Minimum Number
Shell Diameter Diameter of Tie Rods
6-15 3/q 4
16-27 3/q 6
28-33 1/, 6
34-48 1/, 8
49-60 1, 10

Used by permission: Standards of Tubular Exchanger Manufacturers Association,
7% Ed., Table R 4 71, © 1988. Tubular Exchanger Manufacturers Association,
Inc. All rights reserved.

side or vice versa would present a serious problem, the dou-
ble tubesheet is used as shown in Figure 10-23. This is con-
siderably more expensive for fabrication, not only due to the
plate costs, but also to the extra grooving of these sheets and
rolling of the tubes into them. Because they must be aligned
true, the machining must be carefully handled; otherwise
assembly of the unit will be troublesome.
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Figure 10-22C. Longitudinal shell-pass baffle. (Used by permission: Henry Vogt Machine Co., Patent No. 2,482,335.)

Minimurr}l 174" for Ferrous
and 1/8 for Non-Ferrous

Exchanger
T TN shell
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Figure 10-22D. Longitudinal baffle, sliding slot detail.

Spacer Bars Threaded in One Sheet
and Welded to Other

Single Tube Sheet Double Tube Sheet

Spacer Bars Spaced Around Circumference as
Needed for Strength.

fesfis2"
Tube Sheers4/ | 1/2" Diameter fiod Welded Continuously to Both Tube
Sheets. Drill Bottom for Liquid Detection with 1/4"
Dialp\efer Hole ,or Top for Gaseous Detection with
L 172" Diameter, Cover Top Hole to Prevent Water
Space—""| Enfering.
Double Tube Sheet Detail

Figure 10-23. Tube-to-double tubesheet assembly detail.
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8. Tube Joints in Tubesheets

The quality of the connection between the tube and
tubesheet is extremely important. A poor joint here means
leakage of shell-side fluid into the tube side or vice versa.
This joint can be one of several designs, depending upon
the service and type of exchanger. In general, it is good to
standardize on some type of grooved joint as compared to
the less expensive plain joint. In Figures 10-23 and 10-24,
these joints are indicated, as well as special types for the
duplex-type tube. The plain joint is used in low-pressure ser-
vices where the differential pressure across the tubesheet is
5-50 psi, and the differential expansion of tubes with
respect to shell is very low, as gaged by a rule of thumb. The
maximum temperature differential anywhere in the unit
between fluids is not more than 200°F for steel or copper
alloy construction.

The serrated and grooved joints are used for high-pressure
differentials but usually not in services exceeding 200°F as a
rule. Actually these joints will withstand more than twice the
push or pull on the tube as a plain joint. The serrations or
grooves provide points of strength and effect a better seal
against fluid leakage.

The welded joint is used only for high system pressures
above 1,000 psig, or high temperatures greater than 300°F,
where the properties of the fluid make it impossible to hold
a seal with grooved or serrated joints due to temperature
stresses or where extra precautions must be taken against
cross-contamination of the fluids. If a weld is used, it must be
considered as the only sealing and strength part of the con-
nection, because tubes cannot be safely rolled into the
tubesheet after welding for fear of cracking a weld. The rolls
made prior to welding are usually separated by the heat of

Flush to .
1/16" to1/4

Flared

Plain Beaded or Belled

5/16" Minimum
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the welding operation. This means that the weld cannot be
a seal weld, but must truly be a strength weld and so
designed. Tubes to be welded into the tubesheet should be
spaced farther apart to allow for the weld, without the welds
of adjacent tubes touching. The details will depend upon
the materials of construction.

Tubes may be inserted into a tubesheet, and packing may
be added between them and the tubesheet. A threaded fer-
rule is inserted to tighten the packing. This type of joint is
used only for special expansion problems.

If conditions are such as to require a duplex tube, it is
quite likely that a plain end detail for the tube will not be sat-
isfactory. Grooved or serrated joints are recommended for
this type of tube, and the ends should be flared or beaded.
Table 10-8 gives recommended flare or bell radii for copper-
based alloys. Also see Table 10-8A. In service where galvanic
corrosion or other corrosive action may take place on the
outside material used in the tube, a ferrule of inside tube

Table 10-8
Recommended Diameter of Flared Inlet Holes in
Tubesheets for Copper and Copper Alloys

O.D. of Flare Radius of = Tangent Point to
Tube, In. Diameter, In. Flare, In. Tubesheet, In.
1/, 0.60 0.38 0.21
5/ 0.75 0.47 0.26
5/, 0.90 0.56 0.31
1 1.20 0.75 0.42

Used by permission: Condenser and Heat Exchanger Tube Handbook,
Bridgeport Brass Co., Bridgeport, Conn. © 1954, p.148. See TEMA [107],
Par. RCB 7.4 and 7.5. All rights reserved.

Y, o
Tube Sheet Tube Sheet
Inner Ferrule,same
Tube Wall Metal as Inner
8 Tube Wall
§=15° Average Strength Weld
§=30° Maximum

Welded Duplex Tube
Beaded or Belled

This Tube May also be Installed
Plain End (No Ferrule)or Flared
With or Without Ferrule.

178" Minimum

TiFve ..
—-l —!/8" Minimum, Usually 174
—

%T "
1764

Typical Grooved Detail

Figure 10-24. Tube to tubesheet joint details.
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Table 10-8A
TEMA Standard Tube Hole Diameters and Tolerences
(All Dimensions in In.)

Nominal Tube Hole Diameter and Under Tolerance
Over Tolerance: 96% of tube holes must meet

value in column (c). Remainder may not exceed
value in column (d).

Standard Fit (a) Special Close Fit (b)

Nominal Nominal Under Nominal Under

Tube O.D. Diameter Tolerance Diameter Tolerance (c) (d)
1, 0.259 0.004 0.257 0.002 0.002 0.007
8/4 0.384 0.004 0.382 0.002 0.002 0.007
/s 0.510 0.004 0.508 0.002 0.002 0.008
5/4 0.635 0.004 0.633 0.002 0.002 0.010
5/, 0.760 0.004 0.758 0.002 0.002 0.010
/s 0.885 0.004 0.883 0.002 0.002 0.010
1 1.012 0.004 1.010 0.002 0.002 0.010
11/, 1.264 0.006 1.261 0.003 0.003 0.010
1/, 1.518 0.007 1.514 0.003 0.003 0.010
2 2.022 0.007 2.018 0.003 0.003 0.010

Used by permission: Standards of Tubular Exchanger Manufacturers Association, 7" Ed., Table RCB 7.41, © 1988. Tubular Exchanger Manufacturers Association,
Inc. All rights reserved.

material should be used on the outside in the tubesheet only
to avoid this contact, as shown in Figure 10-24. As an added
sealing feature, the end of the duplex tube may be beaded
over to seal against surface tension effects.

As a caution, the rolling of tubes into their tubesheets is a
very special job that requires experience and “feel,” even
though today there are electronically controlled rolling and
expanding tools. The tubes must be just right, not over nor
under expanded, to give a good joint and seal.

Example 10-1. Determine Outside Heat
Transfer Area of Heat Exchanger Bundle

To determine the outside heat transfer area of a heat
exchanger bundle consisting of 100 tubes, */, in. O.D. tub-
ing, 18 BWG (gauge thickness) X 16 ft long. For fixed
tubesheets (2), thickness is 1.0 in. each.

From Table 10-3, read:

External surface area/foot length for these tubes = 0.1963 ft2.

Note: !/s = projection of tubes past exterior face of two tube sheets
Total external tube surface for this bundle:

Interior face-to-face of the two tube sheets = 16 ft — 2'/,in.
= 15 ft, 9.75 in.

Net tube surface s
= (15.8125 ft length net)(0.1963 ft*/ft)
per tube

= 3.1039 ft/tube.

For 100 tubes, total heat exchanger NET outside tube sur-
face area:

=(100) (3.1039) = 310.39 fi2

Tubesheet Layouts

The layout of the heat exchanger tubesheet determines
the number of tubes of a selected size and pitch that will fit
into a given diameter of shell. The number of tubes that
will fit the shell varies depending upon the number of
tube-side passes and even upon whether there is a shell-
side pass baffle that divides the shell itself into two or more
parts.

The usual tube sizes for most exchangers are */,-in. O.D.
and l-in. O.D. The °/4-in. and '/, -in. O.D. tubes are used in
package exchangers with refrigeration and other systems.
However, they present problems in both internal and exter-
nal cleaning as well as fabrication. Tubes of 1 '/, in. and
1!/, in. O.D. and sometimes larger are used in boilers,
evaporators, reboilers, and special designs. Tubes of 3 in.,
31/, in. and 4 in. are used in direct fired furnaces and a few
special process exchanger designs.

Tube Counts in Shells

Although there are several relations for numerically calcu-
lating the number of tubes in a shell, the counts presented
in Table 10-9 have been carefully prepared.
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Errors in tube count can cause recalculation in expected
exchanger performances.'®

Number of tubes/shell:
(1) Triangular pitch
N o KD T K,)*m/4 + Ky] — p (D, — K)[Ky(n) + K]
! 1.223(p)?
(10-2)
(2) Square pitch
_ LDy~ Ky)*m/4 + Ky] — p (D, — Ky)[Ky(n) + K]
' (p)?
(10-3)

where

N, = Number tubes in shell

D, = Inside diameter of shell, in.

p = Tube pitch, in.

n = Number of tube passes
K, Ky, K;, K, = Constants depending on the tube size and layout.
Use the following table.

s

Table of K Values
Tube
Size Pitch
In. Arrangement In. K, K, Kg K,
%/, Triangular '/ 1.080 —0.900 0.690 —0.800
%/,  Triangular 1 1.080 —0.900 0.690 —0.800
%/,  Square 1 —1.040 —0.100 0.430 —0.250
1 Triangular 11/, 1.080 —0.900 0.690 —0.800
1 Square 1!/, —1.040 —0.100 0.430 —0.250

The tube layouts given in Figures 10-25A-K are samples of
the convenient form for modifying standard layouts to fit
special needs, such as the removal of certain tubes.

Figures 10-25A-E are for U-bundle tubes and require a
wide blank space across the center of the tubesheet to rec-
ognize the U-bend requirement at the far end of the tube
bundle, see Figures 10-1E, 10-1A item U, and 10-1K. Figures
10-25F-K are for fixed tubesheet layouts.

Before fabrication, an exact layout of the tubes, clear-
ances, etc., must be made; however, for most design pur-
poses, the tube counts for fixed tubesheets and floating
heads as given in Tables 10-9 and 10-10 are quite accurate. A
comparison with tube counts in other references (19, 70)
indicates an agreement of * 3% in the small diameters up
to about 23 '/, -in. LD. shell and graduating up to about
*+ 10% for the larger shells. The counts as presented have
checked manufacturers’ shop layouts * one tube for 8-in. to
17 '/, -in. LD. shell; * 5 tubes for 21 !/, -in. to 27-in. L.D;
and = 10-20 tubes for the larger shells. No allowances for
impingement baffles are made in these layouts, although
channel and head baffle lanes have been considered. A stan-
dard manufacturing tolerance of —%/4 in. has been main-
tained between the specified inside diameter of the shell to
the nearest point on any tube (tube clearance).

Tube spacing arrangements are shown in Figure 10-26
for the usual designs. Countless special configurations exist
for special purposes, such as wide pitch dimensions to give
larger ligaments to provide access for cleaning tools to
clean scale and fouling films from the outside of tubes by
mechanical means. Often chemical cleaning is satisfactory,
and wide lanes are not justified. Wide spaces also give low
pressure drops but require special care to avoid low trans-
fer coefficients, or at least these conditions should be rec-
ognized. Special directional tube lanes, as in steam surface
condensers for power plants, allow the fluid to penetrate
the large bundle and, thereby, give good access to the sur-
face.

Method of Figuring Tube Counts—Use with Table 10-9

A. Fixed Tubes:  All pitches and tube sizes

Pass: One:  Straight through
Two:  Half-circle per pass
Four: 15'/,in. shell I.D. and smaller, used
pie shape baffle layout
17'/, in. shell LD. and larger, used
ribbon baffle layout
Six:  Ribbon baffle layout for all shell 1.D.
Eight:  Ribbon baffle layout for all shell 1.D.
B. U-Tubes: Radius of Bend = 2!/, times tube
O.D. for all pitches and tube sizes
Pass: Two:  Pie shape layout
Four: Pie shape layout
Six:  Vertical baffle layout

Eight:

Vertical baffle layout

o~ _\
11171 111
6 6 6 8| 8|1 8|8
11111 111
6 6 6 8| 8|1 818

~——— _/

Six Pass Eight Pass

C. Allowances:

For tie rods:

8-13 !/, in. shell I.D., removed 4 tubes

151/, -29 in. shell I.D., removed 6
tubes
31-37 in. shell I.D., removed 8 tubes
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Table 10-9
Heat Exchanger Tubesheet Layout Tube Count Table
Note the right column for tubesheet and number of passes per configuration.
37 35 33 31 29 27 25 231/, 211/, 19!/, 17'/, 15/, 131/, 12 10 8 LD. of Shell (in.)
1,269 1,143 1,019 881 763 663 553 481 391 307 247 193 135 105 69 33 %/, in.on /5 in.A o
1,127 1,007 889 765 667 577 493 423 343 277 217 157 117 91 57 33 3/y in.on 1in.A ;3 |8
965 865 765 665 587 495 419 355 287 235 183 139 101 85 53 33 %/, in.on 1in.0 & 5=
699 633 551 481 427 361 307 247 205 163 133 103 73 57 33 15 lin.on1'/, in.A & & 5
595 545 477 413 359 303 255 215 179 139 111 83 65 45 33 17 lin.onl'/, in.O
1,242 1,088 964 846 734 626 528 452 370 300 228 166 124 94 58 32 */y in.on ¥/ inA -
1,088 972 858 746 646 556 468 398 326 264 208 154 110 90 56 28 %/, in.on 1in.A £ ;‘
946 840 746 644 560 486 408 346 280 222 172 126 94 78 48 26 */y in.on 1 in.0] 2 a
688 608 530 462 410 346 292 244 204 162 126 92 62 52 32 16 lin.on1'/, in.A !
584 522 460 402 348 298 248 218 172 136 106 76 56 40 26 12 lin.onl'/, in.O é
1,126 1,008 882 768 648 558 460 398 304 234 180 134 94 64 34 8 */y in.on ¥/ inA a g
1,000 882 772 674 566 484 406 336 270 212 158 108 72 60 26 8 %/, in.on 1 in.A = @
884 778 688 586 506 436 362 304 242 188 142 100 72 52 30 12 */y in.on 1 in.0] g
610 532 466 396 340 284 234 192 154 120 84 58 42 26 8 XX lin.on1'/, inA g,
526 464 406 356 304 256 214 180 134 100 76 58 38 22 12 XX lin.on1'/, in.O
1,072 1,024 904 788 680 576 484 412 332 266 196 154 108 84 48 XX 3/, in.on /¢ in.A
1,024 912 802 692 596 508 424 360 292 232 180 134 96 72 44 XX */y in.on 1in.A 23
880 778 688 590 510 440 366 308 242 192 142 126 88 72 48 XX */y in.on 1in.0] g §_
638 560 486 422 368 308 258 212 176 138 104 78 60 44 24 XX lin.onl'/, inA @ 3]
534 476 414 360 310 260 214 188 142 110 84 74 48 40 24 XX lin.on1'/, in.O0 E
1,092 976 852 740 622 534 438 378 286 218 166 122 84 56 28 XX %/4 in.on %/,5 in.A o) é‘
968 852 744 648 542 462 386 318 254 198 146 98 64 52 20 XX %/, in.on 1 in.A ) &
852 748 660 560 482 414 342 286 226 174 130 90 64 44 24 XX %y in.on 1in.0] =
584 508 444 376 322 266 218 178 142 110 74 50 36 20 XX XX lin.on1'/, in.A g,
500 440 384 336 286 238 198 166 122 90 66 50 32 16 XX XX lin.on1'/, in.00
1,106 964 844 732 632 532 440 372 294 230 174 116 80 XX XX XX %/, in.on /5 in.A
964 852 744 640 548 464 388 322 258 202 156 104 66 XX XX XX */y in.on 1in.A El E’
818 224 634 536 460 394 324 266 212 158 116 78 54 XX XX XX %/, in.on 1in.0] g g
586 514 442 382 338 274 226 182 150 112 82 56 34 XX XX XX lin.on1'/, in.A »
484 430 368 318 268 226 184 154 116 88 66 44 XX XX XX XX lin.on1'/, in.O %
1,058 944 826 716 596 510 416 358 272 206 156 110 74 XX XX XX %/, in.on /5 in.A c g
940 826 720 626 518 440 366 300 238 184 134 88 56 XX XX XX 3/4 in.on 1in.A o] @
820 718 632 534 458 392 322 268 210 160 118 80 56 XX XX XX %/, in.on 1in.0 §"
562 488 426 356 304 252 206 168 130 100 68 42 30 XX XX XX lin.on1'/, in.A a,
478 420 362 316 268 224 182 152 110 80 60 42 XX XX XX XX lin.on1'/, in.O
1,040 902 790 682 576 484 398 332 258 198 140 94 XX XX XX XX */y in.on ¥/ inA =
902 798 694 588 496 422 344 286 224 170 124 82 XX XX XX XX %/, in.on 1in.A =N g'
760 662 576 490 414 352 286 228 174 132 94 XX XX XX XX XX %/, in.onlin0O 2 &
542 466 400 342 298 240 190 154 120 90 66 XX XX XX XX XX lin.on1'/, in.A =
438 388 334 280 230 192 150 128 94 74 XX XX XX XX XX XX lin.onl'/, in.O 0%
1,032 916 796 688 578 490 398 342 254 190 142 102 68 XX XX XX 3y in.on ¥/ in.A o) ;?
908 796 692 600 498 422 350 286 226 170 122 82 52 XX XX XX %/, in.on 1 in.A - @
792 692 608 512 438 374 306 254 194 146 106 70 48 XX XX XX %/, in.on 1in.0 :!-
540 464 404 340 290 238 190 154 118 90 58 38 24 XX XX XX lin.on1'/, inA @,
456 396 344 300 254 206 170 142 98 70 50 34 XX XX XX XX lin.on1'/, in.O0
37 35 33 31 29 27 25 23!/, 21'/, 19'/, 17'/, 15'/, 13'/, 12 10 8 LD. of Shell (in.)

'Allowance made for tie rods.

R.O.B. = 2, X tube diameter. Actual number of “U” tubes is one-half the figure shown in the table.

Applications of Tube Pitch Arrangements, Figure 10-26

Triangular Pitch, Apex Vertical or Facing Oncoming Flow.
Most popular, generally suitable for nonfouling or fouling
services handled by chemical treatment, medium- to high-
pressure drop, gives better coefficients than in-line square
pitch.

In-Line Triangular Pitch, Apex Horizontal or at Right Angle to
Oncoming Flow. Not as popular as the staggered triangular
pitch; coefficients not as high, but better than in-line square

pitch; pressure drop about medium to high; generally suit-
able for fouling conditions same as preceding.

In-Line Square Pitch. Popular for conditions requiring low-
pressure drop and/or cleaning lanes for mechanical cleaning
of outside of tubes; coefficient lower than triangular pitch.

Diamond Square Pitch. Popular arrangement for reasonable
low-pressure drop (not as low as in-line square), mechanical
cleaning requirements, and better coefficient than in-line
square pitch.



CONONNCONEINCNON

2 '% x Tube Dia.

| Y- —r~————R.0.8B.

: l
20 22 24 26 2

Shell Diameter, inches

f
8 30

I T
32 3

T
4 36

I S
N

[
@®

I.D.of | No. of || I.D. of | No. of
Shell | Holes || Shell | Holes

8 12 25 466
10 38 26 512
12 68 27 564
13% | 98 28 610
14 110 29 654
15%s | 140 30 720
16 152 31 776
[7Ts | 186 32 826
18 1210 33 890
19V4 | 240 34 932
20 276 35 1,016
2141310 36 | 1,082
22 | 346 37 1,134
23| 404 38 | 1,212
24 1416

Note: Total Number of Holes in the Tube Sheet

is Based on 3/s" Minimum Clearance
Between Shell and Tubes. Actual Number
of "U" Tubes is one-half the Above
Figures.

For 4 Tube Pass Layout "Count-out” Holes
on Vertical Center Line.

Omit Tubes as Required for Tie Rods and
Impingement Plates.

When Caiculating Surface Area for Bundle,
Reduce Tube Lengths to Allow for
Shorter Tubes Near Center.

Tube Sheet Layout
U-TUBE EXCHANGER

Tube Passes:Two or Four
Tube Size 8& Pitch:3/4" on 5/16"A

Figure 10-25A. Tubesheet layout for U-tube exchanger. Tube passes: two or four. Tube sizes and pitch: %/, in. on '*/,; in.A. Radius of bend: 2 '/, X tube diameter.
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"U" Type fubes

B Ve Vo TaV/almY eV eV aviaViavaaves

Note:

w«——— R.0.B. = 1'% x Tube Dio.

|

b 1Y

2 14 16 18 20 22 24 26 28 30 32 34 36

Shell Diameter ,inches

38

1.D. of | No.of || 1.D. of | No. of
Shell | Holes || Shell | Holes

8 26 25 516
10 52 26 552
12 90 27 608
13% | 108 28 662
14 132 29 708
15 | 166 30 782
16 186 31 8!8
17 | 220 32 900
18 240 33 948
19%s [ 282 34 1014
20 314 35 1,086
214 | 348 36 1,148
22 392 37 L,212
23% | 434 38 1,294
24 470

Total Number of Holes in the Tube Sheet
is Based on 3/s"“ Minimum Clearance
Between Shell and Tubes. Actual Number
of "U" Tubes is one-half the Above
Figures.

For 4 Tube Pass Layout “Count-out" Holes
on Vertical Center Line.

Omit Tubes as Required for Tie Rods and
tmpingement Plates.

When Calculating Surface Area for Bundle,
Reduce Tube Lengths to Allow for
Shorter Tubes Near Center.

Tube Sheet Layout
U-TUBE EXCHANGER

Tube Passes: Two or Four
Tube Size & Pitch:3/4" on 15/16"A

Figure 10-25B. Tubesheet layout for U-tube exchanger. Tube passes: two or four. Tube size and pitch: %/, in. on '%/,; in.A. Radius of bend: 1 '/, X tube diameter.
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] 1.0.of | No.of || 1.D.of | No. of
_c | - Shell | Holes || Shell | Holes

12 64 26 458

"U" Type Tubes 14 98 28 | 540

16 140 30 634

18 186 32 728

20 240 34 834

22 306 36 952

A AA

24 380 38 (1,078

Note: Total Number of Holes in the Tube Sheet
is Based on 3/a" Minimum Clearance
Between Shell and Tubes.Actual Number
of "U" Tubes is one-half the Above
Figures.

For 4 Tube Pass Layout "Count-ouf" Holes
on Vertical Center Line.

Omit Tubes as Required for Tie Rods and
Impingement Plates.

When Calculating Surface Area for Bundle,
Reduce Tube Lengths to Allow for
Shorter Tubes Near Center.

A bbb
R.0.B. =2 /2 x Tube Dia.

/{\ﬂ[“\/‘\f%\

Tube Sheet Layout
i t U-TUBE EXCHANGER

i 1
12 14 16 18 20 22 24 26 28 30 32 34 36 38

ol 7/."

i

Tube Passes: Two or Four
. - . " "
Shell Diameter , inches Tube Size & Pitch:3/4" on ("A

Figure 10-25C. Tubesheet layout for U-tube exchanger. Tube passes: two or four. Tube size and pitch: 3/, in. O.D. on 1 in.A. Radius of bend: 21/, X tube diameter.
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3% 1.0. of | No.of {| 1.D. of | No.of

{‘.‘ ‘> Shell | Holes || Shell | Holes
l A

12 56 26 410

14 86 28 476

AA@AJ
(D

16 128 30 562

18 166 32 652

20 220 34 746

22 278 36 840

24 336 38 912

Note: Total Number of Holes in the Tube Sheet
is Based on 3/s" Minimum Clearance

r’nrﬁxrﬁm\rﬂe

)
\_/ Between Shell and Tubes. Actual Number
- of "U" Tubes is one-half the Above
S QA ~ iqures.
N a ‘;:Jgru::i'ube Pass Layout "Count-out" Holes
\_ O O 2 on }/erficol Center L!ne. )
AN N ‘ N 2 Omlvf Tubes as Required for Tie Rods and
DO OBORBOOT 5 | & EE e
" O OO { . ‘ \‘ “ \“ ‘ . . O O O Q - S:o:::r Tuusz :Inequr sCer":ter. ow
\ ) S
o
)lelelelelelelele e 0)0lololololote
N A A A A A A CA L PA A PP DA P AP DAL
\ \ '5 Tube Sheet Layout
| ¥ U-TUBE EXCHANGER

-+ At s my S ey e s ey Sy my i m
12 14 16 I8 20 22 24 26 28 30 32 34 36 38 Tube Passes: Two or Four
Tube Size & Pitch:3/4" on1"A

Shell Diometer ,inches

Figure 10-25D. Tubesheet layout for U-tube exchanger. Tube passes: two or four. Size and pitch: 3/, in. on 1 in.A. Radius of bend: 2 '/, X tube diameter.
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U" Type Tubes

o Ve VeV aVe|

A\

2, x Tube Dia.

Note:

DA A A

le— 21/," —>«—— R.0.B.

N N
Y RN QX\QY \
— 4 . } —t -
12 14

16 18 20 22 24 26 28 30 32 34 36 38

Shell Diameter,inches

1.D. of | No. of |} 1.D.of { No. of
Shell | Holes (| Shell | Holes

12 30 26 268

14 46 28 314

16 76 30 372

8 98 32 438

20 140 34 494

22 174 36 568

24 218 38 654

Total Number of Holes in the Tube Sheet
is Based on 3/s" Minimum Clearance
Between Shell and Tubes. Actual Number
of "U" Tubes is one-half the Above
Figures.

For 4 Tube Pass Layout “Count-out” Holes
on Verfical Center Line.

Omit Tubes as Required for Tie Rods and
impingement Plates.

When Calculating Surface Area for Bundle,
Reduce Tube Lengths to Allow for
Shorter Tubes Near Center.

Tube Sheet Layout
U-TUBE EXCHANGER

Tube Passes: Two or Four
Tube Size & Pitch: (" on 1 1/4"A

Figure 10-25E. Tubesheet layout for U-tube exchanger. Tube passes: two or four. Tube size and pitch: 1 in. on 1 '/, in.A. Radius of bend: 1 '/, X tube diameter.
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1.D.of | No.of || L.D.of | No.of
Shell | Holes || Shell | Holes

8 36 25 534

10 62 26 596

12 98 27 632

13Ys | 128 28 696

14 148 29 740

I15%s | 172 30 8l10

16 204 31 854

iTVe | 234 32 934

18 266 33 972

19 | 306 34 | 1,056

20 332 35 1,096

21| 376 36 1,198

22 420 37 1,250

23| 458 38 1,326

24 498

Note . Total Number of Holes in Tube
Sheet is Based on 3/8" Minimum
Clearance Between Shefl and
Tubes.

Make Allowances for Tie Rods
and Impingement Plotes.

=y gn va i
FHPYYY Y T

20 22 24 26 28 30 32 34 36 38

Sheil Diometer ,inches

Tube Sheet Layout
FIXED TUBE SHEET EXCHANGER
(Also Non-Removable Floating Head)
Tube Passes: Two

Tube Size & Pitch:3/4" on 15/16"4

Figure 10-25F. Fixed tubesheet layout (also nonremovable floating head). Tube passes: two. Tube size and pitch: %/, in. on '/, in.A.
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VAR

- !

13/i6'

I
12 14 16 18 20 22 24 26 28 30 32 34 36 38

Shell Diameter ,inches

Figure 10-25G. Fixed tubesheet layout (also nonremovable floating head). Tube passes: two. Tube size and pitch: %/,

in

Note @

1.D. of { No.of || 1.D.of | No. of
Shell |Holes || Shell | Holes
12 94 26 558
14 132 28 652
16 176 30 752
18 230 32 862
20 294 34 976
22 364 36 | 1092
24 438 38 | 1190

Total Number of Holes in Tube
Sheet is Based on 3/" Minimum
Clearance Between Shell and

Tubes.

Make Allowances for Tie Rods
and Impingement Plates.

Tube Sheet Layout

FIXED TUBE SHEET EXCHANGER
{Also Non-Removable Floating Head)
Tube Passes : Two
Tube Size & Pitch:3/4" on ("4

.on1inA.
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- - 1.D. of | No. of || 1.D.of | No. of ]
C Sheil |Holes || Shell | Holes |
C 12 82 26 460 |
—~F 14 e 28 | 530
N
-C 16 162 30 | 632
f 18 204 32 718
Q 20 | 258 || 34 | 8I6
e ; 22 | 324 || 36 | 922
g "\, .
, 24 | 386 || 38 [1,032

Tubes.

Note . Total Number of Holes in Tube
Sheet is Based on 3"
Clearance Between Shell and

Minimum

Maoke Allowances for Tie Rods
and Impingement Plates.

AV AYAVAYAYS Va Va Va Ve Va

/\ux NSRS

136

2 14 16 18 20 22 24 26 26 30 32 34 36 38 Tube Passes :Two

Tube Sheet Layout
FIXED TUBE SHEET EXCHANGER
{Also Non-Removable Floating Head)

Tube Size 8 Pitch:3/4"on 1" O

Shell Diamefer,inches

Figure 10-25H. Fixed tubesheet layout (also nonremovable floating head). Tube passes: two. Tube size and pitch: %/, in. on 1 in.[J.
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1.D. of | No. of |[1.D. of | No. of
Shell | Holes || Shell | Holes

)4

12 52 26 280

14 70 28 336

6 90 30 394

124 32 452

20 158 34 514

22 196 36 570

24 234 38 640

ANAN I AN AN

Note . Total Number of Holes in Tube
Sheet is Bosed on ¥3" Minimum
Clearance Between Shell and
Tubes.

Make Allowances for Tie Rods
and Impingement Plates.

HOCODE
DOOO
DOOO

O
O
&

A
-/ L I,?! Tube Sheet Layout
—_ 1 ' - ] FIXED TUBE SHEET EXCHANGER
{Also Non-Removable Floating Head)
12 14 16 18 20 22 24 26 28 30 32 34 36 38 Tube Passes : Two
Shell Diameter , inches Tube Size 8 Pitch: 1" on 1 1/4" O

Figure 10-25I. Fixed tubesheet layout (also nonremovable floating head). Tube passes: two. Tube size and pitch: 1 in.on 1 '/, in.0J.
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I~ |~ |

Ny
\

/\

k,\//

N\

Ll
15/i¢

] |
12 14 16 18 20 22 24 26 28 30

Shell Diometer,inches

32 34 36 38

1.0. of | No. of || I.D. of | No. of
Shell | Holes || Shell | Holes
12 56 26 328
14 82 28 384
16 1o 30 454
18 144 32 518
20 180 34 584
22 222 36 660
24 274 38 744

Note © Total Number of Holes in Tube
Sheet is Based on 3/8" Minimum
Clecrance Between Shell and

Tubes.

Make Allowances for Tie Rods
end Impingement Plates.

Tube Sheet Layout

FIXED TUBE SHEET EXCHANGER
{Also Non-Removable Floating Head)
Tube Passes: Two
Tube Size & Pitch:1"on 11/4"A

Figure 10-25J. Fixed tubesheet layout (also nonremovable floating head). Tube passes: one. Tube size and pitch: 1 in.on 1/, in.A.
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1.D.of | No.of [1.D. of |No.of
Shell | Holes (| Shell | Holes
12 37 26 241
14 6l 28 271
16 85 30 313
18 109 32 363
20 123 34 421
22 163 36 | 463
24 199 38 517

Note : Total Number of Holes in Tube
Sheet is Based on 3" Minimum
Clearance Between Shell and

e Allowances for Tie Rods
and Impingement Plates.

Shell Diameter ,inches

:0ne

Tube Sheet Layout
— FIXED TUBE SHEET EXCHANGER
(Also Non-Removable Floating Head)

2 14 16 18 20 22 24 26 28 30 32 34 36 38 Tube Passes . .
Tube Size & Pitch:11/4 on 11/2°A

Figure 10-25K. Fixed tubesheet layout (also nonremovable floating head). Tube passes: one. Tube size and pitch: 1 '/, in.A.
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Table 10-10A Table 10-10C
Full Circle Tube Layouts Floating Head Exchanger 3/,-in.  Full Circle Tube Layouts Floating Head Exchanger 3/, -in.
O.D. Tubes on 5/ 4 -in. Triangular Pitch O.D. Tubes on 1-in. Triangular Pitch
. Number of Passes N?t Free . Number of Passes N?t Free
Size Distance  Rows Size Distance = Rows
(In.) 1 2 4 6 8 2 Passes  Across (In.) 1 2 4 6 8 2 Passes  Across
8 42 40 32 32 24 3.75 13 8 37 30 26 26 24 4.13 11
10 73 68 56 54 52 4.63 17 10 61 56 52 46 44 4.88 17
12 109 106 88 86 80 4.00 21 12 92 90 86 78 72 4.38 21
14 130 124 110 108 104 4.50 25 14 121 110 102 98 92 5.50 21
16 187 176 162 152 144 5.00 29 16 163 152 146 140 132 6.25 25
18 241 232 214 216 204 5.88 33 18 212 202 194 188 184 5.88 29
20 308 302 282 274 264 6.50 37 20 269 260 250 240 236 6.63 35
22 384 372 352 348 336 7.13 41 22 337 330 314 300 296 7.33 39
24 472 458 432 420 406 7.75 45 24 421 404 380 378 364 8.00 43
26 555 538 510 510 502 8.63 48 26 499 476 460 450 440 8.88 47
28 649 636 610 606 580 8.13 53 28 579 562 542 538 520 9.63 51
30 764 744 716 708 700 8.75 57 30 668 648 636 624 612 10.33 53
32 868 850 822 812 796 9.38 63 32 766 744 732 714 712 11.00 57
34 994 970 930 928 912 9.75 65 34 870 850 834 828 808 10.50 61
36 1131 1108 1066 1058 1028  10.50 71 36 986 978 942 932 920 11.38 67
38 1268 1246 1204 1190 1172 11.25 75 38 1108 1100 1060 1060 1036  12.13 71
40 1414 1390 1360 1338 1316  12.06 79 40 1236 1228 1200 1190 1164 12.75 75
42 1558 1544 1502 1482 1464 11.50 83 42 1367 1350 1322 1306 1288  13.25 77

Table 10-10D

Table 10-10B Full Circle Tube Layouts Floating Head Exchanger, 1-in.
Full Circle Tube Layouts Floating Head Exchanger ?/, -in. O.D. Tubes on 1!/, -in. Square Pitch
O.D. Tubes on l-in. Square Pitch
Net Free
. Number of Passes Nfet Free Size Number of Passes Distance  Rows
Size Distance ~ Rows (In.) 1 2 4 6 8 2Passes Across
(In.) 1 2 4 6 8 2 Passes  Across
8 21 16 16 .... ... 4.13 5
8 32 32 26 24 24 3.50 6 10 37 32 32 32 ... 4.25 6
10 56 52 48 48 48 4.13 8 12 48 52 48 48 48 4.25 8
12 82 82 78 72 72 4.50 11 14 61 60 60 52 52 5.50 10
14 104 96 92 88 88 6.00 11 16 89 84 80 76 76 5.50 11
16 140 136 128 120 120 6.50 14 18 113 112 112 108 108 5.38 13
18 185 180 172 168 164 6.88 16 20 148 148 140 136 136 5.38 14
20 241 236 224 212 212 7.38 17 22 184 178 172 168 164 7.38 16
22 300 280 280 268 268 7.75 20 24 221 220 212 208 208 7.38 17
24 360 350 336 332 332 8.25 21 26 266 266 258 252 252 7.38 19
26 424 412 402 392 392 8.75 23 28 316 308 304 292 292 7.38 20
28 402 488 480 472 472 9.25 25 30 368 360 352 344 340 9.38 21
30 580 566 566 548 548 9.75 27 32 421 410 402 392 392 9.38 23
32 665 648 644 628 628 10.00 29 34 481 472 464 452 452 9.69 24
34 756 758 730 728 728 10.19 31 36 545 540 532 524 524 9.69 26
36 853 848 832 816 816 11.69 33 38 608 608 h88 588  bH8Y 9.69 28
38 973 950 938 932 932 12.19 35 40 680 680 6566 664 660 9.69 29
40 1085 1064 1052 1036 1036 12.69 37 42 750 738 728 728 728 11.69 31
42 1201 1176 1162 1148 1148 13.19 39

Table 10-10E follows.




50 Applied Process Design for Chemical and Petrochemical Plants

Table 10-10E
Full Circle Tube Layouts Floating Head Exchanger, 1-in.
O.D. Tubes on 1 '/, -in. Triangular Pitch

Net Free

Size Number of Passes Distance Rows

(In.) 1 2 4 6 8 2 Passes  Across
8 22 20 18 16 12 4.13 9
10 38 36 32 32 28 4.50 13
12 60 52 48 46 44 4.63 15
14 73 68 60 58 56 4.25 19
16 97 98 86 82 80 4.25 21
18 130 126 118 114 112 6.50 25
20 170 164 152 150 144 6.75 27
22 212 202 196 188 184 7.00 31
24 258 250 242 232 228 7.25 33
26 304 302 286 278 272 7.50 37
28 361 348 338 336 324 7.75 39
30 421 408 400 394 388 8.00 43
32 482 472 456 446 440 8.25 47
34 555 538 524 520 500 11.06 49
36 625 618 592 588 572 10.44 51
38 700 688 672 660 640 10.69 55
40 786 776 752 742 736 11.00 59
42 872 850 834 824 816 11.32 61

v L=Ligament
Triangular Pitch In-Line Triongular Pitch
{Apex Vertical) (Apex Horizontal}

Figure 10-26. Tube spacing layouts for tubesheets.

Exchanger Surface Area

The actual surface area available for heat transfer is deter-
mined from the fabricator’s shop drawings. From these
details, the following are fixed:

A. Number of tubes.

The actual number of tubes to be installed in the unit.
Manufacturing tolerances may require elimination of
some tubes that preliminary design layouts and tables indi-
cated might be installed in the unit. Figures 10-25A-K and
Table 10-9 have considered known fabrication tolerances.
Sometimes extra tie rods for baffles must be added, or in
some cases, eliminated. The outer tube circle limit for each
exchanger is determined by the type of shell to be used.
Thatis, (1) if commercial pipe, greater out-of-round toler-
ances might be required or (2) if formed on shop rolls, the
out-of-round tolerance will be known, but not necessarily
the same for each diameter shell.

B. Exact distance between faces of tubesheets.

Tubes are usually ordered in even lengths, such as 8, 10,
12, 16, 24, or 32 ft, and the tubesheets are from '/, in. to !/,
in. shorter between outer faces.

C. Net effective tube length.

This is the net length of tube exposed inside the shell and avail-
able for contact by the shell-side fluid. This length accounts for
the thickness of each tubesheet (and for the double
tubesheets when used). For design purposes, it is usually
estimated from experience, allowing about

1. 1!/, in. per tubesheet for low-pressure units.
2. 2-3in. per tubesheet for high-pressure exchangers, 200
psi—400 psi.

D. Exact baffle spacing.

In some instances the baffle spacing must be rearranged
to allow for a nozzle or coupling connection. It is impor-
tant that changes in baffle location be reviewed, as perfor-
mance or pressure drop can be seriously affected. This is of
extreme importance in vacuum units. Baffle orientation is
sometimes misinterpreted by the fabricator, and this can
cause serious problems where liquid drainage is con-
cerned, or the revised vapor flow path can allow for bypass-
ing the tube surface.

E. Impingement baffle location.

When scale drawings are made, the effectiveness of
impingement baffles can be evaluated easily. Sometimes it
is necessary to relocate or make slight size changes in order
to properly protect the tubes and direct the vapor flow.
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Effective Tube Surface

The effective tube surface is usually evaluated on the out-
side tube surface. Use net tube length.
Net effective outside area for plain or bare tubes is:

A, = (ft? external surface per ft length from Table 10-3) (L,

net effective tube length) (N, number of tubes) (10-4)
Net effective outside area for finned tube is:
A, = (ft external finned surface per ft length from

Table 10-39 or other specific tube data) (L., net

effective tube length) (N,, number of tubes) (10-5)

Effective Tube Length for U-Tube Heat Exchangers

One challenge in the design of U-tube heat exchangers is
to determine the effective length of the tubes. For example,
when U-tube bundles are fabricated from 12-ft tubes, the
maximum length tube in the bundle is 12 ft which is in the
outside tube row. The inside tube is the shortest and is less
than 12 ft long.

The effective tube length, L., of the bundle for surface
area calculations is the mean of the tube lengths between
the outside tubes and the inside tubes. See Figure 10-27A.

In calculating the optimum U-tube heat exchanger
design, most designers estimate the effective tube length for
each of the various heat exchangers. After a specific heat
exchanger design is selected, the effective tube length is
determined accurately by the fabricator. If the estimated
length differs significantly from the actual length, additional
design calculations may be necessary.

To more easily determine the effective tube lengths for U-
tubes, the correction chart shown in Figure 10-27B'#*is con-
venient. The chart is based on many actual U-tube bundle
layouts. Values read from the chart are not more than 1%
lower than those obtained by calculations, except where the
curve is extrapolated to lower tube counts. Such extrapola-
tions result in errors of 3%, 4%, and higher, giving larger val-
ues than those calculated. This does not apply to higher
tube count extrapolations. The chart is limited to */,-in. and

Inside Tube Effective Tube Lengt\h(Meun Tube Length)

n]

. u

N il
________ | _H
I
Il
]
1l
|
B
Radius of Bend Outside Tube Tube Sheet

Figure 10-27A. U-tube bundle.

l-in. O.D. tubes. The accuracy of extrapolation to other
diameters has not been determined. The chart is applicable
to low-finned tubes, as well as to plain tubes. However, it is
restricted to either two- or four-tube passes. For arrange-
ments other than those used in the chart preparation, the
chart may be used at the designer’s discretion. As an exam-
ple of those “beyond limits,” the following is a comparison of
calculated areas with actual areas for various U-tube bundles
installed in a chemical plant:

No. of Inside Calc’d*
U- Tube Tube Area Act. %
Tubes Tube Size Pitch R.O.B. Ft? Area  Error

66 %/, in. O.D. X 32 ft
88 %/, in. O.D. X 32 ft
54  1in. O.D. X 32 ft

linO 2in. 400.0  405.7 +1.43
lin0O 2in. 534 533 —0.19
1Y/, in0 3in. 439 448 +2.05

Note: R.O.B. = Radius of bend.

*The calculated areas were based on Figure 10-27B using only the
respective tube size and number of tubes.

Example 10-2. Use of U-Tube Area Chart'**
Case 1

Given:

Number of U-tubes: 168
Tubes: 0.75 in. O.D. X 16 ft (nominal) plain tubes

Required:
Total effective exposed area.
From Figure 10-27B:

Effective tube length = 14.5 ft.

Total effective exposed area = (14.5)(168) w (%) =478.3 fi?
Case 2
Given:

Tubes: 1 in. X 12 ft (nominal) low-finned tubes (19 fins/in.).
ft*
linft
Exposed area of bundle = 2,142 ft?

Outside area of tubes = 0.678

Required:

Number of tubes required.
A brief trial and error procedure is necessary.
Assume effective tube length = 11 ft. 9149

Th f ired = ———, ——— =
us, the number of tubes required (11) (0.678) 288
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Figure 10-27B. Effective tube length correlations for calculating outside surface areas of U-tube bundles (two or four passes). (Used by permission: D. L. Whitley and E. E. Lud-

wig, Chemical Engineering. V. 67, No. 6 © 1960. McGraw-Hill, Inc. All rights reserved.)
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From Figure 10-27B:

Effective tube length for 288 tubes = 9.6 ft.
2,142

=——F———— = 330
Calculate new number of tubes (9.6)(0.678)
Effective tube length = 9.42 ft.
bes = e 334
Calculate new number of tubes = (9.42) (0.678) =

Effective tube length for 336 tubes = 9.4 ft.
Thus, required number of tubes = 336

The equations of Figure 10-27B correlations are as follows:
L. = Effective tube length, ft.
N, = Number of U-tubes
L = Nominal tube length, ft.

For 3/, -in. U-tubes:

L. = (L — 0.5) — (7.4007 X 10~%)(N,) +

(8.5791 X 1075 (N)? — (8.7873 X 107?) (N,)? (10-6)
For 1-in. U-tubes:
L.= (L —0.5) —(9.2722 X 107%)(N,) +
(1.189575) (N,)? — (8.4977 X 1077) (N,) (10-7)

Nozzle Connections to Shell and Heads

Inlet and outlet liquid nozzles are sized by conventional
pressure drop evaluations or by the more common velocity
guides. For low-pressure vacuum services, velocities should
not be used to establish any critical connection size. (Figure
10-63 is a useful guide for the usual case.)

Safety valves are often required on the shell side of
exchangers and sometimes on the tube side. These valves
may require sizing based upon process reaction, overpres-
sure, etc., or on external fire. For details, see Chapter 7, Vol.
I on safety-relieving devices.

Drains are necessary on the shell and on the bottom of
most heads. Sometimes several drains are necessary on the
shell side to facilitate drainage between baffles when flush-
ing is a part of the operation.

Vents are usually placed on the shell and on the tube-side
heads to allow venting of inert gasses or other material. A
1in.-6,000 Ib. half or full-coupling is recommended for both
vent and drain, unless other sizes are indicated.

Couplings are handy to have on the process inlet and out-
let nozzles on both the tube and shell sides. These may be
used for flushing, sampling, or thermometer wells, thermo-
couple bulbs, or pressure gages.

Types of Heat Exchange Operations

The process engineer identifies heat exchange equipment
in a process by the operation or function it serves at a particu-
lar location in the flow cycle. For example, the bottom vapor-
izer on a product finishing distillation column is usually termed
“Finishing Column Reboiler E-16,” or “Reboiler E-16;” the over-
head vapor condenser on this column is termed “Condenser E-
17;” etc. The usual operations involved in developing a process
flowsheet are described in Table 10-11, or Chapter 1, Volume 1.

Thermal Design

Engineering thermal design of heat transfer equipment is
concerned with heat flow mechanisms of the following three
types—simply or in combination: (1) conduction, (2) con-
vection, and (3) radiation. Shell and tube exchangers are con-
cerned primarily with convection and conduction; whereas
heaters and furnaces involve convection and radiation.

Radiation is not generally considered in conventional
heat transfer equipment except for direct gas/oilfired
heaters and cracking units. These later types are not a part
of this chapter, because they are specialty items of their own
as far as design considerations are concerned.

Conduction is heat transfer through a solid nonporous bar-
rier when a temperature difference exists across the barrier.
The thermal transfer capability of the specific barrier or wall
material, known as thermal conductivity, determines the tem-
perature gradient that will exist through the material.

k, k,
Q= fA(tQ - tl) = fAAt

c

(10-8)

Referring to Figure 10-28, conduction occurs through the
tube wall and is represented by a temperature drop t, — t;and
through the scale of fouling by the drops t; — tyand t; — t,.

Conuvectionis heat transfer between portions of a fluid existing
under a thermal gradient. The rate of convection heat transfer
is often slow for natural or free convection to rapid for forced
convection when artificial means are used to mix or agitate the
fluid. The basic equation for designing heat exchangers is
Q = UA(t, — t;,) = UAAt (10-9)
where

(ty — ;) represents the temperature difference across a
single fluid film. Referring to Figure 10-28, convection occurs
through the fluid t; — t; and also t; — t,.

where
A = net external surface area of tubes exposed to fluid
heat transfer (not just the length of the individual
tubes), ft.
Q = heatload, Btu/hr
U = overall heat-transfer coefficient, Btu/ (hrft? - °F)
mean temperature difference, °F, corrected

AT



Applied Process Design for Chemical and Petrochemical Plants

54
Table 10-11
Heat Exchange Operations
Equipment Designation Process Operation
Condenser (a) Condenses all vapors (pure or mixed) enter-

Partial Condenser

Cooler

Chiller

Evaporator

Vaporizer

Reboiler

(a) Forced Circulation

(b) Natural Circulation
or Thermosiphon

Heater

Steam Generator

Waste Heat Boiler

Exchanger

(a) Cross Exchanger

(b) Heat-Exchanger

ing.

(b) Condenses all condensable vapor, cools
the gases—termed a cooler-condenser.

Condenses only part of the total entering

vapors; condensed liquid removed as reflux or

as “fractionation mixture;” vapor passes out
unit to a second condenser, or on for other
processing.

Cools process stream, usually by water, but can

be by air as in air cooler or by other process

fluid.

Cools process stream by refrigerant at temper-

ature lower than prevailing water, can be

chilled by water cooling the process fluid or by
refrigerant such as ammonia, propylene, and
freon. (Also see “Evaporator.”)

(a) Evaporates process fluid by some heating
medium such as steam.

(b) Evaporates refrigerant such as ammonia,
propylene, etc., while cooling (or chilling
or condensing) process fluid. Usually
refrigerant on shell side of exchanger.

(c) Evaporates part of process mixture while
concentrating remainder as liquid. (See
“Vaporizer.”)

Vaporizes or evaporates all or part of liquid

fed to unit by means of heating medium, such

as steam, Dowtherm, etc.

Boils liquid by heating medium in a

recirculation cycle. Feed may flow by

(a) Pumped through tubes (usually), vaporiz-
ing main portion on leaving, termed
“Forced Circulation Reboiler.”

(b) Natural static and thermal heads through
tubes, vaporizing part of fluid near outlet,
termed “Natural Circulation” or
“Thermosiphon Reboiler.”

Heats fluid (adds sensible heat) but does not

vaporize except for effect of temperature on

vapor pressure. Heating medium is usually
steam, Dowtherm, or similar fluid that con-
denses at pressure and temperature desired,
imparting its latent heat to fluid (gas or
liquid).

Produces steam from condensate or boiler

feed water by combustion of waste oil, tars, or

“off-gas” in direct-fired equipment.

Produces steam from condensate or boiler

feed water by removal of sensible heat from

high temperature level process or waste gas
streams. (Sometimes liquid streams serve this
function.)

(a) Exchanges sensible heat between two

process streams, either liquids or gases, cool-

ing one while heating the other. Sometimes
termed cross-exchanger.

(b) May exchange heat for type of streams

noted in (a), or any combination of specifi-

cally identified types mentioned previously,
such as Cooler, Heater, etc. Usually limited to
sensible heat exchange.

t

Warm
Qutside Inside 3 15
Fouling Fouling tq
Material—= Material te
t7
Outside Tube I"—lnside te
Fluid Film Fluid Film Cool

Wall

)8? NN

Figure 10-28. Tube wall conditions affecting overall heat transfer and
associated temperature profile.

An important step in accurately establishing the required
net surface area of an exchanger is to determine the true AT.

For example, the simplest temperature difference involves
constant temperature on each side of the tube, such as steam con-
densing on one side at about 410°F and an organic hydro-
carbon compound boiling at constant temperature of
about 250°F. Use this simple temperature difference for
Equation 10-9:

AT = 410 — 250 = 160°F

This applies regardless of the fluid flow pattern in the
unit'®. Such a unit could be like the one shown in Figure 10-
1C; also see Figure 10-29B.

For counter-current flow of the fluids through the unit
with sensible heat transfer only, this is the most efficient tem-
perature driving force with the largest temperature cross in
the unit. The temperature of the outlet of the hot stream
can be cooler than the outlet temperature of the cold
stream, see Figure 10-29:

Hot: 200°F—100°F
Cold: 80°F—150°F

Note that the Log Mean Temperature Difference
(LMTD) is somewhat less than the arithmetic mean, repre-
sented by the following:

(T — t) + (Ty — )] + 2,

or, (hot - cold terminal temperature difference) + 2 (10-10)
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Passes for Fluids

Figure 10-29. Three flow patterns for examining AT and LMTD. Note:
T, = shell-side fluid inlet, and t, = tube-side fluid inlet.

The AT for this flow is given by reference 129, Equation
10-11, using end conditions of exchanger. Thus:

(Ty—t) = (T) =)  GTID — LTD

AT =
<T2 - tl) GTD
In n
T, — & LTD (10-11)
=LMTD
where

GTD = Greater Terminal Temperature Difference, °F
LTD = Lesser Terminal Temperature Difference, °F
LMTD = Logarithmic Mean Temperature Difference, °F = AT
T, = Inlet temperature of hot fluid, °F
Ty, = Outlet temperature of hot fluid, °F
t, = Inlet temperature of cold fluid, °F
t, = Outlet temperature of cold fluid, °F

Note that the logarithmic mean temperature difference
should be used when the following conditions generally
apply'”” for conditions of true counter-current or co-current
flow:

¢ Constant overall heat transfer coefficient.

¢ Complete mixing within any shell cross pass or tube
pass.

* The number of cross baftles is large (more than 4).

¢ Constant flow rate and specific.

¢ Enthalpy is a linear function of temperature.

¢ Equal surfaces in each shell pass or tube pass.

* Negligible heat loss to surroundings or internally
between passes.

For co-current flow (see Figure 10-29B), the temperature
differences will be (T, — t;), and the opposite end of the
unitwill be (T, — t,). This pattern is not used often, because
it is not efficient and will not give as good a transfer and
counter-current'® flow. Because the temperature cannot
cross internally, this limits the cooling and heating of the
respective fluids. For certain temperature controls related to
the fluids, this flow pattern proves beneficial.

For one shell and multipass on the tube side, it is obvi-
ous that the fluids are not in true counter-current flow
(nor co-current). Most exchangers have the shell side flow-
ing through the unit as in Figure 10-29C (although some
designs have no more than two shell-side passes as in Fig-
ures 10-1] and 10-22, and the tube side fluid may make two
or more passes as in Figure 10-1]); however, more than two
passes complicates the mechanical construction.

Temperature Difference: Two Fluid Transfer

The temperature difference, At, °F, required to satisfy the
basic heat transfer relation Q = UA At is the logarithmic
mean to the differences in temperatures at the opposite
ends of the paths of flow of the two fluids. The temperature
flow paths can be represented as shown in Figures 10-30 and
10-31.

In true counterflow operation (sensible heat transfer), the
one fluid, A, being cooled is flowing at all times in a near
180° direction to the fluid being heated, B, Figure 10-30.
Note that because A is being cooled, it comes into the
exchanger at a temperature, T}, which is hotter than the
inlet, t;, of the fluid being heated. In this case the fluid B can
leave at a temperature, t, which is greater than the outlet
temperature T, of fluid A. The vertical distance between the
two curves at any point along the travel length of the fluid is
the temperature difference (T' — t') (or A, Figure 10-30) at
that point.
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Temperature Processes
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Flowing Fluids at any Point in the Exchanger

Figure 10-30. Temperature paths in heat exchangers.

In parallel operation (sensible heat transfer), fluids A and
B (Figure 10-30) flow in the same direction along the length
of travel. They enter at the same general position in the
exchanger, and their temperatures rise and fall respectively
as they approach the outlet of the unit and as their temper-
atures approach each other as a limit. In this case the outlet
temperature, t,, of fluid B, Figure 10-30, cannot exceed the
outlet temperature, T,, of fluid A, as was the case for coun-
terflow. In general, parallel flow is not as efficient in the use
of available surface area as counterflow.

In condensation one fluid remains at constant temperature
throughout the length of the exchanger while the fluid B
that is absorbing the latent heat of condensation is rising in
temperature to an outlet of t,. Note that as fluid A con-
denses, it does not flow the length of the travel path. Fluid A
drops to the bottom of the exchanger and flows out the out-
let at temperature T,, which is the same as T, the tempera-

* Y End of ‘
° Exchanger -
5 ¥T2 , s
s Cooling s
@ I @
E|t T € Heating in Tubes T2
Heatin
h Heating ! 9 t
— .
f==— Length of Fluid Travel —m= |==— Length of Fluid Travel —=d
(A) (B)
t24 4T
v D=,

Point of Initial Condensation

Condensation of Mixture

Tempercture —m=

“Tz
I'I

1
Total Heat Removed or Added —

(C)

Figure 10-31. Fluid flows through two passes in tubes: part of flow is
parallel to shell-side fluid, and part is counterflow.

ture of condensation, providing no subcooling occurs to
lower the temperature of the liquid to less than T, In this
case, t, approaches but never reaches T, When viewed from
the condensation operation, the unit is termed a condenser,
however, if the main process operation is the heating of a
fluid with the latent heat of another stream, such as steam,
then the unit is termed a heater. If boiling follows sensible
heating, the unit is a reboiler.

Temperature crosses in an exchanger can prevent the unit
from operating. Figure 10-32 indicates two situations, one
involving desuperheating and condensing a vapor, and the sec-
ond requiring the heating and vaporizing of a fluid. In the first
instance note that it is not simply the desire to remove a fluid
t, at a temperature greater than T,, but more fundamentally
involves the shape of the temperature profile curves. To be cer-
tain of performance, the heating, cooling, condensing, or
vaporizing curves for the fluids should be established.
Although a unit may calculate to give performance based on
end limits of temperature, if a cross exists inside between these
limits, the expected heat exchange will not be accomplished.

For the average fluid temperature and/or true caloric
temperature see “Temperature for Fluid Properties Evalua-
tion—Caloric Temperature” later in this chapter.
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Figure 10-32. Typical temperature situations that contain cross-over
points, preventing exchanger operation. (Adapted and used by per-
mission: Brown and Root, Inc.)

Counter-current or co-current flow of the two (usual) fluids
in a heat transfer operation is the most efficient of the several
alternate design combinations. The most efficient transfer
occurs in a straight-through, single-pass operation, such as
shown in Figures 10-2 and 10-29, and design-wise Figure 10-1H
(but not as a reboiler). Usually for these cases the logarithmic
mean temperature difference may be applied as Murty'* dis-
cusses a calculation method for establishing the maximum
possible cross in a parallel counterflow exchanger, Figure 10-
13. In the following example, this technique is outlined.

Example 10-3. One Shell Pass, 2 Tube Passes Parallel-
Counterflow Exchanger Cross, After Murty'3?

Find the minimum temperature that a hot fluid at 410°F
can be cooled if the cold fluid is heated from an inlet tem-
perature of 167°F to 257°F. Also find the theoretical tem-
perature cross and theoretical minimum hot fluid shell-side
outlet temperature, T,.

Using equations from reference 132:

(T, — 1)
(Ay)
(2T, — )

T2 min — U = - (Tl - tl) (10—12)

1 —

At = t, — ¢

[(410 — 167)]

Substituting: Ty ,;, — 167 = W — (410 — 167)
(2(410 — 167))

Ty — 167 = 55°F

(actual) To iy = 222°F

Maximum temperature cross:

[to — Ts] _ (2 - 21/2) (22 -1) — 01715
T, - 4] 2!/, o

The theoretical maximum possible temperature cross in
this style exchanger = (t, — Ty ) = 0.1715.

Theoretical (t, — Ty) e = 0.1715 (T}, — ;)

Then, theoretical Ty, = to — (to — To) nax

Then, for the example: the theoretical maximum possible
temperature cross:

(t2 - TQ)max =
Theoretical Ty,

0.1715 (410 — 167) = 41.6°F
= 257 — 41.6 = 215.4°F

or, when, T| — t; > AT, then the following approximation
applies:

At

Tommn — 4 = (T} — t)|1+ o
2 min 1 ( 1 1){ Q(Tlftl)

|-r-w=av2
Use the preceding equation when (T, — t;) = 50.

T = Shell-side fluid, °F
t = Tube-side fluid, °F
Touin = Minimum hot fluid exit temperature achievable, °F
1 = Inlet (hot)
2 = Outlet (cool)

In vaporization, one fluid, B, vaporizes at constant temper-
ature while the second fluid, A, is cooled from T, to T,.
When a refrigerant such as propylene is being vaporized to
condense ethylene vapors, the unit actually operates at a
fixed temperature difference for the entire length of the
exchanger. In this latter situation, t; equals t, and T, equals
T,. In an evaporator, one fluid is vaporized as the heating
fluid is cooled to T,.

Mean Temperature Difference or Log Mean Temperature
Difference

For these cases, the logarithmic mean temperature dif-
ference may be applied as:

At, — Aty At, — Aty
At =LMTD = MTD = =

(10-13)
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AT = Log Mean Temperature difference = LMTD
here: At; = Temperature difference at one end of exchanger
(smaller value), see Figure 10-29.
At, = Temperature difference at other end of exchanger
(larger value)
In = Natural logarithm to base e
MTD = Mean Temperature Difference, °F, see Figure 10-33
= Log mean temperature difference
= At, = Least terminal temperature difference
= At, = Greater terminal temperature difference

LTD
GTD

Figure 10-33 is a useful means of solving the LMTD cal-
culation.

Correction factors are given in Figures 10-34A-F to mod-
ify the true counter-current LMTD for the multipass exchanger
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actual flow paths and accompanying temperature devia-
tions.

Note that where Figures 10-34A—] represent corrections to
the LMTD for the physical configuration of the exchanger,
Figures 10-35A-C represent the temperature efficiency of
the unit and are not the same as the LMTD correction.

Often, a reasonable and convenient way to understand
the heat transfer process in a heat exchanger unit is to break
down the types of heat transfer that must occur: such as,
vapor subcooling to dew point, condensation, and liquid
subcooling. Each of these demands heat transfer of a differ-
ent type, using different AT values, film coefficients, and
fouling factors. This is illustrated in Figure 10-36. It is possi-
ble to properly determine a weighted overall temperature
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Q, or A, Q, or A,

QorA;

Total Heat Transfer, Btu

Figure 10-36. Breakdown of heat transfer zones in an exchanger.

difference and to calculate the total heat transfer area
directly:

Qlolal
Q Qo Qs
AT, T AT, T AT,

A T (log-mean weighted) = (10-14)

where
Q = Heat transferred in specific section of the exchanger,
Btu/hr
AT = Corresponding LMTD for the respective heat trans-
fer area, °F

Subscripts 1, 2, and 3 = segments of heat exchanger
corresponding to the Q and AT values.

These MTD (or LMTD) correction factors are read from
the appropriate chart, which describes the exchanger
mechanical and temperature terminal operational condi-
tions. The P and R ratios must be calculated as represented
in the diagrams; otherwise the factor read will have no
meaning. A true counterflow or parallel flow exchanger
does not require any correction to the LMTD.

Correction for Multipass Flow through Heat Exchangers

In most multipass exchangers, a combination of counter-
current and co-current flow exists as the fluid flows through
alternate passes (see Figure 10-29). The mean temperature
is less than the logarithmic mean calculated for counter-cur-
rent flow and greater than that based on co-current flow.

The corrected mean temperature difference is calculated:
(LMTD)cnr = (LMTD)('a]c (F) (10'15)
F = Correction factor to LMTD for counter-

current flow for various mechanical pass
configurations, see Figures 10-34A-].

Subscripts: cor = Corrected for determining exchanger area
requirements.
calc = Calculated from Equation 10-13.

Use (LMTD),,, in determining exchanger area require-
ments.

Q

UIMTD) ,, ~ Y(UAT)

A, = (10-16)

A, = Required effective outside heat transfer surface area
based on net exposed tube area. Note: Later in text A,
=A

AT,, = Corrected mean temperature difference.
U = Overall heat transfer (fouled) coefficient, Equation
10-37

To determine the true overall temperature difference, the
correction factors, F, shown in Figure 10-34 are used to cor-
rect for the deviations involved in the construction of multi-
passes on the shell and tube sides of the exchanger. Note
that R of the charts represents the heat capacity rate ratio'”’,
and P is the temperature efficiency of the exchanger.
MTD ., = AT, = (F)(LMTD)

cor

(10-17)

where
LMTD = defined by Equation 10-13
F = Correction factor as defined by the charts of Figure
10-34

Note: F = 1.0 for pure counter-current flow. As co-current
flow increases in design arrangement (not flow rate), the F
is reduced, and the exchanger efficiency falls, to a usual
practical lower limit of 0.75-0.80"!

Ratnam and Patwardhan'** present graphs to aid in ana-
lyzing multipass exchangers, based on equations developed.
Turton, et al. ' also presents performance and design
charts based on TEMA charts (Figure 10-34]) and combin-
ing these with Temperature Efficiency Charts'”” from TEMA
(Figures 10-35A-C).

MTD (c) = AT, = corrected LMTD for specific exchanger
design/style

Example 10-4. Performance Examination for Exit
Temperature of Fluids

In this example, we use the method of Turton'*, which
incorporates combined working charts not included in this
text.

A 1-2 (one shell, two tube passes) shell and tube
exchanger is described as follows:

For shell side: M = 65,000 1b/hr
Cp, = 0.58 Btu/1b (°F)
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T, = 210°F

m = 155,000 Ib/hr

Cp = 0.55 Btu/1b (°F)
t; = 135°F; t, = 168°F

For tube side:

Now, estimate the exchanger performance if the hot fluid
(shell-side) is to be increased 35% greater than the original
design: A = 187 ft®>. Note that the method does not specifi-
cally incorporate fouling, but it should be acknowledged.

Determine the outlet temperature when U is established.

1. On shell side: M = 1.35 (65,000) = 87,750 Ib/hr; the Cp, and
T, are kept the same.
2. On tube side: m, Cp, t;, U, and A remain the same.

T, -T

3. Now calculate R = = m Cp /MCPs

ty

= (155,000) (0.55) / (87,750) (0.58)
= 1.675

4. UA/(mc) = (170) (187) / (155,000) (0.55) = 0.37, see Figure
10-35.

5. Using Figure 10-35, at UA/mc = 0.37 and R = 1.675, read P
= 0.25.

6. Now using Figure 10-34A, at P = 0.25 and R = 1.675, read F
= 0.954.

7. Using P and R to find exit temperatures:
ty=P(T, — t;) +t, = 0.25 (210 — 133) + 133 = 152°F
Ty, =T, — R(t, — t;) =210 —1.675 (152 — 133) = 178°F

This same concept incorporating the TEMA charts can be
used to (1) determine the ft* heat transfer area required for
an exchanger and (2) determine flow rate and outlet tem-
perature of the fluids (shell or tube side)'?.

where

A = Heat exchanger surface area, ft®.

Cp = Specific heat capacity (tube or cold side),
Btu/ (Ib) (°F)

Cp, = Specific heat capacity (shell or hot side),
Btu/ (Ib) (°F)

F = MTD correction factor, Figure 10-34.

F = Heat exchanger efficiency, dimensionless.
m = Mass flow rate (tube or cold side), Ib/hr.
M = Mass flow rate (shell or hot side), Ib/hr.

P=(t—1t)/ (T, — ), Figure 10-34.

q = Rate of heat transfer, Btu/hr.

R = Ratio of the heat capacities of tube-side to

shell-side fluid, dimensionless
= M, Figure 10-34.
(ty =)
t = Temperature of tube-side fluid, °F.

T = Temperature of shell-side fluid, °F.

AT,,, = Log mean temperature difference for counter-
current flow, °F.

U = Overall heat transfer coefficient in exchanger,

Btu/ (ft?) (hr) (°F).

190 =
180
170
160
150
140

130
DEWPOINT 120°F.

120 -

TEMPERATURE °F

110 T, (105°F)

100

105°F .
sl (110 - 5) ty (90°F)

80 1 1 1 ]
0 0.5 1.0 1.5 2.0

HEAT LOAD, BTU/HR. (MM)

Figure 10-37. Finding a counterflow weighted MTD. (Reprinted
with permission: Gulley, Dale E., Heat Exchanger Design Handbook,
© 1968 by Gulf Publishing Company, Houston, Texas. All rights
reserved.)

Subscripts:
1 = Inlet
2 = Outlet

Weighted Mean Temperature Difference (MTD) applies to
the more complicated shell and tube heat exchangers. Gul-
ley” discusses several important cases in which the conven-
tional LMTD for fluid temperature change and the
corresponding MTD correction factors (Figure 10-34A-]) do
not adequately represent the design requirements, see Figure
10-37. From the sample listing that follows, recognize that the
heat release for each section of an exchanger is necessary to
properly analyze the condition. It can be misleading if end
point conditions previously cited are used to describe some of
the special cases. It is necessary to break the heat transfer cal-
culations into zones and calculate the weighted MTD. Typical
services requiring the use of weighted MTS’s are® 7

1. Overhead condensers with steam and hydrocarbon
condensing.

. Exchangers with change of phase.

. Amine overhead condensers.

. Pure component condensers with subcooling.

. Condensers with large desuperheating zones such as
for refrigerants, chemicals, and steam.

. Pure component vaporizing with superheating.

. Vertical reboilers in vacuum service.

. Desuperheating-condensing-subcooling.

. Condensing in presence of noncondensable gases.

Ot b~ 00 N

© 00 JO
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Example 10-5. Calculation of Weighted MTD*

A gas is to be cooled from 190°F to 105°F with partial con-
densation taking place. The dew point is 120°F. The cooling
water enters at 90°F and leaves at 110°F. Figure 10-37 illus-
trates the basic exchanger functions.

1. The heat load is

Q (Desuperheat) = 420,000 Btu/hr
Q (Condensation) = 1,260,000 Btu/hr
1,680,000 Btu/hr

2. The cooling water temperature rise in each zone is

Desuperheating: A T, °F = (110 - 90) (420,000) /1,680,000
=5°F
Condensation: A T, °F = (110 -90) (1,260,000) /1,680,000
=15°F

3. For desuperheating, the LMTD is
190 — 120

110 « _90
80 15

Reading Figure 10-33:
LMTD = 38.8°F

4. For condensation, the LMTD is

120 — 105

105 < _90
15 15

LMTD = 15°F

5. The weighted LMTD for calculations is
Qtolal

Qdes + Qcond
(LMTD )des (LMTD)C(md

Wt. LMTD =

B 1,680,000
T 490,000 1,260,000
38.8 15

= 17.7°F

For shells in series it is necessary to develop a weighted
MTD correction factor, and a graphical technique is pre-
sented by Gulley.*

Heat Balance

In heat exchanger design, the exchange of the heat
between fluids is considered to be complete (i.e., 100%)

except in those cases when heat losses to the atmosphere or
other outside medium are either known or planned.

Plant”® presented a technique for comparative heat
exchange performance evaluation that is based on his effi-
ciency method and can include almost any style and appli-
cation of exchanger.

In condensers where heat loss is desired, insulation
often is omitted from piping carrying hot fluids to take
advantage of the heat loss to the atmosphere. In any heat
exchange equipment the heat released or lost by one fluid
must be accounted for in an equivalent gain by a second
fluid, provided that heat losses are negligible or otherwise
considered.

Heat Load or Duty

The heat load on an exchanger is usually determined by
the process service conditions. For example, the load on a
condenser for vapors from a distillation column is deter-
mined by the quantity and latent heat of vaporization at the
condensing conditions, or for gas coolers, by the flow of gas
and the temperature range required for the cooling.

For sensible heat changes:

q = We (s — 1) (10-18)
For latent heat changes:
q=WI (10-19)

For cooling (or heating) and latent heat change (con-
dense or boil):
Q=q = We(ty — ) + W, (10-20)

An item of heat exchange equipment can be used for any
of these heat changes, or any combination of them, pro-
vided the loads are established to correspond with the phys-
ical and thermal changes actually occurring or expected to
occur in the unit. Thus, the heat load must be known for the
design of an exchanger, although it may be determined on
existing equipment from operating data. This latter is
termed performance evaluation.

Example 10-6. Heat Duty of a Condenser
with Liquid Subcooling

The overhead condenser on a distillation column is to
subcool the condensed vapors from the condensation tem-
perature of 46.4°F down to 35°F. The specific heat of the
liquid is 0.3 Btu/1b (°F), and the latent heat of vaporization
at 46.4°F is 265 Btu/lb. The vapor rate to the condenser is
740.3 1b/hr. What is the total heat load on the condenser?
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Latent duty: q; = 740.3 (265) = 196,180 Btu/hr
Sensible duty: qo = 740.3 (0.3) (46.4 — 35) = 2532 Btu/hr
Total heatduty: Q = q; + qo = 198,712 Btu/hr

Transfer Area

The heat transfer area, A ft3, in an exchanger is usually
established as the outside surface of all the plain or bare
tubes or the total finned surface on the outside of all the
finned tubes in the tube bundle. As will be illustrated later,
factors that inherently are a part of the inside of the tube
(such as the inside scale, transfer film coefficient, etc.) are
often corrected for convenience to equivalent outside con-
ditions to be consistent. When not stated, transfer area in
conventional shell and tube heat exchangers is considered
as oulside tube area.

Example 10-7. Calculation of LMTD and Correction

An oil cooler is to operate with an inlet of 138°F and an
outlet of 103°F, and the cooling water enters at 88°F and is
to be allowed to rise to 98°F. What is the corrected MTD for
this unit, if it is considered as (a) a concentric pipe counter-
flow unit, (b) a single-pass shell-two-pass tube unit, and (c)
a parallel flow unit?

1. Diagram the temperature pattern

(a) Counterflow
T, = 138°F — 103°F = T,
te, = 98°F «— 88°F =

Aty = 40°F Ay = 15°F
D = 20715 _ og pep
n
"5

(Calculate or read from Figure 10-33.)
(b) Shell and tube 1-2 (1 pass shell-2 pass tubes)

T, = 138°F — 103°F = T,
t, = 98°F « 88°F =
At, = 40°F Ay = 15°F
40 — 15

40

In —
15

LMTD = = 25.5°F

Parallel flow

(c

~

T, 138°F — 103°F = T,
t, = 88°F — 98°F = ¢,
At, = 50°F At; = 5°F

50 — b

LMTD = = 19.5°F

1 P
"

2. Corrections to LMTD (See Figure 10-34.)

to — €
p=—>2_1 R =
T —y

T, — T,
L=

(a) Counterflow
No correction factor, F = 1.0, corrected LMTD = 25.5°F.
(b) Shell and tube, 1-2 (This is part parallel, part counterflow.)

98 —88 10
7138—8875070'2
138 — 103 35
~ 98 — 88 *1073'5

F read from Figure 10-34A = 0.905
Corrected LMTD = (0.905) (25.5) = 23.1°F
(c) Parallel flow
Correction factor does not apply,
LMTD = 19.5¢°F

3. For an exchanger design, the unit requiring the
smallest area will be the counterflow having the largest
corrected LMTD = 25.5°F for this example.

Correction factors should seldom be used when they fall
below a value that lies on a curved portion of the P-R curves,
Figure 10-34. That is, values on the straight portions of the
curves have little or no accuracy in most cases. For the “sin-
gle-shell pass—two or more than two passes” unit chart, an F
of less than about 0.8 would indicate consideration of a two-
shell pass unit. As a general guide, F factors less than 0.75
are not used. To raise the F factor, the unit flow system, tem-
perature levels, or both must be changed.

Temperature for Fluid Properties Evaluation—
Caloric Temperature

For most exchanger conditions, the arithmetic mean tem-
peratures of the shell side and tube side, respectively, are sat-
isfactory to evaluate the properties of the fluids, which in
turn can be used to determine the overall coefficient, U.
This means that the LMTD as determined is correct.

When you can determine that the overall coefficient U or
fluid properties vary markedly from the inlet to the exit con-
ditions of the unit, the arithmetic mean is no longer satisfac-
tory for fluid property evaluation. For this case, the proper
temperature of each stream is termed the caloric temperature for each
Jluid. The F fraction is the smallest of the values calculated and
applies to both streams. Although the caloric temperature
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applies to counter-current and parallel flow only, it can be used
with reasonable accuracy for multipass flow.'”

The caloric value of hot fluid (from Kern,” by permis-
sion):

th = the T Fo(ty — tpo) (10-21)
The caloric value of the cold fluid:

te = tg T F (to — tq) (10-22)

F, = % or = 7:2__ ttl;ll (10-23)

where

t, = caloric value or hot fluid, °F

inlet hot fluid temperature, °F

t,o = outlet hot fluid temperature, °F

= caloric value of cold fluid, °F

inlet cold fluid temperature, °F

outlet cold fluid temperature, °F

F. = correction factor, F, (see Reference 70 for details),
Figure 10-38. The insert allows for more rapid calcu-
lation for petroleum fractions.

{H
Il

For heat exchangers in true counter-current (fluids flow-
ing in opposite directions inside or outside a tube) or true
co-current (fluids flowing inside and outside of a tube, par-
allel to each other in direction), with essentially constant
heat capacities of the respective fluids and constant heat
transfer coefficients, the log mean temperature difference
may be appropriately applied, see Figure 10-33.1

For a variation in heat transfer coefficient from one end
of the exchanger to the other where the average fluid tem-
perature is considered approximately linear, the physical
properties of the fluids can be approximated by evaluating
them using Figure 10-38. To use this figure, the temperature
change of each fluid multiplied by the F factor from the
chart is added to its respective cold terminal temperature to
obtain the average temperature. The At, and At, from the
figure represent the cold and hot terminal temperature dif-
ferences, and C of the chart represents the fractional
change in heat transfer coefficient as a parameter of the
chart. For hydrocarbon fluids, the C may be simplified using
the insert in Figure 10-38.17 Other less frequently used
exchanger arrangements are discussed by Gulley.'"® Note
that the F factor for Figure 10-38 is not the same F factor as
given in Figures 10-34A—].

The C ratio (disregard sign if negative) is evaluated from
the estimated overall coefficients based on the temperatures
at the cold and hot ends, respectively. For Figure 10-38, the
hot terminal difference is t, = t,; — t.; the cold terminal
temperature difference is t, = t;o — t,

cl

Tube Wall Temperature

Refer to Figure 10-28. The temperature of the outside of
the tube wall is based on hot fluid being on the outside of
the tubes:

h.
=t - ——(t, — 10-24
L mr U (10:24)
or
=t + b, 10-25
tw tc hjo + ho (th tL) ( 4 )
where

h;, = inside film coefficient referred to outside of tube,
Btu/hr (ft®) (°F)
h, = outside film coefficient referred to outside of tube,
Btu/hr (ft®) (°F)
t, = temperature of outside wall of tube, °F

The outside tube wall temperature for hot fluid on the
inside of the tubes is

hio

=t . + —- — t. -
tw tL hio + ho (th t(,) (10 26)
or

= o 1027
G = th hio + h(, (th tc) ( . )

An alternate and possibly less accurate calculation (but
not requiring the calculation of caloric temperature) using
reasonably assumed or calculated film coefficients and bulk
rather than caloric temperature is

For hot fluid on shell side:

=t | —— (4 - -
L=t {hi - hj(th ) (10:28)
ty, = the outside surface temperature of wall

For hot fluid in tubes:

=t + { b } 10-29
S P (U (10-29)

where
t, = tube wall temperature, neglecting fouling and metal
wall drop, °F
t. = cold fluid bulk temperature, °F
t, = hot fluid bulk temperature, °F

Often this may be assumed based upon the temperature
of the fluids flowing on each side of the tube wall. For a
more accurate estimate, and one that requires a trial-and-
error solution, neglecting the drop-through tube metal wall
(usually small):
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Figure 10-38. Caloric or true average fluid temperature. (Used by permission: Standards of Tubular Exchanger Manufacturers Association, ©1959 and 1968. Tubular

Exchanger Manufacturers Association, Inc. All rights reserved.)
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Chy F by,

6=

i+, (10-30)
where

t; = bulk temperature of fluid inside tube

» = bulk temperature of fluid outside tube
= film coefficient for fluid inside tube

h;
h, = film coefficient of fluid outside tube

0

To determine a reasonably good value for t,, either t, must
be estimated and used to calculate h; and h,, or h; and h, must
be assumed and a t, calculated. In either case, if the calcu-
lated values do not check reasonably close to the assumed val-
ues, the new calculated results should be used to recalculate
better values. Film temperatures are generally taken as the
arithmetic average of the tube wall, t,, and the bulk tempera-
ture, t; or t,. This approach neglects the effect of tube wall
fouling (i.e., it is for clean tube conditions). Corrections can
be made to account for the fouling if considered necessary.
Usually this fouling is accounted for in the overall U.

The temperature for calculating film properties is as follows.

For streamline flow:

tr = ty + 1/4 (t, = t) (10-31)
For turbulent flow:
G = by + 1/2 (tw - [av) (10-32)

Ganapathy'®! presents a shortcut technique for estimating
heat exchanger tube wall temperature, which so often is
needed in establishing the fluid film temperature at the
tube wall:

ty = (it + ht,)/(h; + h) (10-33)

h; = inside tube coefficient, Btu/ (hr) (ft?) (°F)

, = outside tube film coefficient, Btu/ (hr) (ft®) (°F)
temperature of inside fluid entering tubes, °F
t, = temperature of outside fluid on tubes °F

-
Il

For example, a hot flue gas flows outside a tube and shell
exchanger at 900°F (t,) while a hot liquid is flowing into the
tubes at 325°F (t,). The film coefficients have been estimated
to be h; = 225°F and h, = 16 Btu/ (hr) (ft?) (°F). Estimate
the tube wall temperature using h; as h;, corrected to the
outside surface for the inside coefficient:

t, - [(225)(325) + (16)(900)]/ (225 + 16) = 363°F

This calculation neglects the temperature drop across the
metal tube wall and considers the entire tube to be at the
temperature of the outside surface of the wall, t,. Kern™ for
the same equation suggests using the caloric temperature
for t; and t,.

Edmister and Marchello'™ present a tube wall tempera-
ture equation:

_ Dihiti + Duhot4

ty = ,°F (10-34)
D;h; + Dh,
where
t; = fluid No. 1 mean fluid temperature, °F
t, = fluid No. 2 mean fluid temperature, °F
ty, = fluid No. 1 fluid film tube wall temperature, °F
t; = fluid No. 3 fluid film tube wall temperature, °F
D, = tube outside diameter, in.
D, = tube inside diameter, in.
h; = inside tube film (surface) coefficient,

Btu/ (hr) (ft®) (°F)
h, = outside tube film (surface) coefficient,
Btu/ (hr) (ft?) (°F)

This relationship can be used for estimating surface tem-
perature and for back-checking estimating assumptions. For
many situations involving liquids and their tube walls, the
temperature difference (t, — t;) across the wall is small and
equals t, — t; for practical purposes.

Fouling of Tube Surface

Most process applications involve fluids that form some
type of adhering film or scale onto the surfaces of the inside
and outside of the tube wall separating the two systems (Fig-
ure 10-28). These deposits may vary in nature (brittle,
gummy), texture, thickness, thermal conductivity, ease of
removal, etc. Although no deposits are on a clean tube or
bundle, the design practice is to attempt to compensate for
the reduction in heat transfer through these deposits by
considering them as resistances to the heat flow. These resis-
tances or fouling factors have not been accurately deter-
mined for very many fluids and metal combinations, yet
general practice is to “throw in a fouling factor.” This can be
disastrous to an otherwise good technical evaluation of the
expected performance of a unit. Actually, considerable
attention must be given to such values as the temperature
range, which affects the deposit, the metal surface (steel,
copper, nickel, etc.) as it affects the adherence of the
deposit, and the fluid velocity as it flows over the deposit or
else moves the material at such a velocity as to reduce the
scaling or fouling.

The percentage effect of the fouling factor on the effec-
tive overall heat transfer coefficient is considerably more on
units with the normally high value of a clean unfouled coef-
ficient than for one of low value. For example, a unit with a
clean overall coefficient of 400 when corrected for 0.003
total fouling ends up with an effective coefficient of 180, but
a unit with a clean coefficient of 60, when corrected for a
0.003 fouling allowance, shows an effective coefficient of
50.5 (see Figure 10-39).

Fouling factors as suggested by TEMA!Y" are shown in
Table 10-12. These values are predominantly for petroleum
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Figure 10-39. Chart for determining U-dirty from values of U-clean and the sum of tube-side and shell-side fouling resistances. Note: Factors
refer to outside surface. Fouling resistance is sum of (r; + r.), as hr-ft>-°F/Btu. (Used by permission: Standards of Tubular Exchanger Manufac-
turers Association ©1959 and 1968. Tubular Exchanger Manufacturers Association, Inc. All rights reserved.)

operations, although portions of the table are applicable to
general use and to petrochemical processes. In general,
some experience in petrochemical mixtures indicates the
values for certain waters, organic materials, and a few others
to be too low but not as high as suggested by Fair.* High val-
ues for some materials do not seem justified in the light of
normal process economics. Table 10-13 presents a selected
group of materials with suggested fouling factors. Other ref-

erences dealing with various types and conditions of heat
exchanger fouling include 145, 146, 147, 148, 149, 150, 151,
152, 153, 154, 155, 156, 157, and 158.

Nelson® presents data in Figure 10-40A on some fluids
showing the effects of velocity and temperature. Also see Fig-
ure 10-40B.

The fouling factors are applied as part of the overall heat
transfer coefficient to both the inside and outside of the
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Table 10-12
Guide to Fouling Resistances

RGP-T2.4 Design Fouling Resistances (hr-ft>-°F/Btu)

The purchaser should attempt to select an optimal fouling resistance that will result in 2 minimum sum of fixed, shut-
down and cleaning costs. The following tabulated values of fouling resistances allow for oversizing the heat exchanger
so that it will meet performance requirements with reasonable intervals between shutdowns and cleaning. These values
do not recognize the time related behavior of fouling with regard to specific design and operational characteristics of
particular heat exchangers.

Fouling Resistances For Industrial Fluids Fouling Resistances for Natural Gas-Gasoline Processing Streams
Oils: Gases and Vapors:
Fuel oil #2 0.002 Natural gas 0.001-0.002
Fuel oil #6 0.005 Overhead products 0.001-0.002
Erar?sformer o'il 0.001 Liquids:
ngine lube oil 0.001 i
Quench ol 0.004 Lean oil 0.002
' Rich oil 0.001-0.002
Gases and Vapors: Natural gasoline and liquefied petroleum gases  0.001-0.002
Manufactured gas 0.010 . . .
Engine exhaust gas 0.010 Fouling Resistances for Oil Refinery Streams
Steam (nonoil-be?r ing). 0.0005 Crude and Vacuum Unit Gases and Vapors:
Exhaust steam (oil-bearing) 0.0015-0.002 Atmospheric tower overhead vapors 0.001
Refrigerant vapors (oil-bearing) 0.002 Light Naphtha 0.001
Compressed air 0.001 Vacuum overhead vapors 0.002
Ammonia vapor 0.001
CO, vapor 0.001 Crude and Vacuum Liquids:
Chlorine vapor 0.002 Crude oil
Coal flue gas 0.010 0 to 250°F 250 to 350°F
Natural gas flue gas 0.005 velocity ft/sec velocity ft/sec
Liquids: <2 2-4 >4 <2 2-4 >4
Molten heat transfer salts 0.0005
- Lo DRY 0.003  0.002 0.002 0.003 0.002  0.002
Refrigerant liquids 0.001 SALT* 0.003 0.002 0.002 0.005 0.004 0.004
Hydraulic fluid 0.001 003 0002 0.002 0. : :
Industrial organic heat transfer media 0.002 350 to 450°F 450°F and more
Ammonia liquid 0.001 velocity ft/sec velocity ft/sec
Ammonia liquid (oil-bearing) 0.003
Calcium chloride solutions 0.003 <2 24 >4 <2 24 >4
Z%il‘l‘ir;‘uiglonde solutions 8'88? DRY  0.004 0.003 0.003 0.005 0.004 0.004
2 : &
Chlorine liquid 0.002 SALT* 0.006  0.005 0.005 0.007 0.006 0.006
Methanol solutions 0.002 *Assumes desalting @ approx. 250°F
Ethanol solutions 0.002
Ethylene glycol solutions 0.002 Gasoline 0.002
. . . . Naphtha and light distillates 0.002-0.003
Fouling Resistances for Chemical Processing Streams Kerosene 0.009-0.003
Light gas oil 0.002-0.003
Ga.ses and Vapors: Heavy gas oil 0.003-0.005
Acid gases 0.002-0.003 Heavy fuel oils 0.005-0.007
Solvent vapors 0.001
Stable overhead products 0.001 Asphalt and Residuum:
L Vacuum tower bottoms 0.010
Liquids: Atmosphere tower bottoms 0.007
MEA and DEA solutions 0.002
DEG and TEG solutions 0.002 Cracking and Coking Unit Streams:
Stable side draw and bottom product 0.001-0.002 Overhead vapors 0.002
Caustic solutions 0.002 Light cycle oil 0.002-0.003

Vegetable oils 0.003 Heavy cycle oil 0.003-0.004
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Fouling Resistances for Oil Refinery Streams (Continued)

Cracking and Coking Unit Streams (Continued)

Light coker gas oil 0.003-0.004
Heavy coker gas oil 0.004-0.005
Bottoms slurry oil (4.5 ft/sec min.) 0.003

Light liquid products 0.002
Catalytic Reforming, Hydrocracking,

and Hydrodesulfurization Streams:

Reformer charge 0.0015
Reformer effluent 0.0015
Hydrocracker charge and effluent* 0.002
Recycle gas 0.001
Hydrodesulfurization charge and effluent* 0.002
Overhead vapors 0.001
Liquid product greater than 50°A.P.I. 0.001
Liquid product 30-50°A.P.I. 0.002

*Depending on charge, characteristics and storage

resistance may be many times this value.

Light Ends Processing Streams:

history, charge

Overhead vapors and gases 0.001
Liquid products 0.001
Absorption oils 0.002-0.003
Alkylation trace acid streams 0.002
Reboiler streams 0.002-0.003
Lube Oil Processing Streams:

Feed stock 0.002
Solvent feed mix 0.002
Solvent 0.001
Extract* 0.003
Raffinate 0.001
Asphalt 0.005

Wax slurries™* 0.003
Refined lube oil 0.001

*Precautions must be taken to prevent wax deposition on cold tube walls.

Visbreaker:

Overhead vapor 0.003
Visbreaker bottoms 0.010
Naphtha Hydrotreater:

Feed 0.003
Effluent 0.002
Naphtha 0.002
Overhead vapors 0.0015

81
Catalytic Hydro Desulfurizer:
Charge 0.004-0.005
Effluent 0.002
H.T. sep. overhead 0.002
Stripper charge 0.003
Liquid products 0.002
HF Alky Unit:
Alkylate, deprop. bottoms, main fract. 0.003
overhead, main fract. feed
All other process streams 0.002
Fouling Resistances for Water
Temperature of Up to 240°F 240 to 400°F
Heating Medium
Temperature of Water 125° More Than 125°
Water Velocity Water Velocity
Ft/Sec Ft/Sec
3 and More 3 and More
Less  Than3 Less Than 3
Sea water 0.0005  0.0005  0.001 0.001
Brackish water 0.002 0.001 0.003 0.002
Cooling tower
and artificial
spray pond:
Treated makeup 0.001 0.001 0.002 0.002
Untreated 0.003 0.003 0.005 0.004
City or well water 0.001 0.001 0.002 0.002
River water:
Minimum 0.002 0.001 0.003 0.002
Average 0.003 0.002 0.004 0.003
Muddy or silty 0.003 0.002 0.004 0.003
Hard (more than
15 grains/gal) 0.003 0.003 0.005 0.005
Engine jacket 0.001 0.001 0.001 0.001
Distilled or closed
cycle
Condensate 0.0005  0.0005  0.0005  0.0005
Treated boiler
feedwater 0.001 0.0005  0.001 0.001
Boiler blowdown 0.002 0.002 0.002 0.002

If the heating medium temperature is more than 400°F and the cooling
medium is known to scale, these ratings should be modified accordingly.

(Used by permission: Standards of Tubular Exchanger Manufacturers Association, Inc., Section 10, RGP T-2.32 and T-2.4, ©1988. Tubular Exchanger

Manufacturers Association, Inc.)

heat transfer surface using the factor that applies to the
appropriate material or fluid. As a rule, the fouling factors
are applied without correcting for the inside diameter to
outside diameter, because these differences are not known
to any great degree of accuracy.

For fouling resistances of significant magnitude, a correc-
tion is usually made to convert all values to the outside sur-
face of the tube; see Equation 10-37. Sometimes only one
factor is selected to represent both sides of the transfer foul-
ing films or scales.
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Table 10-13
Suggested Fouling Factors in Petrochemical Processes

r = (hr) (f) (°F)/Btu

Temperature Range
Fluid Velocity, Ft/Sec ~ <100°F >100°F
Waters:
Sea (limited to 125°F max.) <4 0.002 0.003
>7 0.0015 0.002
River (settled) <2 0.002 0.002-0.003
>4 0.0005-0.0015 0.001-0.0025
River (treated and settled) <2 0.0015 0.002
>4 0.001 0.0015
4 mils baked phenolic coating® 0.0005
15 mils vinyl-aluminum coating 0.001
Condensate (100°-300°F) <2 0.001 0.002-0.0004
>4 0.0005 0.001

Steam (saturated) oil free
with traces oil
Light hydrocarbon liquids

(methane, ethane, propane,

ethylene, propylene, butane-clean)

Light hydrocarbon vapors: (clean)
Chlorinated hydrocarbons
(carbon tetrachloride,
chloroform, ethylene dichloride,
etc.)
Liquid
Condensing
Boiling
Refrigerants (vapor condensing
and liquid cooling)
Ammonia
Propylene
Chloro-fluoro-refrigerants
Caustic liquid, saltfree
20% (steel tube)
50% (nickel tube)
73% (nickel tube)
Gases (industrially clean)
Air (atmos.)
Air (compressed)
Flue gases
Nitrogen
Hydrogen
Hydrogen (saturated with water)

Polymerizable vapors with inhibitor

High temperature cracking or
coking, polymer buildup
Salt brines
(125°F max.)

Carbon dioxide”

(sublimed at low temp.)

0.001
0.001
0.002

3-8
6-9
6-9

<2 0.003
>4 0.002

0.0005-0.0015
0.001-0.002

0.001

0.002
0.0015
0.002

0.001
0.001
0.001

0.0005
0.001
0.001

0.0005-0.001

0.001

0.001-0.003

0.0005
0.0005
0.002
0.003-0.03

0.02-0.06

0.004
0.003

0.2-0.3

In the tables the representative or typical fouling resis-
tances are referenced to the surface of the exchanger on
which the fouling occurs—that is, the inside or outside
tubes. Unless specific plant/equipment data represents the
fouling in question, the estimates in the listed tables are a
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Figure 10-40A. Fouling factors as a function of temperature and
velocity. (Used by permission: W. L. Nelson, No. 94 in series, Oil and
Gas Journal. ©PennWell Publishing Company.)

reasonable starting point. It is not wise to keep adjusting the
estimated (or other) fouling to achieve a specific overall
heat transfer coefficient, U, which is the next topic to be dis-
cussed.

Fouling generally can be kept to a minimum provided
that proper and consistent cleaning of the surface takes
place. Kern®” discusses fouling limits. Inside tubes may be
rodded, brushed, or chemically cleaned, and most outside
tube surfaces in a shell can be cleaned only by chemical or
by hydraulic/corncob external cleaning or rodding/
brushing between tube lanes provided that the shell is
removable as in Figures 10-1A, 10-1B, 10-1D-F, 10-11, and
10-1K.

Unless a manufacturer/fabricator is guaranteeing the per-
formance of an exchanger in a specific process service, they
cannot and most likely will not accept responsibility for the
fouling effects on the heat transfer surface. Therefore, the
owner must expect to specify a value to use in the thermal
design of the equipment. This value must be determined
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Figure 10-40B. Fouling resistance for various conditions of surface fouling on heat exchanger surfaces. Thermal resistance of typical uniform
deposits. Note that the abscissa reads for either the inside, r;, or outside, r,, fouling resistance of the bulidup of the resistance layer or film on/in
the tube surface. (Used by permission: Standards of Tubular Exchanger Manufacturers Association, 6" Ed, p. 138, © 1978. Tubular Exchanger

Manufacturers Association, Inc. All rights reserved.)

with considerable examination of the fouling range, both
inside and outside of the tubes, and by determining the
effects these have on the surface area requirements. Just a
large unit may not be the proper answer. Fouling of the tube
surfaces is usually expressed!'”” as follows:

r, = fouling resistance on outside of tube,

(hr)(°F)(ft? outside surface)
(Btu)

r; = fouling resistance on inside of tube,
(hr)(°F)(ft? inside surface)
(Btu)

Fouling of the tube surfaces (inside and/or outside) can
be an important consideration in the economical and ther-
mal design of a heat exchanger. Most fouling can be catego-
rized by the following characteristics.'”” Note that biological
fouling is not included.

® Linear
e Falling-rate
¢ Asymptotic

Essentially all three of these types are time-dependent
regarding the buildup or increase in the thickness and/or

density of the fouling material. These authors!'¥ suggest the
need for specific time-dependent data to better define foul-
ing, and they propose calculation techniques but no actual
physical data. If the time required to reach a certain level of
fouling is measured or observed operationally, then clean-
ing maintenance schedules can be better coordinated by
considering production downtime, rather than having the
need to improve the heat transfer become a surprise or
“crater” situation.
Epstein'*- 1 Jists six types of fouling:

* Precipitation or scaling fouling: precipitation on hot
surfaces or due to inverse solubility.

e Particulate fouling: suspended particles settle on heat
transfer surface.

¢ Chemical reaction fouling: deposits formed by chemical
reaction in the fluid system.

¢ Corrosion fouling: corrosion products produced by a
reaction between fluid and heat transfer surface, and
tube surface becomes fouled.

¢ Solidification fouling: liquid and/or its components in
liquid solution solidify on tube surface.

¢ Biological fouling: biological organisms attach to heat
transfer surface and build a surface to prevent good
fluid contact with the tube surface.
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Many cooling waters have inverse solubility characteristics
due to dissolved salt compounds (organic and inorganic);
others carry suspended solids that deposit on the tube at low-
flowing velocities (<2 ft/sec). Biological fouling usually does
not occur and is not a serious problem in most plant waters
that are treated with biocides. Inverse solubility of dissolved
salts in water occurs when the water contacts warm surfaces
and the salts deposit on the tube surfaces'. Do not design
an exchanger by selecting a fouling resistance that has not
fully developed, but rather select a value that has stabilized
over a period of time, see Figure 10-41. It is also quite impor-
tant to appreciate that fluid velocity often affects the fouling
material thickness and hence its ultimate value for
exchanger design; note Tables 10-12 and 10-13 and Figure
10-42 as examples for some waters.'* Although TEMA!'” pre-
sents suggested fouling resistances, 1, these are average values
to consider and do not identify the actual effects of hot sur-
faces, fluid velocity, or composition of the deposited film,
solid suspension, or other scale. Thus, the designer must
establish from usually meager data (if any) the fouling resis-
tances to use in an actual design, and often only through
experience. Some field plant operating performance can aid
in establishing the ultimate magnitude of the fouling. Knud-
sen'* reports useful data in Chenoweth!*? and Koenigs.'*!

Zanker'® has presented a graphical technique for deter-
mining the fouling resistance (factor) for process or water
fluid systems based on selected or plant data measurements,
as shown in Figures 10-43A, 10-43B, and 10-43C. The design
determination procedure presented by Zanker'* is quoted
here and used by permission from Hydrocarbon Processing

Ry® = 2.1 med - B w100
Tima Corgiani = FF houm

COMMNTIONS

W owm R me 00 fie
Ty = 344 K 180°F)

pH = A&

4.5 gL ek o st b
56 gL orifophosphite

T
-
4
-
4
F |

A i .l

Figure 10-41. For many cooling waters, the fouling resistance
increases rapidly, then decreases, and finally approaches an asymp-
totic value. (Used by permission: Knudsen, J. G., Chemical Engineer-
ing Progress. V. 87, No. 4, ©1991. American Institute of Chemical
Engineers. All rights reserved.)

©1978 by Gulf Publishing Company, all rights reserved. It is
based on: R, = R* (1 — e ®T). The asymptotic value, R*¥, is
the expected fouling resistance after operating at time 0,
and is the value proposed for the use in design.

“In order to use these nomographs two sets of data have
to be known: t;, R;, and t,, R,.

Prior to using these nomographs, the auxiliary values
have to be computed:

0 = t/ttanda — R;/R,

The following steps are used with the nomograph Part 1,
Figure 10-43A.

Find the intersecting point of the curves of known values
of 6 and o on the grid in the center of nomograph.

Interpolate if necessary; mark this point A.

2) Connect Point A, with a ruler, to the known value of 0
on the “primary scale.” Extend this line up to the
intersecting point with the Y scale. (Read the Y value as
an intermediate result).

3) Connect the Yvalue, with a ruler, to the known value of
R, on the appropriate scale.

Read the final result, R¥, at the intersection point of the
line with the oblique R* scale.

The following steps are used with nomograph Part 2 (Fig-
ure 10-43B).

CONDITIONS
PpH= 1.0

30 g/l elpGiE b
& g/l zins

Tom 335 K [ T457F]

| 7,=328 K (130

Figure 10-42. It is important to understand the relationships among
velocity, surface temperature, and fouling resistance for a given
exchanger. (Used by permission: Knudsen, J. G., Chemical Engineer-
ing Progress. V. 87, No. 4, ©1991. American Institute of Chemical
Engineers. All rights reserved.)
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Figure 10-43A. Predict fouling by nomograph, Part 1. Calculation of R* value for fouling factor; use in conjunction with Figures 10-43B and 10-43C.
(Used by permission: Zanker, A., Hydrocarbon Processing. March 1978, p. 146. ©Gulf Publishing Company, Houston, Texas. All rights reserved.)
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Figure 10-43B. Fouling Nomograph, Part 2. Calculation of B Value for
fouling factor; use with Figures 10-43A and 10-43C. (Used by permis-
sion: Zanker, A., Hydrocarbon Processing. March 1978,
p. 147. ©Gulf Publishing Company, Houston, Texas., All rights reserved.)

1) Connect, with a ruler, the known values of Y (found by
means of Nomograph, Part 1) and t,.

2) Read the final result, B, at the intersection point with
the central B scale.

After using both nomographs, the constants R* and B are
known, and equation can be solved with R, as the unknown.

It has to be emphasized that the units of t and B are oppo-
site (reciprocals). If tis in days, then B is in days™.

The Nomograph Part 3 (Figure 10-43C) may be used in a
number of ways. For example, what will the fouling resis-
tance, R, be after an arbitrarily chosen time, t, or it can cal-
culate the thickness of a fouling deposit after an arbitrarily
chosen time t, providing the thermal conductivity of the
deposited material is known. It can calculate thermal con-
ductivity of a deposit, providing thickness is known, or esti-
mated.

And, finally, it can answer: after how much time will the
fouling resistance achieve a desired percentage of the
asymptotic fouling value, R*?
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Figure 10-43C. Fouling Nomograph, Part 3. Final and practical calculation for fouling factor; use in conjunction with Figures 10-43A and 10-43B.
(Used by permission: Zanker, A., Hydrocarbon Processing. March 1978, p. 148. ©Gulf Publishing Company, Houston, Texas. All rights reserved.)

The simplest calculation is to find the unknown fouling
resistance after a time t. For this purpose, the nomograph is
used as follows:

1) Connect, with a ruler, the known values of B and t on
the appropriate scales. Extend this line up to the inter-
section point with Reference Line 1. Mark this Point A.
Transfer Point A from Reference Line 1 to Reference
Line 2, using the oblique tie-lines as a guide. Mark A'
the transferred point.

Connect Point A!, with a ruler, to the known value of R*
on the appropriate scale. Extend this line up to the
intersection with the R, scale.

Read the final resull, R, at this intersecting point.

If the thickness of deposit X, is the desired value, and
the conductivity, K is known, connect with a ruler the
value of R, to the known value of K on the appropriate
scale and read the thickness X, at the intersection point of
this line with the X, scale. Conversely, if the thickness X,
is known and the value of conductivity is desired, it can
be easily found.

2)

3)

4)

The Nomograph Part 3 may also be used to predict when
the fouling resistance will reach an appropriate percentage
of the asymptotic R* value, or any desired R value.

The procedure for this purpose is as follows:

1) Find the desired or calculated R value on the R, scale
and connect it with the known value of R* on the R*
scale; extend this line up to the intersection with
Reference Line 2. Mark this Point Al.

Transfer Point A! from Reference Line 2 to Reference
Line 1 using the oblique tie-lines as a guide. Mark the
transferred Point A.

Connect Point A to the known value of B on the
appropriate scale.

2)

3)

Read the final result, t, at the intersection point of this
line with the t scale.

where
R, = Fouling resistance at time T, (hr) (ft®) (°F)/Btu
R* = Asymptotic value of fouling resistance,
(hr) (ft%) (°F)/Btu
t = Time, corresponding to the fouling resistance, R,
(any units)
B = Constant, describing the rate of fouling, (any time
units)™ (the constant B, is measured in the reciprocals
of the same time units, as t)
e = Base of natural logarithms, (2.71821). As a simplifica-
tion it is assumed that:

R =X/K



Heat Transfer

X, = Thickness or deposit formed at time t (ft)
K = Thermal conductivity of deposited material,
(Btu/ (hr) (ft) (°F).”

Ganapathy'** presents a working chart, Figure 10-44, to
plot actual operating U, values to allow projection back to
infinity and to establish the “base” fouling factor after the
operating elapsed time. Note that the flow rate inside or out
side the tubes is plotted against the overall coefficient, U.
For a heat exchanger in which gas flows inside the tubes.'**

1)U = AW + B (10-35)

and for gas flowing over or outside plain or finned tubes:

1/U = AW % + B (10-36)
where
U = overall heat transfer coefficient, Btu/ (hr) (ft?) (°F)
W = flow rate of the fluid controlling the heat transfer,
Ib/hr
B = constant, equal to fouling factor at infinity flow rate
F or ff = fouling factor

As the value of B or the fouling factor increases with time,
the engineer can determine when the condition will
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approach that time when cleaning of the exchanger is
required. Gas flows are used because usually the gas film
controls in a gas-liquid exchanger.

Overall Heat Transfer Coefficients for Plain
or Bare Tubes

The overall heat transfer coefficient as used in the rela-
tionship Q = UA At is the sum of the individual coefficient
of heat transfer for the (a) fluid film inside the tube, (b)
scale or fouling film inside the tube, (c) tube wall, (d) scale
or fouling film outside the tube, and (e) fluid film outside
the tube. These must each be individually established when
making a new design, or they may be grouped together as U
when obtaining data on an existing unit.

Najjar, Bell, and Maddox'® studied the influence of phys-
ical property data on calculated heat transfer film coeffi-
cients and concluded that accurate fluid property data is
extremely important when calculating heat transfer coeffi-
cients using the relationships offered by Dittus-Boelter,
Sieder-Tate, and Petukhov. Therefore, the designer must
strive to arrive at good consistent physical/thermal property
data for these calculations.

Figure 10-28 illustrates the factors affecting the overall
heat transfer expressed in equation form:

B=~ff U
0.286 1 3.5
0.25-1-4
0.222-14.5
0.25
0.182-1°5.5
0.167 76 * e After 16 mo.
0.154 1-6.5 ’
0.143+17 After 6 mo.
Clean
0.12518
0.1119
0.10110
09111
.0825112
.067F 15
056118 "
051 29,/;ﬁ§a"”
08227 500 _ -
03—+ ///V o
_02:_/// L”/ W, 1,000 Ib/h
.01 :~/,/’{' 200 1(l)0 70 50 410 30 2|0 15 110 Gas outside tubes
0 T L 1 bt T ) T T T T T
> 500 200 100 70 50 40 30 25 20 17 15 Gas inside tubes
W, 1,000 Ib/h

Figure 10-44. Keep track of fouling by monitoring the overall heat transfer coefficient as a function of flow rate. (Used by permission: Ganapa-
thy, V., Chemical Engineering, Aug. 6, 1984, p. 94. ©McGraw-Hill, Inc. All rights reserved.)
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U, = ! (10-37)
e D
—+r,+tr,| — )+t — |+
}10 [Xavg f\i Il <‘f§i>
\A,
where
U, = overall heat transfer coefficient corrected for fouling
conditions, Btu/hr (ft?) (°F), and referenced to out-
side tube surface area
h, = film coefficient of fluid on outside of tube,
Btu/hr (ft%) (°F)
h, = film coefficient of fluid on inside of tube,

Btu/hr (ft?) (°F)
, = fouling resistance (factor) associated with fluid on
outside of tube, hr (ft?) (°F)/Btu
= fouling resistance (factor) associated with fluid on
inside of tube, hr (ft?) (°F)/Btu

*r, = resistance of tube wall = L /k,, hr (f%) (°F.) /Btu

t = L, = thickness of tube wall, in. or ft, as consistent
**k, = thermal conductivity of material of tube wall, (Btu-
fo) /[ (hr) (f¢) (°F)]

A, = outside area of unit length of tube, ft*/ft, Table 10-3
inside area of unit length of tube, ft*/ft, Table 10-3
A,,, = average of inside and outside tube area for unit

length, ft®/ft
Note: Btu/ (hr) (f%) (°F/ft) = 12 Btu/ (hr) (f®) (°F/in.)
At = corrected mean temperature difference, °F
A, = A = total required net effective outside heat transfer
surface referenced to tube length measured between
inside dimensions between tubesheets
r,, = resistance of tube wall referred to outside surface of
tube wall, including extended surface, if present'”’

—

i

>
I
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*r, = also for bare tubes: reference,

d { (d) }
[ ln [
24k (d — 2t)

(hr) (°F) (ft* outside surface) /Btu
d = O.D. bare tube (or, root diameter of fin tube), in.
t = tube wall thickness, in.
N = number of fins/in.

##* K = k = thermal conductivity, Btu ft/ (hr) (ft?) (°F)
(Note the difference in units.) For conversion,
see Table 10-13A.

w = fin height, in.
In = natural logarithm
#* = must be consistent units, also *

For integral circumferentially finned tubes:!?”

ot [d + 2Nw(d + w)]
AT (d—1) (10-38)

In actual exchanger operational practice, the U values at
the hot and cold terminals of the heat exchanger are not the
same and can be significantly different if evaluated only at
the spot conditions. In order to obtain an overall coefficient
U that represents the transfer of heat throughout the
exchanger, the U should be evaluated at the caloric temper-
ature for physical properties and individual film coefficients

of the fluids. Often, bulk average temperatures are used, but
these may not be sufficiently accurate. Film coefficients
should be more accurately evaluated at or close to the tube wall
temperatures.

The ratio multiplier, A, /A, is usually omitted for general
process design from the r; factor for inside fouling. For thin-
walled (18-12 ga) and highly conductive metal tubes, such as
high copper alloys, the resistance of the tube wall can usually
be omitted with little, if any, significant effect on U. Each of
these omissions should be looked at in the light of the prob-
lem and not as a blind rule. It is important to appreciate that
the tube wall resistance of such useful tube wall materials as
Teflon® and other plastics, Karbate® and other impervious
graphites, glass, plastic-lined steel, and even some exotic met-
als, etc., cannot be omitted as they are usually sufficiently
thick as to have a significant impact. Refer to Table 10-13A
for thermal conductivity, k, values for many common metal
tubes and allow a calculation of r,,, tube wall resistance. Note
that the conversion for thermal conductivity is

Btu Btu

) CFm) 0% = R
and Btu/ (hr) (ft) (°F) = Btu-ft/ (hr) (ft?) (°F)

(10-39)

Table 10-14 tabulates a few unusual and useful thermal
conductivity data.

Note that individual heat transfer coefficients are not
additive, but their reciprocals, or resistances, are

1 1 (AO) 1
=t | )+
\4A,

U h, Aug
1/h, = resistance of outside fluid film
1/h; = resistance of inside fluid film

(10-40)

Sometimes one of the fluid-side scale resistances can be
neglected or assumed to be so small as to be of little value, in
which case only the significant resistances and/or film coef-
ficients need to be used in arriving at the overall coefficient,
U. Note that A, A;, and Aavg can be substituted by d,, d;, and
d,,, respectively. Theoretically, d,,, and A,,, should be the
logarithmic average, but for most practical cases, the use of
the arithmetic average is completely satisfactory.

Recognize that only the heat that flows through the sum
of all the resistances can flow through any one resistance
considered individually, even though by itself, a resistance
may be capable of conducting or transferring more heat.

Film coefficients defined on an inside tube surface area
basis when converted to the larger outside surface area
become

n(3) ()
io — Mi 1%0 - M (io

(10-41)
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Table 10-13A
Metal Resistance of Tubes and Pipes

Value of r,,
Thermal
Conductivity, K 25 63 89 21 17 14.6 238 34.4 85 10 57.7
4-6%
Red Chrome
Brass, /4 % Moly Stainless Yorkalbro,

oD Carbon 45% Ars. Steel 80-20  70-30 Copper AISI Type  Alum.
Tube Gauge Factor Steel Admiralty Copper CU-NI CU-NI Monel 99.9+ % CU Nickel Aluminum 302 & 304 Brass
°/¢ in. 18 .00443 .000177 .000070 .000050 .000211 .000261 .000303 .000019 .000129 .000052 .000443 .000077
16 .00605 .000242 .000096 .000068 .000288 .000356 .000414 .000025 .000176 .000071 .000605 .000105
14 .00798 .000319 .000127 .000090 .000380 .000469 .000547 .000034 .000232 .000094 .000798 .000138
18 .00437 .000175 .000069 .000049 .000208 .000257 .000299 .000018 .000127 .000051 .000437  .000076
16 .00593 .000237 .000094 .000067 .000282 .000349 .000406 .000025 .000172 .000070 .000593 .000103
3/, in. 14 .00778 .000311 .000123 .000087 .000370 .000458 .000533 .000033 .000226 .000092 .000778 .000135
13 .00907 .000363 .000144 .000102 .000432 .000534 .000621 .000038 .000264 .000107 .000907  .000157
12 .01063 .000425 .000169 .000119 .000506  .000625 .000728 .000045 .000309 .000125 .001063 .000184
18 .00429 .000172 .000068 .000048 .000204  .000252 .000294 .000018 .000125 .000050 .000429 .000074
16 .00579 .000232 .000092 .000065 000276 .000341 .000397 .000024 .000168 .000068 .000579 .000100
1in. 14 .00754 .000302 .000120 .000085 .000359 .000444 .000516 .000032 .000219 .000089 .000754  .000131
13 .00875 .000350 .000139 .000098 .000417 .000515 .000599 .000037 .000254 .000103 .000875 .000152
12 .01019 .000408 .000162 .000114 .000485 .000599 .000698 .000043 .000296 .000120 .001019 .000177
10 .01289 .000516 .000205 .000145 .000614  .000758 .000883 .000054 .000375 .000152 .001289 .000223
8 01647 .000659 .000261 .000185 .000784  .000967 .001128 .000069 .000479 .000194 001647  .000285
18 .00425 .000170 .000067 .000048 .000202 .000250 .000291 .000018 .000124 .000050 .000425 .000074
16 .00571 .000228 .000091 .000064 .000272 .000336 .000391 .000024 .000166 .000067 .000571 .000099
1/, in. 14 .00741 .000296 .000118 .000083 .000353 .000436 .000508 .000031 .000215 .000087 .000741 .000128
13 .00857 .000343 .000136 .000096 .000408 .000504 .000587 .000036 .000249 .000101 .000857  .000149
12 .00995 .000398 .000158 .000112 .000474  .000585 .000682 .00042 .000289 .000117 .000995 .000172
10 .01251 .000500 .000199 .000141 .000596  .000736 .000857 .000053 .000364 .000147 001251 000217
8 .01584 .000634 .000251 .000178 .000754  .000932 .001085 .000067 .000460 .000186 .001584  .000275
18 .00422 .000169 .000067 .000047 .000201 .000248 .000289 .000018 .000123 .000050 .000422 .000073
16 .00566 .000226 .000090 .000064 .000270 .000333 .000388 1000024 .000165 .000067 .000566  .000098
1/, in. 14 00732 .000293 .000116 .000082 .000349 .000431 .000501 .000031 .000213 .000086 .000732 .000127
13 .00845 .000338 .00134 .000095 .000402 .000497 .000579 .000036 .000246 .000099 .000845 .000146
12 .00979 .000392 .000155 .000110 .000466  .000576 000671 .000041 .000285 .000115 .000979 .000170
10 .01226 .000490 .000195 .000138 .000584  .000721 .000840 .000052 .000356 .000144 001226  .000212
8 .01545 .000618 .000245 .000174 .000736  .000909 .001058 .000065 .000449 .000182 .001545 .000268
18 .00419 .000168 .000067 .000047 .000200 .00246 .000287 .000018 .000122 .000049 .000419 .000073
16 .00560 .000224 .000089 .000063 .000267 .000329 .000384 .000024 .000163 .000066 .000560  .000097
2 in. 14 00722 000289 .000115 .000081 .000344 000425 .000495 .000030 .000210 .000085 000722 .000125
13 .00831 .000332 .000132 .000093 .000396  .000489 .000569 .000035 .000242 .000098 .000832 .000144
12 .00961 .000384 .000153 .000108 .000458 .000565 .000658 .000040 .000279 .000113 .000961 .000167
10 .01197 .000479 .000190 .000134 .000570 .000704 .000820 .000050 .000348 .000141 .001197  .000207
8 .01499 .000600 .000238 .000168 .000714  .000882 .001027 .000063 .000436 .000176 .001499 .000260

Pipe
3/, in. St'd .01055 .000422 .000167 .000119 .000502 .000621 .000723 .000044 .000307 .000124 .001055 .000183
IPS X Hvy .01504 .000602 .000239 .000169 .000716  .000885 .001030 .000063 .000437 .000177 .001504  .000261
Sch. 160 .0229 .000916 .000363 .000257 .001090 .001347 .00157 .000096 .000666 .000269 .00229 .000397
XX Hvy .0363 .00145 .000576 .000408 .00173 .00214 .00249 .000153 .001055 000427 .00363 .000629

Pipe
11/, in. St'd .01308 .000523 .000208 .000147 .000623 .000769 .000896 .000055 .000380 .000154 .001308 .000227
IPS X Hvy .01863 .000745 000296 .000209 .000887  .001096 1001276 .000078 .000542 .000219 .001863 1000323
Sch. 160 0275 .00110 .000437 .000309 .00131 .00162 .00188 .000116 .000799 .000324 .00275 .000477
XX Hvy 0422 .00169 .000670 .000474 .00201 .00248 .00289 .000177 .001227 .000496 00422 .000731

r, for 1in. O.D. 16 BWG steel tube with 18 BWG admiralty liner = .00031
For other materials, divide factor number by the thermal conductivity of various materials:

60-40 Brass ........cceenuen. 55 Chrome Vanadium Steel Tin oo 35 Everdur #50.................
ZINC o 64 SAE 6120......ccoiiiiiiiiiiiinns 23.2 Lead.....ccoooviinnnnns 20 Wrought Iron ....
1 Alcunic...

Kin Btu/(hr)(f?)(°F/ft) r,in m Used by permission: Griscom-Russell/Ecolaire Corporation.
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Table 10-13B
Preliminary Design Resistances

Basis: Pressures Used in Commercial Fractionations

Heating Side, r,,' Clean Service
Condensing steam 0.0005 0.0010
Cooling hot water 0.0025 0.0045
Cooling hot oil 0.0080 0.0100

Combustion gases * *

Boiling Side, ' Clean Service
Cy—C, hydrocarbons 0.0030 0.0040
Gasoline and naphthas 0.0050 0.0060
Aromatics 0.0030 0.0040
Cy—C; alcohols 0.0030 0.0040
Chlorinated hydrocarbons 0.0040 0.0070
Water (atm. pressure) 0.0015 0.0025
*For direct-fired reboilers, estimate area on basis of heat flux:
Radiant zone q/A = 10,000 Btu/ (hr) (ft%) (°F)
Convection zone q/A = 3,500 Btu/ (hr) (ft?) (°F)

Used by permission: Fair, J. R., Petrolewm Refiner. Feb. 1960, reference 45.
©Gulf Publishing Company, Houston, Texas. All rights reserved.

Table 10-14
Thermal Conductivity—Special Materials

Material k, Btu/ (hr) (fe2) (°F)/(ft)
Carbon 3

Graphite 90

Karbate®, carbon base 3

Karbate®, graphite base 80

Teflon® 0.11

Glass (chemical resistant) 6.9

*To convert to Btu/ (hr) (ft*) (°F)/(in.), multiply by 12.
To convert to gram calories/ (sec) (cm?) (°C)/(cm), multiply by 0.004134.

This value is then used to represent the film coefficient
equivalent to the converted inside coefficient, as h;,.

Figure 10-45 is convenient for solving for a clean U using
known or estimated film coefficients only.

Example 10-8. Calculation of Overall Heat Transfer
Coefficient from Individual Components

An exchanger has been examined, and the following indi-
vidual coefficients and resistances determined. What is the
overall coefficient of heat transfer referenced to outside
coefficients? (Methods for determining these film coeffi-
cients are given later).

Film coefficient outside tube, h, = 175
Film coefficient inside tube, h; = 600

Fouling factor outside tube, r, = 0.001

Fouling factor inside tube, r; = 0.0025

Tube wall 1 in.—16 ga, Admiralty, 0.065-in. thick,
k, = 768 Btu/ (ft?) (hr)/(°F)/(in.)

Inside area/ft = A, = 0.2278 ft*/ft

Outside area/ft = A, = 0.2618 fi?/ft

1

1 5
—— + 0.001 + + 0.0025 +

175 768
600(0.2278)
0.2618

1

U
°0.00571 + .001 + 0.0000846 + 0.0025 + 0.00192
U, = 1/0.01121 = 89.1 Btu/hr (ft®) (°F)

Note the relative effects of the tube wall resistance when
compared to the fouling factors in this case.

Approximate Values for Overall Coefficients

Various fluid heat transfer operations can be characterized
in a general way by values of the overall coefficient, U. The val-
ues given in Perry cannot be allinclusive for every situation.
However, they are suitable for use in estimating exchanger
performance and in checking (approximately) the calculated
values and similar nonexact comparisons. Table 10-15 lists a
variety of applications and the corresponding overall U values
and fouling factors. In general, these units have performed
without difficulty, although the questions that cannot be
answered are whether they may have been too large or how
much too large they may have been.

Tables 10-16, 10-17, 10-18, and 10-18A give general esti-
mating overall coefficients, and Table 10-19 gives the range
of a few common film coefficients. Table 10-20 illustrates the
effect of tube-wall resistance for some special construction
materials. Table 10-20A lists estimating coefficients for glass-
lined vessels. Also see Reference 215. See Table 10-24 for
suggested water rates inside tubes.

For steam jacketed, agitated closed reactor kettles, the over-
all U usually will range from 40-60 Btu/hr (ft?) (°F). Of course,
the significant variables are the degree or type of internal wall
turbulence and the viscosity and thermal characteristics of the
internal fluid. For water or other liquid cooling in the reactor
jacket, the U value usually ranges from 20-30.

For duPont’s Teflon® tube (!/,-in. diameter) heat exchang-
ers (Figure 10-8) for condensing, heating, and cooling
service, the U values range from 15-35. Little or no fouling
occurs on the Teflon® surface.

Figure 10-39 presents the effect of total fouling on the
overall coefficient. For example, if a clean nonfouled coeffi-
cient is corrected to the fouled condition by one overall
fouling factor, the effect of changing the expected amount
of fouling to another value can be readily determined.
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Figure 10-45. Chart for determining U-clean from tube-side and shell-side fluid film coefficients; no fouling included. Note: s = shell side, t = tube-side. (Used by permission:
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Table 10-15
Overall Coefficients in Typical Petrochemical Applications

U, Overall Coefficient, Btu/ (hr) (ft?) (°F)

Overall Estimated Fouling
In Outside Type Velocities, Ft/Sec Coeffi- Temp. Over-
Tubes Tubes Equipment Tube Shell cient Range, °F Tube Shell all
A. Heating-Cooling
Butadiene mix. (super-heating) Steam H 25-35 12 400-100 0.04
Solvent Solvent H 1.0-1.8 35-40 110-30 0.0065
Solvent Propylene (vaporization) K 1-2 30-40 40-0 0.006
C, unsaturates Propylene (vaporization) K 20-40 13-18 100-35 - . 0.005
Solvent Chilled water H 35-75 115-40 0.003 0.001
Oil Oil H 60-85 150-100 0.0015 0.0015
Ethylene-vapor Condensate and vapor K 90-125 600-200 0.002 0.001
Ethylene vapor Chilled water H 50-80 270-100 0.001 0.001
Condensate Propylene (refrigerant) K-U 60-135 60-30 0.001 0.001
Chilled water Transformer oil H 40-75 75-50 0.001 0.001
Calcium brine-25% Chlorinated C, H 1-2 0.5-1.0 40-60 —20-+10 0.002 0.005 .
Ethylene liquid Ethylene vapor K-U 10-20 —170-(—100) 0.002
Propane vapor Propane liquid H 6-15 —25-100 - R 0.002
Lights and chlor. HC Steam 18 12-30 —30-260 0.001 0.001
Unsat. light HC, CO, CO,, H, Steam H 10-2 400-100 - - 0.3
Ethanolamine Steam 15-25 400-40 0.001 0.001
Steam Air mixture U 10-20 —30-220 0.0005 0.0015
Steam Styrene and tars U (in tank) 50-60 190-230 0.001 0.002
Chilled water Freon-12 H 4-7 100-130 90-25 0.001 0.001
Water* Lean copper solvent H 4-5 100-120 180-90 0.004
Water Treated water H 3-5 1-2 100-125 90-110 . S 0.005
Water Cy-chlor. HC, lights H 2-3 6-10 360-100 0.002 0.001
Water Hydrogen chloride H 7-15 230-90 0.002 0.001
Water Heavy Cy-chlor. H 45-30 300-90 0.001 0.001
Water Perchlorethylene H 55-35 150-90 0.001 0.001
Water Air and water vapor H 20-35 370-90 0.0015 0.0015
Water Engine jacket water H 230-160 175-90 0.0015 0.001
Water Absorption oil H 80-115 130-90 0.0015 0.001
Water Air-chlorine U 4-7 8-18 250-90 . - 0.005
Water Treated water H 5-7 170-225 200-90 0.001 0.001
B. Condensing
C, unsat. Propylene refrig. K v 58-68 60-35 0.005
HC unsat. lights Propylene refrig. K v 50-60 45-3 0.0055
Butadiene Propylene refrig. K v 65-80 20-35 - L. 0.004
Hydrogen chloride Propylene refrig. H 110-60 0-15 0.012 0.001
Lights and chloro-ethanes Propylene refrig. KU 15-25 130-(—20) 0.002 0.001
Ethylene Propylene refrig. KU 60-90 120-(—10) 0.001 0.001
Unsat. Chloro HC Water H 7-8 90-120 145-90 0.002 0.001
Unsat. Chloro HC Water H 3— 180-140 110-90 0.001 0.001
Unsat. Chloro HC Water H 6 15-25 130-(—20) 0.002 0.001
Chloro-HC Water KU 20-30 110-(—10) 0.001 0.001
Solvent and noncond. Water H 25-15 260-90 0.0015 0.004 .
Water Propylene vapor H 2-3 130-150 200-90 L. 0.003
Water Propylene H 60-100 130-90 0.0015 0.001
Water Steam H 225-110 300-90 0.002 0.0001
Water Steam H 190-235 230-130 0.0015 0.001
Treated water Steam (exhaust) H 20-30 220-130 0.0001 0.0001
Oil Steam H 70-110 375-130 0.003 0.001
Water Propylene cooling and cond. H 25-50 30-45 (C) 0.0015 0.001

110-150 15-20 (Co)
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Overall Estimated Fouling
In Outside Type Velocities, Ft/Sec Coeffi- Temp. Over-
Tubes Tubes Equipment Tube Shell cient Range, °F Tube Shell all
Chilled water Air-chlorine (part. cond.) U 8-15 8-15 (C) 0.0015 0.005
20-30 10-15 (Co)
Water Light HC, cool and cond. H { 35-90 270-90 0.0015 0.003
Water Ammonia H 140-165 120-90 0.001 0.001
Water Ammonia U 280-300 110-90 0.001 0.001
Air-Water vapor Freon KU 10-50 60-10 o o 0.01
10-20
C. Reboiling { }
Solvent, Copper-NH; Steam H 7-8 . 130-150 180-160 . . 0.005
C, Unsat. Steam H 95-115 95-150 . . 0.0065
Chloro. HC Steam VT 35-25 300-350 0.001 0.001
Chloro. unsat. HC Steam VT 100-140 230-130 0.001 0.001
Chloro. ethane Steam vT 90-135 300-350 0.001 0.001
Chloro. ethane Steam U 50-70 30-190 0.002 0.001
Solvent (heavy) Steam H 70-115 375-300 0.004 0.0005
Mono-di-ethanolamines Steam VT 210-155 450-350 0.002 0.001
Organics, acid, water Steam VT 60-100 450-300 0.003 0.0005
Amines and water Steam VT 120-140 360-250 0.002 0.0015
Steam Naphtha frac. Annulus, long. F.N. 15-20 270-220 0.0035 0.0005
Propylene Cy, Gy KU . 120-140 150-40 0.001 0.001 .
Propylene-butadiene Butadiene, unsat. H 25-35 15-18 400-100 ce. e 0.02
*Unless specified, all water is untreated, brackish, bay or sea.
Notes: H = horizontal, fixed or floating tubesheet T = thermosiphon V = vertical (C) = cooling range At
U = U-tube horizontal bundle v = variable R = reboiler (Co) = condensing range At
K = kettle type HC = hydrocarbon Data/results based on actual and specific industrial equipment.
Table 10-16 be added by looking up the clean U on Figure 10-39 and
General Evaporator Overall Coefficient, U reading the dirty or fouled U value or by using Equation 10-
42 developed by Hedrick,"™ which is reported to produce
U, Btu/hr(ft*) (°F) smooth curves for all values of L./d from 2 to 50 and across
Long-tube vertical evaporator the Reynolds number range of 2,000 to 10,000.
Natural circulation 200-600
Forced circulation 400-2,000
Short-tube evaporators hy, = (16.1/d,) [Brk (cp/k)"? (1/py)""] (10-42)
Horizontal 200-400
Calandria (vertical, thermosiphon) 150-500
Coil evaporators 200-400 where
Agitated-film evaporators, Newtonian liquid B = (—3.08 + 3.075X + 0.32567X* — 0.02185X?)
1 centipoise 400 (10 dy/L) [1 — (X/10)%%6] (10-43)
100 centipoise 300 X = Ng. / 1,000
10,000 centipoise 120 Ry, = Reynolds number
Used by permission: Coates, J., and Pressburg, B.S. Chemical Engineering, d; = inside tube diameter, in.
Feb. 22, 1960, pp. 139. © McGraw-Hill, Inc. All rights reserved. d, = outside tube diameter, in.
k = thermal conductivity, Btu/hrft-°F
¢ = specific heat of fluid, Btu/1b-°F
W = viscosity of fluid, centipoise
Figure 10-45 can be used to solve the overall coefficient, B, = viscosity at the wall, centipoise
U, equation for the clean coefficient, composed of the tube- L = tube length, ft
side and shell-side film coefficients only. Correction for h;, = inside film coefficient based on the outside tube

tube-side and shell-side scaling and tube-wall resistance can

diameter, Btu/ (hr) (ft%) (°F)
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Table 10-17
Approximate Overall Heat Transfer Coefficient, U*

Table 10-18
Approximate Overall Heat Transfer Coefficient, U

Use as a guide to the order of magnitude and not as limits to any value. Condensation

Coefficients of actual equipment may be smaller or larger than the values

Process Side (Hot) Condensing Fluid (Cold)

listed.
Condensing Hydrocarbons (light) Water 100-160
Hydrocarbons w/ inerts (traces) Water 30-75
Hot Fluid Cold Fluid U, Btu/hr (ft?)(°F) Organic vapors Water 70-160
Water vapor Water 150-340
Steam (pressure) Water 350-750 Water vapor Hydrocarbons 60-150
Steam (vacuum) Water 300-600 Exhaust steam Water 280-450
Saturated organic solvents Water 100-200 Hydrocarbons (light) Refrigerant 45-110
near atmospheric Organics (light) Cooling brine 50-120
Saturated organic solvents, Water, brine 50-120 Gasoline Water 65-130
vacuum with some Ammonia Water 135-260
noncondensable Hydrocarbons (heavy) Water 40-75
Organic solvents, Water, brine 20-80 Dowtherm vapor Liquid organic 75-115
atmospheric and high L.
noncondensable Vaporization
Ar,omat%c Vapors, Water 5-30 Process Side (Vaporized) Heating Fluid
atmospheric with
noncondensables Hydrocarbons, light Steam 90-210
Organic solvents, vacuum Water, brine 10-50 Hydrocarbons, C4-C8 Steam 75-150
and high noncondensables Hydrocarbons, C3-C4 (vac) Steam 45-175
Low boiling atmospheric Water 80-200 Chlorinated HC Steam 90-210
High boiling hydrocarbon, Water 10-30 HClI solution (18-22%) Steam 120-240
vacuum Chlorine Steam 130-220
Heaters Coils in Tank
Steam Water 250-750 Coil Fluid Tank Fluid
Steam Light oils 50-150
Steam Heavy oils 10-80 Steam Aqueous sol’n. (agitation) 140-210
Steam Organic solvents 100-200 Steam Aqueous sol’n. (no agitation) 60-100
Steam Gases 5-50 Steam Oil-heavy (no agitation) 10-25
Dowtherm Gases 440 Steam Oil-heavy (agitation) 25-55
Dowtherm Heavy oils 8-60 Steam Organics (agitation) 90-140
Flue gas Aromatic HC and 5-15 Hot water Water (no agitation) 35-65
steam Hot water Water (agitation) 90-150
Evaporators Hot water Oil-heavy (no agitation) 6-25
Heat transfer oil Organics (agitation) 25-50
Steam Water 350-750 Salt brine Water (agitation) 50-110
Steam Organic solvents 100-200 Water (cooling) Glycerine (agitation) 50-75
Steam Light oils 80-180
Steam Heavy oils 25-75
(vacuum)
Water Refrigerants 75-150 Film Coefficients with Fluid Inside Tubes, Forced
Organic solvents Refrigerants 30-100 Convection

Heat Exchangers (No Change of Phase)

Useful dimensionless groups for heat transfer calculation

Water Water 150-300 are’
Organic solvents Wflter 50-150 Symbol Name Function
Gases Water 3-50
Light oils Water 60-160 Gz Graetz number wc/KL
Heavy oils Water 10-50 Gr Grashof number D3p%gBAt/
Organic solvents Light oil 20-70 Nu Nusselt number h D/k
Water Brine 100-200
Organic solvents Brine 30-90 Pe Peclet number DG c/k
Gases Brine 3-50 Pr Prandtl number cp/k
Organic solvents Organic solvents 20-60 Re Reyn(?lds number DG/, or, Dup/p
Heavy oils Heavy oils 8-50 Sc Schmidt number K/ pky

St Stanton number h/cG

Used by permission: Pfaudler, Inc., Bul. SB 95-500-1, ©1984.
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Table 10-19
Approximate Film Coefficients, h; or h,

where
C or ¢ = specific heat of fluid, Btu/ (1b) (°F)
D = inside diameter of tube, ft
G = mass velocity, Ib/hr (ft?)
g = acceleration of gravity, ft/ (hr?), or ft/sec/sec
Depends on the system of units
H = heat transfer film coefficient, Btu/ (hr) (ft?) (°F)

Film Coefficient,
Btu/hr. (ft?) (°F)

No Change of Phase

ju = factor for heat transfer, dimensionless ‘gj::sr 302—?800
= S 9\ (o —
k = thermal conductivity, Btu/ (hr) (ft*) (°F/ft) Organic solvents 60-500
L =length ft oils 10-120
At = temperature difference for heat transfer, °F Condensing
v = velocity, ft/hr Steam 1000-3000
W = viscosity, absolute, Ib/ (hr) (ft) Organic solvents 150-500
p = density, Ib/ft® Light oils 200-400
ky = diffusivity (volumetric), ft*/hr Heavy oils (vacuum) 20-50
B = thermal coefficient of expansion, 1/°F Ammonia 500-1000
Evaporation
.. .. . Water 800-2000
Gz.is and liquid heat transf.er inside tubes has been studied Organic solvents 100-300
by Sieder and Tate'™ and is represented by Figure 10-46. Ammonia 200400
Also see references 270 and 271. Light oils 150-300
Heavy oils 10-50

Used by permission: Pfaudler, Inc., Bul. SB 95-500-1 ©1984.

Table 10-18A
Miscellaneous Heating Overall Heat Transfer Coefficient,! U

Material Heating  Overall Coeff. Controlling
Equipment Treated Agitation Surface  Btu/hr (Ft?)(°F) Resistance
Steam Paper drying rolls Paper Cast iron 20-58 Paper film*
Steam Yankee drying rolls Paper Cast iron 100 Metal wall*
Steam Jacketed kettle Paraffin wax None Copper 27.4 Product®
Steam Jacketed kettle Paraffin wax Scraper Cast iron 107 Product®
Steam Jacketed kettle Boiling water None Steel 187 Product®
DOWTHERM A (vapor phase) Jacketed kettle Varnish None Steel 20-50 Product
DOWTHERM A (vapor phase) Jacketed kettle Asphalt None Steel 8-20 Product
DOWTHERM A (vapor phase) Heat exchanger Fatty acids Forced circn. Steel 45-50 Product
DOWTHERM A (vapor phase) Heat exchanger Rosin Forced circn. Steel 40 Product
DOWTHERM A (vapor phase) Heat exchanger Asphalt Forced circn. Steel 25-50 Product
DOWTHERM A (vapor phase) Reboiler Fatty acids None 80 Product
DOWTHERM A (liquid phase) Jacketed kettle Varnish Forced circn. Steel 15-40 Product
DOWTHERM A (vapor phase) Heat exchanger Edible oil Forced circn. Steel 124-150 Product
DOWTHERM A (vapor phase) Heat exchanger Cocoa butter Forced circn. Steel 70-75 Product
Mercury vapor Heat exchanger DOWTHERM Forced circn. Steel 220-350 Product
A MEDIUM
Approximate Overall Design Coefficient!
Hot Fluid Cold Fluid Overall U
Coolers Light organic Water 75-150
Heaters Steam Light organic 100-200
Exchangers Light organic Light organic 40-75
Heavy organic Light organic 30-60
Light organic Heavy organic 10-40

! Values include dirt factors of 0.003 and allowable pressure drops at 5-10 psi on the controlling steam. DOWTHERM fluid would be included as light
organic. (Kern. Process Heat Transfer, 1" Ed., p. 840 ©1950.)

*Montgomery, A. E. “Heat Transfer Calens. In Paper Machine.” Paper Trade Journal, Oct. 3, 1946, p. 29.
*Perry. Chemical Engineers Handbook, 3™ Ed., p. 482, ©1950.
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Table 10-20
Effect of Tube Wall Material and Film Conditions on Overall Coefficient

Overall Coefficient, U, Btu/hr. (ft?) (°F)
Percentages in () refer to graphite tube

Condensing Cooling Cooling

Heating Water Organic Vapor Organic Liquid Viscous Organic
Tube with Steam with Water with Water Liquid with Water
Stainless steel, 304-16 BWG 184(92.5) 79(96.5) 43(100) 18.9(100)
Impervious graphite, */, in. tk. wall 199(100) 82(100) 43(100) 18.9(100)
Glass, 0.0625 in. wall 89(44.7) 56(68.3) 36(82.5) 17.3(91.6)
*Stainless steel 304, reactor, 2!/4, in. wall 83(41.7) 54(65.2) 35(80.9) 17.0(89.9)
*Glassed-steel reactor, pipe, '/, in. steel wall 71(35.7) 48(58.5) 32(73.8) 16.3(86.2)
Film coefficients only, h; + h, 300 100 50 20

*Thickness based on 1,000-gal reactors for service at same pressure.

Used by permission: Ackley, E. J., Chemical Engineering, April 20, 1959, p. 181. © McGraw-Hill, Inc. All rights reserved.

Table 10-20A
Estimating Overall Coefficient, U, for Special Applications

Opverall Heat Transfer Coefficient (Service U)*
Btu/ (hr) (£%) (°F)**

Material
of Construction Heating Water Heating Water with Cooling Organic Cooling Viscous Organic
(Barrier Material) with Steam Heat Transfer Oil Liquid with Water Liquid with Water
Stainless steel reactor, 90.2 62.2 35.1 16.7

0.656 in. wall®
Glasteel reactor, 77.0 55.6 32.6 16.5

0.05 in. glass,
0.688 in. steel®

Combined film conductance, 300 187 50 20
hi h0
h; + h,

*Fouling factors typical to process fluids and materials of construction are included.
**Multiply by 4.882 for conversion to kcal/ (hr) (m?) (°C).
*Thickness based on 1,000-gal reactors for service at same pressures.

The equations representing portions of the graph are as B.  For turbulent flow of viscous fluids as organic liquids,
follows: water solutions (not water) and gases with DG/p.>10,000 in

horizontal or vertical tubes: deviation 115% to 210%.7

A.  Forviscous streamline flow of organic liquids, water
3 . . h;D DG\’8 cl 1/3 W 0.14
solutions (not water) and gases with DG/wn <2,100 in - 0.023(7) (7> (7) (10-47)
P (L

horizontal or vertical tubes: deviation 6 12%.7 a k,
hD ) DG\ /[ cpn\/ D\ ]/ w0 1044 C. For transition region between streamline and
k, 86 n k, /\L Moy (10-44) turbulent flow, use Figure 10-46.
4.\ w0 where
= 1.86 (Trk L) (LT) (10-45) ¢ = specific heat of fluid at constant pressure,

Btu/ (Ib) (°F)
D = inside diameter of tube, ft

) 9/3 9/3 1/3 0.14
h; =186 <L> (ﬁ) (9) (i) (10-46) G = fluid mass velocity,
cG DG e L Py Ib/ (hr) (ft? tube cross-section flow area)
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h; = film heat transfer coefficient inside tube,
Btu/ (hr) (ft®) (°F)

k, = thermal conductivity of fluid at average bulk temper-
ature of fluid, Btu/hr (ft?) / (°F/ft)

L = total heated or cooled length of heat transfer path, ft

w = weight rate of fluid flow per tube, 1b/hr
w = viscosity of fluid, Ib/ (hr) (ft)
W, = viscosity of fluid at wall temperature, Ib/ (hr) (ft)

Figures 10-47, 10-48, and 10-49 are useful in solving the
equivalent of Equation 10-47 for turbulent as well as stream-
line flow of gases and vapors inside tubes. To use the charts

A. For turbulent flow:

1.
2.

3.

Determine ¢, using fluid properties (Figure 10-47).
Determine tube-side film coefficient, h;, based on
inside tube surface (Figure 10-48).

Correct h; for the effect of tube size by multiplying
by the accompanying factor shown in Figure 10-48.

B. For streamline flow:

N =

Determine ¢, (Figure 10-47).

Determine h; (Figure 10-49).

Correct h; by multiplying by the tube size and
heated length factors accompanying Figure 10-49.
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Figure 10-47. Flow inside tubes for gas and vapors. Physical property factor depends on viscosity, specific heat, and thermal conductivity. (Used
by permission: Ning Hsing Chen, Chemical Engineering, V. 66, No. 1, ©1959. McGraw-Hill, Inc. All rights reserved.)
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Figure 10-48. Flow inside tubes for gases and vapors. Heat transfer coefficient for vapors and gases in turbulent flow. (Used by permission: Ning
Hsing Chen, Chemical Engineering, V. 66, No. 1, ©1959. McGraw-Hill, Inc. All rights reserved.)

D.  For water, the inside film coefficient is represented
by Figure 10-50A. Furman®® presents charts that reduce the
expected deviation of the film coefficient from the +20%
of Figure 10-50A, 10-50B, 10-50C, and 10-50D.

E.  For heating and cooling turbulent gases and other
low viscosity fluids at DG/p. > 8,000; the Dittus-Boelter
relation is used. See Figures 10-46, 10-51, and 10-52.

hiD D 0.8 0.4 0.14
=0.0243(—G) (ﬁ) <i>
kﬂ M kﬂ M‘N

For cooling, DG/ > 8,000, the following is sometimes
used in place of the preceding relation, Figure 10-51:

hD 0.8 0.4 0.14
C-oo(S2) () (1)
ka M k;l Mo

(10-48)

(10-49)

When the Prandtl number (cp/k,) can be used at 0.74, as
is the case for so many gases such as air, carbon monoxide,
hydrogen, nitrogen, oxygen, a close group of ammonia
(0.78), and hydrogen sulfide (0.77), this relation reduces to
the following:

i

DGC\"®
= 0.026

(10-50)

a a

Note that the values of the initial coefficients on the right-
side of the preceding equations vary significantly among sev-
eral respected references; therefore, the engineer should
not be surprised to note these variations in the literature.

Pierce'®™ proposes and illustrates good agreement
between the test data and the correlation for a smooth con-
tinuous curve for the Colburn factor over the entire range of
Reynolds numbers for the laminar, transition, and turbulent
flow regimes inside smooth tubes:
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Tubeside heat transfer coefficient, corrected for viscosity, h; Btu/hr-ft2-°F
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Figure 10-49. Flow inside tubes for gases and vapors. Heat transfer coefficient for streamline flow. (Used by permission: Ning Hsing Chen,
Chemical Engineering, V. 66, No. 1, ©1959. McGraw-Hill, Inc. All rights reserved.)

1/12
_ 1Y 1 4 J = Colburn factor
Jo= N6 ) N§ 1.969(106)\873/2 (4) J+ = Colburn factor given by equation proposed by Pierce
{7.831(1014) + ( Nge ) } L = length of tube, m
Np, = Prandtl number
Ni. = Reynolds number

(10-51) v = velocity, m/sec
Colburn Factor, J: p = dynamic viscosity, sPa (pascal-sec)
p = density, kg/m®
J=Ta (/)M (10-52) b = evaluate at bulk temperature
w = evaluate at wall temperature
Then, convective heat transfer coefficient: kg = kilogram
h=] (Cp pv/NZ (10-53) Buthod?® presents Figure 10-52 for gases flowing inside
tubes. Note that the coefficient refers to the outside tube
where surface area. It is useful for gases other than those shown
Cp = specific heat, J/kg K = J/kg-Kelvin because the scale can be multiplied by 10 to obtain the

D = diameter, m, meter proper order of magnitude for specific heat.
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Figure 10-50A. Tube-side film heat transfer coefficient for water.
(Used by permission: Kern, D. Q., Process Heat Transfer, 1t Ed.,
©1950. McGraw-Hill, Inc. All rights reserved. Original adapted from
Eagle and Ferguson, Proc. Royal Society A 127, 450, ©1930.)

Simplify the relation for heating and cooling gases, using

c/k, =0.78 and . = 0.435 (Reference 81)
0.8

h = 0.0144 5o (10-54)

Note that below G = 1,200P%? , results may be too conservative.
Gases in turbulent flow in circular helical coils:®!
Multiply h; for straight tubes by [1 + 3.5d,/Dy]

where
d,, = inside tube diameter, in.
Dy = diameter of helix of coil, in.
P = absolute pressure, atm. (this equation only)

Ganapathy*® developed nomograms for solving for film
coefficients for superheated steam, gases, liquids, and vapor
refrigerants flowing inside exchanger tubes. See Figures 10-
53A, 10-53B, 10-53C, and 10-563D.

Also see Rubin, reference 280.

Liquids in turbulent flow in circular helical coils®” ®
should be handled the same as for gases or use 1.2 Xh, for
straight tubes.

Film Coefficients with Fluids Outside Tubes
Forced Convection

Film coefficients for turbulent flow that exist on the out-
side or shell side of the conventional baffled shell and tube
exchanger are correlated for hydrocarbons, organic com-
pounds, water, aqueous solutions, and gases® ™ by

h D D.G.\055 1/3 0.14
coe (00 (0 ()
k‘c\ p" ka p‘w

and as represented in Figure 10-54, deviation: 0 to +20 per-
cent. The G, is correlated for both cross- and parallel-flow
through the bundle by using the hydraulic radius along the
tubes only.” Figure 10-55 is helpful in visualizing shell-side
fluid flow.

(10-55)

where
h, = film coefficient outside of tubes in bundle, Btu/hr
() (°F)

k, = thermal conductivity, Btu/hr (ft?) (°F/ft)

G, = mass rate, Ib/hr (ft?)
D, = equivalent tube diameter, ft

d. = equivalent tube diameter, in.

a, = flow area across the tube bundle, ft*

B = baffle spacing, in.

¢ = specific heat of fluid, Btu/1b (°F)

W = viscosity at the caloric temperature, Ib/ft (hr)
W, = viscosity at the tube wall temperature, Ib/ft (hr)

Kern’s™ correlation checks well for the data of Short,'*?
Bowman,” and Tinker!'® for a wide variety of baffle cuts and
spacing for segmental baffles with and without leakage as
summarized by Donohue.* Short’s data for disc and dough-
nut baffles is better calculated by

hD /D G, 0.6 cp 0.33
—— =0.23(d °<°<—° ) (—>
T SO G L

where

(10-56)

o))
Il

. = equivalent tube diameter for the shell side = 4 (flow

area/wetted perimeter), in.

= outside diameter of tube, ft

. = weighted mass velocity = w/S, = w/ (G.G,)"® in
b/ (hr) (ft?)
S. = weighted flow area =
[(cross flow area) (baffle window area) ]°?, ft

G, = crossflow mass velocity, Ib/hr (ft?)

G, = mass velocity through baffle window opening, based
on the area of the opening less the area of tubes
passing through it, Ib/hr (ft?)

. = viscosity, Ib/hr (ft)

2N
Il
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Figure 10-50B. Heat transfer film coefficient for water flowing inside 1 in. X 18 BWG tubes referred to outside tube surface area for plain tubes.
Note the corrections for tubes of wall gauges other than 18 BWG. (Used by permission: J. B. Co., Inc., Western Supply Div., Tulsa, Okla.)

Shell-Side Equivalent Tube Diameter™

See Figure 10-56 and Table 10-21.

Best results are obtained when baffle pitch or spacing
between baffles is between one-fifth to one shell diameter.

For square pitch tubes, the shellside equivalent diameter
is

_ A(p* — mdi/4)

d. , in. (10-57)
d,
For 60° triangular equilateral pitch tubes:

4[(0.5p)(0.86p) — 0.5 wd?/4

d = [(0.5p)(0.86p) / ], - (1058)
wd,
2

where

d. = equivalent diameter, in., shell side for cross flow

p = tube pitch, in.

d, = outside diameter of tube, in.

Cross-flow area for Figure 10-54 is based upon the maxi-
mum flow area at the nearest tube row to the centerline of
the shell.” The length of the flow area is the baffle spacing.

ST p(1aa) (10-59)
G, = ¥ Ib/(hr) (£62) (10-60)

where
D, = shell inside diameter, in.
¢’ = clearance between tubes measured along the tube
pitch, in.
B = baffle spacing, in.
W = weight flow of fluid, 1b/hr
p = tube pitch, in.

Baffling on the shell side of an exchanger is usually most
beneficial in convection transfer and must be considered
from both the heat transfer and pressure drop viewpoints.
Close baffle spacing increases heat transfer and pressure
drop for a given throughput. The average segmental baffle
will have an open “window” for fluid passage of 25% of the
shell diameter, or 75% of the shell diameter will have a baf-
fle covering it from flow.
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Figure 10-50C. Tube-side (inside tubes) liquid film heat transfer coef-
ficient for Dowtherm®. A fluid inside pipes/tubes, turbulent flow only.
Note: h= average film coefficient, Btu/hr-ft2-°F; d, = inside tube diam-
eter, in.; G’ = mass velocity, Ib/sec/ft% v = fluid velocity, ft/sec; k =
thermal conductivity, Btu/hr (ft?)(°F/ft); n = viscosity, Ib/(hr)(ft);
C, = specific heat, Btu/(Ib)(°F). (Used by permission: Engineering
Manual for Dowtherm Heat Transfer Fluids, ©1991. The Dow Chemi-
cal Co.)
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Figure 10-50D. Tube-side (inside pipes or tubes) liquid film heat
transfer coefficient for Dowtherm® A and E at various temperatures.
(Used by permission: Engineering Manual for Heat Transfer Fluids,
©1991. The Dow Chemical Co.)
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Figure 10-51. Convection inside film coefficient for gases and low vis-
cosity fluids inside tubes—heating and cooling. (Used by permission:

McAdams, W. H. Heat Transmission, 2" Ed., ©1942. McGraw-Hill, Inc.
All rights reserved.)
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Figure 10-52. Heat transfer to gases inside tubes. (Used by permis-
sion: Buthod, A. P. Oil & Gas Journal, V. 58, No. 3, ©1960. PennWell
Publishing Company. All rights reserved.)

The smallest baffle window is 15-20% of the diameter of
the shell, and the largest is close to 51%. Some design rela-
tions in other references use this as a percentage of the
shell cross-section area, and the corresponding relations
must be used. In exchanger design, this cutout is varied to
help obtain good operating performance; however, the
spacing between baffles (baffle pitch) is much more signif-
icant in its effect on the film coefficient for a given baffle
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Figure 10-53A. Determine the inside heat transfer coefficient for
superheated steam. (Used by permission: Ganapathy, V. Hydrocarbon
Processing, Sept. 1977. ©Gulf Publishing Company, Houston, Texas.
All rights reserved.)
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Figure 10-53B. Determine the inside heat transfer coefficient of com-
mon gases (Used by permission: Ganapathy, V. Hydrocarbon Pro-
cessing, Sept. 1977. ©Gulf Publishing Company, Houston, Texas. All
rights reserved.)

cut. If twice the number of baffles is used for a fixed fluid
flow, the velocity across the tube bundle is doubled, and the
increase in film coefficient is about 44%. However, the pres-
sure drop will approach four times its value before doubling
the number of baffles (see Figure 10-57).

Figure 10-58 illustrates a low pressure drop baffle arrange-
ment. Each situation must be examined, as no generalities
will solve all detailed designs. Baffles should be held to a
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©OFigure 10-53C. Determine the inside heat transfer coefficient of
common liquids. (Used by permission: Ganapathy, V. Hydrocarbon
Processing, Sept. 1977. ©Gulf Publishing Company, Houston, Texas.
All rights reserved.)

minimum spacing of '/, the shell diameter or 2 in.,
whichever is larger. Baffles spaced equally to shell diameter
are found to give good average performance, and this guide
is often used in estimating the initial spacing for baffles.
Where possible the baffle spacing and percent baffle cut
should provide equal flow area. This is of particular impor-
tance in pressure drop calculations. Figure 10-59 is useful
for this equalization.

Shell-side film coefficients can be conveniently obtained
from the charts of Chen,? Figures 10-60, 10-61, and 10-62.
These are based on Donohue’s*® equation

h D D G 0.6 CP”’ 0.333 M 0.14
oDo :0'22( o ) (7) (7)
K, W k, [T

Equivalent tube diameter for shell-side heat transfer cal-
culations is used by permission from Kern and Kraus.**

The volumetric equivalent diameter, d, in., is again cal-
culated on the basis of 4X the hydraulic radius; see Figure
10-56.

4 X free area

(10-61)

= ——, in. 10-62
¢ wetted perimeter o ( )

(a) Equivalent Diameter, D,, for Annulus

2 _ 2
D2 — D?

4 (flow area)

D, b 4r, = (10-62A)

(wetted perimeter)
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Figure 10-53D. Determine the inside heat transfer coefficient of several common vapor/liquid refrigerants. (Used by permission: Ganapathy, V.
Hydrocarbon Processing, Sept. 1977. ©Gulf Publishing Company, Houston, Texas. All rights reserved.)

where
D, = outside diameter of inner tube, ft
D, = inside diameter of outer pipe, ft
r, = hydraulic radius, ft = (radius of a pipe equivalent to
the annulus cross-section)

(b) Square Pitch and Rotated Square Pitch

_ap? = w(d,)/4

d 10-63
e . ( )
Where p is the tube pitch, in.
(c) Triangular Pitch
4[0.5p(0.86p) — 0.5m(d.")*/4
o 4105p(0.86p) — 05(a. )/ 1060

0.5md,.’

For plain tubing, the nominal O.D. replaces d.". The vol-
umetric equivalent diameter does not distinguish between
square pitch and square pitch rotated by 45°.

where

d.” = equivalent diameter of plain tube (used to correlate
heat transfer and pressure drop) corresponding to
the metal volume of a finned tube, in. It is the volu-
metric equivalent diameter of the root tube plus the
addition to the root-tube O.D. if the volume of the
fin metal were added to it to form a new root-tube
0.D.2 See Figure 10-10H.

d. = equivalent diameter, in.

For use in the equivalent diameter equations, the follow-
ing volumetric d.’, in., values are taken from reference 206.

Plain Tube  19fins/in. X !/;; in.  16fins/in. X !/}, in.
Section Tube High Equivalent High Equivalent
O.D. in. Diameter d,’, in. Diameter d,’, in.
0.625 0.535 0.540
0.750 0.660 0.665
0.875 0.785 0.790
1.000 0.910 0.917

Used by permission: Based on data from Kern and Kraus, pp. 512-513,
©1972. McGraw-Hill, Inc.
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Figure 10-54. Shell-side heat transfer curve for segmental baffles. (Used by permission: Engineering Data Book Section II, ©1959. Wolverine Tube, Inc.)
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Baffle Pitch or Spacing

Fluid Leakage
Areas for Any
Type Boffle

Baffle "Window" or
Opening to Flow ¢
Parallel to Tubes, as.
Shell Side Posses ¢
from One Baffle
Area to the Next

Path of Fluid
Baffle Diameter Inside Shell Fluid Flows Parallel to Tubes as it Passes
‘of Exchanger o From One Boffled Area to Next.
TubesProject [¢) O . Baffle "Window" or "Cut’,
Through Baffles, O O O J Expressed as % Cut,which is

(%)(Shell 1.D.).

Net Flow Area of Window is
Full Window Area minus Area
Occupied by Tubes.

but not Shown
Baffle Cut Off Here

Boffle Cut Off Here

Tubes Project
Through This
Area of Baffle

Baffles (D and )

Flow Direction

Ligaments
Between Tubes,
for Fluid Flow.

¢]
OOOOOOO
MO On OO0
0O 000000
Q O

Note : Area Available for Cross Flow used Consistent with Reference 6! , other
References 35,21 use other Arrangements to Obtain Essentially the Same
Results.

Figure 10-55. Shell-side baffles and cross-flow area.

Tube Pitch,
p

Tube Outside
Diameter

Tube
Clearance,
cl

Wetted Perimefer:
Length=1-2 +3-4+5-6

Wetted Perimeter:
Length=1-2+3-4+5-6+7-8

De =4(Free Area)/Wetted Perimeter ,feet

Figure 10-56. Equivalent diameter for tubes on shell side of
exchanger taken along the tube axis. (a) Square pitch, (b) triangular
pitch on 60° equilateral angles. (Used by permission: Kern, D. Q.
Process Heat Transfer, 15t Ed., ©1959. McGraw-Hill, Inc. All rights
reserved.)

The charts are used as follows:

1. Determine geometric mean mass velocity, G.’, using

Figure 10-60.

(a) Cross-flow area for this method® equals the hori-
zontal shell diameter minus the space occupied by
the tubes along this diameter, multiplied by the baf-
fle spacing. Determine G, Ib/sec (ft?) by dividing
the shell-side flow rate by the cross-flow area.

107
Table 10-21
Shell-Side Equivalent Tube Diameters for Various Tube
Arrangements
Equivalent
Tube O.D. In. Pitch Diameter, d, In.
1/, 5/4 triangular 0.36
1/, %/, triangular 0.74
5/, 15/, triangular 0.55
34 1 triangular 0.73
1 1!/, triangular 0.72
1/, 19/, triangular 0.91
1, 5/4 square 0.48
e %/, square 0.88
5/, 5/, square 0.72
34 1 square 0.95
1 11!/, square 0.99
1Y/, 1°/,6 square 1.23

Used by permission: Engineering Data Book Section, ©1960 and 1984.
Wolverine Tube Inc.; and Kern, D.Q. Process Heat Transfer, ©1950.
McGraw-Hill Inc. All rights reserved.

(b) The baffle window cut-out area minus the area
occupied by the tubes passing through this area is
the net baffle opening flow area. Determine Gy, as
Ib/sec (ft?) by dividing the flow rate of the shell side
by this new baffle opening flow area.

(c) Read G/, Ib/sec (ft?), from Figure 10-60 at the
intersection of G and G,.

2. Determine the physical property factor, (bp’, using Fig-

ure 10-61.

3. Read the outside film coefficient, h,, using Figure 10-

62.

Note: This has the viscosity correction (/)"

included. A correction multiplier must be used to

correct the results of Figure 10-62 for tubes different

than %/g¢in. O.D.

The charts of Rubin®® are somewhat similar and also useful
for solving the equation by graph rather than by calculator.

Shell-Side Velocities

Figure 10-63 suggests reasonable maximum velocities for
gases and vapors through heat exchangers. If entrained lig-
uid or solids are present, the velocities should be reduced.
Pressure drop must be checked to determine the accept-
ability of any selected velocity. Table 10-22 presents sug-
gested maximum velocities for fluids flowing through
exchanger nozzles. The effect of entrance and exit losses on
pressure losses should be checked, as they become impor-
tant in low pressure systems.

Figure 10-64 is convenient in selecting pipe or nozzle
sizes.
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Example: If the shell-side
coefficient of a unit is 25
Btu/hr (ft?)(°F) and velocity in
1.0 the shell is doubled, read the
l O new shell-side coefficient, h,,
as 36 (line a). If the tube-side
coefficient is 25 and velocity
1.0 is doubled, read the new
tube coefficient, h,, as 43.1
(line a). In other cases, pres-
sure drop would increase by
a factor of 4. Note: This may
be used in reverse for
reduced flow.

Figure 10-57. Effect of velocity on heat transfer rates and pressure drop: shell-side and tube-side. (Used by permission: Shroff, P. D. Chemical
Processing, No.4, ©1960. Putnam Publishing Co., Itasca, lll. All rights reserved.)
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Flow Path

(a) Detail (b)

Figure 10-58. Baffling for low pressure drop shell-side designs.
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Figure 10-59. Determination of equal flow areas in bundle cross-flow
and baffle window shell-side performance. (Used by permission:
Engineering Data Book Section Il, ©1959. Wolverine Tube, Inc.)

Table 10-22
Maximum Recommended Velocities through Nozzle Con-
nections, Piping, Etc. Associated with Shell and/or Tube
Sides of Heat Exchanger

Liquids:
Viscosity in Maximum
Centipoise Velocity, Ft/Sec Remarks
More than 1500 2 Very heavy oils
1000-500 2.5 Heavy oils
500-100 2.5 Medium oils
100-35 5 Light oils
35-1 6 Light oils
Less than 1 8

Vapors and Gases:

Use 1.2 to 1.4 of the value shown on Figure 10-63 for velocity
through exchangers.

. Shell Side
|o llllllll. =
Mass velocity s
{rough baffle openings Gy, 11
Il
o9
] "«/
= 1p3 "%
4
§ v,:oa
p WG
J e
& ! ‘s, °
102 20
8
700
0
N
&
10 \ z 3 4
10 10 10 10

Cross tlow mass veloci'y,(}cl ,Ib./sec-sq.ft.

Figure 10-60. Shell-side mass velocity through baffle opening G,'.
(Used with permission: Ning Hsing Chen, Chemical Engineering, V.
65, ©1958. McGraw-Hill, Inc. All rights reserved.)

Viscosity, /4 centipoise
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Figure 10-61. Shell-side physical property factor for ¢,'. (Used with
permission: Ning Hsing Chen, Chemical Engineering, V 65, Oct. 1958.
©McGraw-Hill, Inc. All rights reserved.)

Design Procedure for Forced Convection Heat Transfer in
Exchanger Design

1. Establish physical properties of fluids at the caloric or
arithmetic mean temperature, depending upon the
temperature range and order of magnitude of the
properties.

2. Establish the heat duty of the exchanger.
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Figure 10-63. Maximum velocity for gases and vapors through heat exchangers on shell side.
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Figure 10-64. Nozzle sizes for fluid flow. (Used by permission: ITT Technologies, ITT Standard. All rights reserved.)
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7.

. Estimate or assume a specific unit and define its size

and characteristics, based upon reasonable values of
overall U and LMTD.

. Determine the LMTD, with correction if needed from

Figures 10-33 and 10-34.

. Calculate the tube-side flow rate based upon the

assumed number of tubes per pass and the heat bal-
ance.

. Determine the tube-side film coefficient for water,

using Figure 10-50A or 10-50B. For other liquids and
gases, use Figure 10-46. Correct h; to the outside tube
surface by

(10-65)

Determine the shellside film coefficient for an
assumed baffle spacing.

(a) Establish G, from Equation 10-60.
(b) Calculate the Reynold’s number, R, expressed as

(10-66)

Ju

Let p/p, =

(c) Read jj from Figure 10-54. Note that 25% is a good
average value for many designs using segmental baf-
fles.

(d) Calculate h, from

b () ()
k k oy

1.0

(10-67)

(e) If h, appears too low, assume closer baffle spacing,
up to !/; of the shell diameter and recalculate G,
and h,,. If this second trial is obviously too low, then
a larger shell size may be indicated; therefore,
return to step 3, re-evaluating the assumed U to be
certain that it is attainable.

8. If the h, appears to have possibilities of satisfying the

design, continue to a conclusion by assuming the tube-
side and shellside fouling (Tables 10-12 and 10-13;
Figures 10-39, 10-40A, 10-41, 10-42, and 10-43).

9. Calculate the overall coefficient using Equation 10-37.

Neglect the tube-wall resistance, unless special situa-
tions indicate that it should be included.
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10. Calculate the area required using Equation 10-9.

11. Calculate the net available area in the assumed unit,
using only the effective tube length.

12. Compare values calculated in steps 10 and 11. If the cal-
culated unitis too small, re-assume a new larger unit for
step 3 or try closer baffle spacing in step 7 but do not
get baffles closer than '/, the shell 1D.

13. Calculate the percent of excess area. A reasonable fig-
ure is 10-20%.

14. Calculate the shell-side pressure drop. (Refer to the
later section on “Pressure Drop Relations” and Figure
10-140. If AP is too high, reassume unit (step 3).

15. Calculate the tube-side pressure drop. (Use Figure 10-
139 for the end return losses. For water in tubes, use
Figure 10-138 for tube losses. For other liquids and
gases in tubes, use Figure 10-137.

Total pressure drop = (end return + tube) losses, psi.

If the tube-side pressure drop exceeds a critical allowable
value for the process system, then recheck by either lower-
ing the flow rate and changing the temperature levels or
reassume a unit with fewer passes on tube side or more tubes
per pass. The unit must then be rechecked for the effect of
changes on heat transfer performance.

Example 10-9. Convection Heat Transfer
Exchanger Design

See Figure 10-65.

The liquid bottoms from a distillation column must be
cooled from 176°F to 105°F. The cooling water is untreated
at 90°F.

Operating data: Bottom flow, 6,350 1b/hr

Average Cp, 0.333 Btu/1b (°F)

Average k,, 0.055 Btu/hr (ft?) (°F/ft)

Average W, 0.404 centipoise

Average sp.gr, 0.78

Physical properties are based on values at 140°F average

temperature.

Caloric fluid temperature for property evaluation can
be calculated from Equation 10-21.

The caloric value of hot liquid on the shell side is

th = the + F(tm — tuo)
Roteh estimate U. at cold end = 150000 _
ough estimate U, atcoldend = —————— =
8 (38.2)(15°)
150,000
U,athotend = ———— = 48.5
38.2(81°)
U, - U, 485 — 26
C=— = 202 _ _)s15

U, 262

(Note: disregard sign)

At. = 15°

A, = 81°

At, 15
=——10.815

Ay, 81

Reading Figure 10-38,

F =0.32
Then: t, = 105 + 0.32(176 — 105) = 127.7°F

Note that the arithmetic average ['/, (176 — 105) + 105 =
140°F] would be quite satisfactory for this design, because the
properties do not vary significantly with temperature.

1. Heat duty = (6350) (176 — 105) (0.33)
= 150,000 Btu/hr
2. Estimated unit

Assume: U = 100
LMTD = 39.2

A= _ 150000 38.2 ft?
(100)(39.2) '
Tubes: 1-in. O.D. X 14 BWG X 8 ft long
38.2
(0.2618 ft*/ft) (8 — 6in./12)
= 20 tubes

No. required =

Trial:

10-inch LD. shell with 24 1-in. tubes on 1 '/, -in. triangu-
lar pitch, 4 tube passes.

3. Log mean temperature difference (Figure 10-33),

176° cooling 105°
!
95° warming 90°

gl * 15°
4. Water rate,

150,000 _ 45 000 1h/n
= = r
YT s —90) T

30,000

B8P = g 33)60) O

At*'/, = 6 tubes/pass,

0.546
——— = 0.00379 ft*/tube

Cross-sectional tube =
ross-sectional area/tube 44

Flow area/pass = (0.00379) (6 tubes) = 0.0227 ft* flow area
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Figure 10-65. Exchanger rating example.
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60
(60)(7.48)(0.0227)

Water velocity = = 5.88 ft/sec

5. Film coefficient, tube side,
From Figure 10-50A and 10-50B, at 5.88 fps and 93°F, read:

. = 1,340 Btu/hr (ft%) (°F)
Correction for tube I.D. of 0.834 in., F,, = 0.94
Correction to outside of tube:
h,, = (1,340) (0.94) (0.834) /1.0 = 1,050 Btu/hr (ft%) (°F)

6. Film coefficient, shell side,
From Figure 10-54, read:

1L.D.(¢'B)
Cross-flow area = a, = ————
T p(144)

Assume baffle spacing of 10 in. = B
LD. = shell LD. = 10 in.

¢ =125-1.0=025in.

W = 6,350 Ib/hr

p=125

~(10)(0.25)(10)
T T (L25)(144)
W _ 6,350

= 0.139 ft?

. = 45,700 Ib/hr (ft)
a,  0.139

DEGS

Reynold’s number: Re =
v

D, = (0.72/12) = 0.06 ft (Table 10-21)
p = (0.404) (2.42) = 0.978 Ib/ft (hr)

. (0.06)(45,700) 0 800
c 0.978 o

Reading Figure 10-54,

ju = 28 (for 25% cut segmental baffles)
From Figure 10-140,

f=0.0027 (for 25% cut segmental baffles)

Note: “f” from figure 10-140. is divided by 1.2 for plain tubes (not
finned).

hODC Cp“ *1/3( M )*0,14
1.. — - P = C 8
= < k> o 2

b = 28( 0,055) ( (0.888)(0.404)(2.42))1/3(1)

0.06 0.055

Note that (p/p,) is taken as 1.0 for fluids of low viscosity where
the change in temperature does not introduce a significant
increase in viscosity.

h, = 46.4 Btu/hr (ft2) (°F)
Try to obtain a better coefficient by closer baffling,
check extreme of 2-in. baffle spacing.

7. Shellside film coefficient based on 2-in. baffle spacing,

(6,350)(144)(1.25)

G, = = 229,000 1b/hr (¢
© T (10)(0.25)(2) /hr ()
o (006)220000)
< 0.978 S

From Figure 10-54,
ji = 66

66)(0.055)(1.81
h, = % = 109.5 Btu/hr (ft*)(°F)

8. Assume fouling,

Shell side = 0.002
Tube side = 0.001

9. Overall coefficient,

1

1 1
——— +0.001 + 0.002 + ——
1,050 0.00 0.002 109.5

76.2 Bu/hr (ft%)(°F)

10. Area required,

Ao 150000
(76.5)(39.2)

11. Area available in assumed unit,
A = (0.2618) (24) (8 — 6in./12) = 47 f®
Therefore, the assumed unit is too small.

12. Second trial,
Assume:
12-in. I.D. shell, 44 tubes, 1-in. O.D. X 14 BWG X 8 ft
long on 1!/, -in. triangular pitch, 4 tube passes. For the
revised water rate, allow only 3°F rise.

b hr = 22000 _ 5 600
(1)(3°%) '
50,000

N R



Number of tubes per pass = 11

Water flow area = (11) (0.00379) = 0.0417 ft?

100
(60)(7.48)(0.0417)

Water velocity =

Film coefficient, tube side,
From Figure 10-50A and 10-50B, read:
h; = 1,220

h,, = (1,220) (0.94) (0.834) = 956 Btu/hr (ft?) (°F)

Film coefficient, shell side,

Select baffle spacing of 5.5 in., equal to 16 baffles.

(6,350)(144)(1.25)

= = 2
G, (12)(025)(55) 69,300 Ib/hr (ft%)
~(0.06)(69,300)
R. = 0.978 = 4,250

Reading Figure 10-54, j,; = 35
Reading Figure 10-140,
f=0.0025 (for plain tubes)

b (35)(0.055)(L81) _
0.06

Use same fouling factors as for first trial.

Overall coefficient,

1

1 1
—— 4 0.002 + 0.001 + —
581 0.002 + 0.00 956

= 47.2 Btu/hr (f%)(°F)
LMTD,
Shell

176 » 105
Tubes

3

<l
29 -

83 15

LMTD = 39.8°F
Correction to LMTD read Figure 10-34,

93 — 90
= - =0.034
176 — 90 0%
176 — 105
=93 —op ~ 236
F = 0.9

Corrected LMTD = (0.99) (39.8) = 39.6°F

Area required,

A= M = 80.2 ft2
(47.2)(39.6) '

= 5.34 ft/sec
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Area available in assumed unit, second trial,

A = (0.2618)(44) (8 — 3in./12) = 89.2 f?

(For low-pressure design, 3 in. is sufficient allowance for two
tubesheets.)

Percent excess area,

~89.2 — 80.2

% 80.2

(100) = 10.2%

This is satisfactory.
Pressure drop, shell side (see “Pressure Drop” section),

f(G)*(D,)(N, + 1)

= 10-67A
" 5.22(10)°(D.)(s)(by) (10:674)
where

f =0.0025

G = 69,300

D, =12/12 =11t
N.+1=16+1=17

D, = 0.72/12 = 0.06

s =0.78

b =10

~(0.0025)(69,300%(1)(17) .
AP = oo (10)9(0.06)(0.78) 0835 psi

Use AP, = 1.0 to 1.5 X0.0835 psi for any critical pressure drop
considerations. This should be safe.
Pressure drop, tube side, from Figure 10-139.
End return loss, AP, = (0.75) (4) = 3.00 psi,
from Figure 10-138.
Lb water per tube/pass = 50,000/11 = 4,550
AP = (7/100) (8 ft) (4 passes) = 2.24 psi
Total pressure drop = 2.24 + 3.0 = 5.24 psi
Use AP = 6 psi
Nozzle sizes:
Inlet water rate = 100 gpm
Velocity in 3-in. connection = 4.34 ft/sec
Head loss = 0.0447 (6 in./12) = 0.022 ft water
Outlet nozzle to be same.
Inlet shell side (bottom flow):

6,350

Liquid rate =g 33Y(0.78)

= 16.2 gpm

Kinematic viscosity = 0.404,/0.78 = 0.52 centistokes
From Cameron Miscellaneous Liquids Table (Fluid Flow Chapter,
Vol. 1),
Velocity in 2-in. connection = 1.53 ft/sec
Note thata 1!/, -in. connection is satisfactory; however many
plants prefer minimums of 2-in. connections on process vessels
for main stream flows.
Pressure loss is negligible = 0.006 (6 in./12) = 0.003 ft fluid
Outlet shell side:
Use same size as inlet, 2 in.
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Spiral Coils in Vessels

Spiral coils can be useful in transferring heating and cool-
ing from the helical or nonhelical coil to and from a volume
of liquid in a process vessel or storage tank. These coils in a
stagnant or noncirculating tank are almost useless; there-
fore, the best arrangement is to use the coil in an agitated/
mixing tank. See Chapter 5 of Volume 1, 3rd Edition of this
series.

Tube-Side Coefficient

Kern™ reports that tube-side coefficients can be approxi-
mately 20% greater in a spiral coil than in a straight pipe or
tube using the same velocities. The Sieder-Tate correlation is
shown in Equations 10-44 and 10-45 and for streamline flow
is DG/ < 2,100. For transition and turbulent flow, see
Equation 10-46 and Figure 10-46 or Figure 10-50A and 10-
50B for straight pipes and tubes. McAdams® suggests multi-
plying the h value obtained by (1 + 3.5 (D/Dy;), when D is
the inside diameter of the tube and Dy, is the diameter of the
helix, in ft.”

Outside Tube Coefficients

This design is not well adapted to free-convection heat
transfer outside a tube or coil; therefore, for this discussion
only agitation is considered using a submerged helical coil,
Oldshue®*' and Kern™.

h.D. L2Np\2/3/ C o\ /3 0.14
-5 (5 (o)
k U k [T

Using the nomenclature of Equation 10-44, in addition:

(10-68)

h. = heat transfer coefficient for outside of coil,
Btu/ (hr) (ft?) ((F)
= diameter of inside of vessel, ft
= tube length, ft
= agitator speed, rev/hr
density, Ib/ ft®
viscosity, Ib/ft-hr
thermal conductivity of liquid, Btu/ (hr) (ft?) (°F/ft)
= specific heat, Btu/(Ib) (°F)

c

~F o Z =5
|

@)
|

<

A related but somewhat more recent work by Oldshue?*!
presents heat transfer to and from helical coils in a baffled
tank, using standard baftling of T/12 located either inside
the coil diameter or outside:

d dA2Np\067 / Cop\ 037 £ D\ 01 / 1 \05 m
hfeoit 3 = a7 ()T (RY(4)( )
M s

(10-69)

where
(use conventional units for symbols)

= 0.1 (. 8.621 X 1075) ~01

heat capacity, Btu/ (Ib) (°F)

= impeller diameter, ft

= tube diameter, ft

tube O.D., ft

outside (process fluid side) heat transfer coefficient

thermal conductivity of liquid, Btu/ (hr) (ft?) ((F/ft)

experimental exponent, usually 0.14.

impeller speed, rev/hr

tank diameter, ft

= viscosity, bulk fluid, 1b/ (ft) (hr)

= viscosity of fluid at film temperature at heat transfer
surface, b/ (ft) (hr)

p = liquid density, Ib/ft*

= overall heat transfer coefficient based on outside

tube area

:F T 1 Z E W‘o:r,.g‘cc" U-coa
I

o

Condensation Outside Tube Bundles

Film-type condensation is considered to be the usual con-
dition for most pure vapors, although drop-type condensa-
tion gives transfer coefficients many times larger when it
does occur. For practical purposes, film-type is considered in
design.

Figure 10-66 indicates the usual condensing process,
which is not limited to a vertical tube (or bundle) as shown,
but represents the condensing/cooling mechanism for any
tube. The temperature numbers correspond to those of Fig-
ure 10-28.

Vertical Tube Bundle™

See Figure 10-67A and 10-67B.

Figure 10-67A has been initially represented by
McAdams® from several investigators. This figure represents
the mean coefficient for the entire vertical tube for two val-
ues of the Prandtl number, Pr;, which = cp./k.

where
¢ = specific heat of fluid, Btu/ (Ib) (°F)
w = fluid viscosity, Ib/ (ft) (hr)
k = thermal conductivity, Btu/ (hr) (ft?) (°F/ft)

Note that the break at Point A on Figure 10-67B at Re, =
2,100 indicates where the film is believed to become turbu-
lent.'”” McAdams® discusses the two regions on the figure,
streamlined at the top and turbulent on the way down, with
a transition region in between:

_ar
(]

Re, (10-70)

where
G’ =T =w/p, condensate loading for each vertical tube,
Ib/ (hr) (ft)
w = flow rate, rate of condensation per tube, W/N,,
b/ (hr) (tube), from lowest point of tube(s)
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Figure 10-66. Condensing vapors on cooling metal (or other) wall (also see Figure 10-28). Note that t, and t; are wall temperatures and may be
essentially equal to t, = wall. This illustration is not for vertical tube, but represents the condensing/cooling mechanism.

p. = md, for vertical tube (perimeter), ft

d, = tube outside diameter, ft

I'" = mass rate of flow of condensate from lowest point on
condensing surface divided by the breadth (unit
perimeter), Ib/ (hr) (ft). For a vertical tube: I’ =
w/wD.

G” = condensate loading for horizontal tubes, Ib/ (hr) (ft)

G’ = condensate loading for vertical tubes, 1b/ (hr) (ft).

McAdams® and Kern™ both suggest the same relationship
for condensation on the outside of vertical tubes:

() (4G) 1"
(1)

(10-71)

g = acceleration of gravity, 4.17 X 108, ft/ (hr) (hr)

Bell'” suggests the relation:

p g
T,)]

[kpi(pr —

h, = 0.943
[M‘IL(TSM -

(10-72)

where
k; = liquid thermal conductivity, Btu/ (hr) (ft) (°F)
p; = liquid density, Ib/ft?
p, = vapor density, Ib/ft®
= latent heat of vaporization, Btu/1b
acceleration of gravity, ft/ (sec) (sec)
L = tube length, ft

ae >
Il

T, = saturation temperature, °F
T, = surface temperature, °F
w, = liquid viscosity, Ib/ (ft) (hr)
For 2 < 2,000 (10-73)
t
Kplg V3 KiplgmND, 112
h, = 0.945{ ‘p‘g,} = 0.945{“)%7‘} (10-73A)
Mg o Mg
w .
G, = ———, Ib./hr. (linear foot) (10-73B)
wND,

For 4 G,” /e > 2,000 (reference 82),the following equa-
tion is usually applicable to long tubes and high flow rates;
the average film coefficient:
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Figure 10-67A. Condensing film coefficients outside horizontal or vertical tubes. (Used by permission: Kern, D.Q. Process Heat Transfer, 15 Ed., ©1950. McGraw-Hill, Inc. All
rights reserved.)
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Figure 10-67B. Correlation of McAdams® representing the condensing film coefficient on the outside of vertical tubes, integrated for the entire
tube length. This represents the streamline transition and turbulent flow conditions for Prandtl numbers 1 and 5. Do not extrapolate Prandtl
numbers, Pr;, beyond 5. (Used by permission: Engineering Data Book Il ©1984, Wolverine Tube, Inc.)

Kp2a\1/3/ 4 0.4
h, = 0.0077( fp;g) (—W> (10-74)

23 IJ“fTrDo

For steam at atmospheric pressure and At from 10°F-
150°F:#

b= 4,000 10-75
cm T L1/4At1/3 ( g )
where
L = tube length, ft
At =t, — t, = (temperature of saturation of dew point—
temperature of tube wall surface), °F.
Horizontal Tube Bundle™

See Figures 10-67A and 10-67B.

For single pure vapors Kern™ recommends the following,
due to the splashing of condensed liquid (outside) from
horizontal tubes as it drips/splashes to and off of the lower
tubes in the bundle:

N w . . .
G" = TN?/B, Ib/(hr)(linear ft); see Figure 10-67A (10-76)
Then the heat transfer for condensation is”® on a hori-
zontal bundle:
2\1/3 1.5 (4G" -1/3
(2" 15(46") -

“(kipig) (br)

The preceding equation automatically allows for the
effect of the number of vertical rows of horizontal tubes as
proposed by Kern™ and cited later in this discussion.’?> The
flow should be streamlined (laminar) flow, with a Reynolds
Number of 1,800- 2,100 for the condensation,* see Figures
10-67A and 10-67B.

Npes = 21 (10-78)
The critical Reynolds Number of 2,100 corresponds to
4T /  of 4,200 for horizontal tube.®

I'" = w/L, per horizontal tube, Ib/ (ft) (hr)
The thickness of the film*** for
Reynolds Number < 2,100 = (3ul'’/pg)"/?

For steam at atmospheric pressure,® the average film
coefficient is

5,800

hC!Il Y VR
(N.D,")H(At,,)"?

(10-79)

where
N, = number of rows of tubes in a vertical tier
D,” = tube O.D., in.
At, = (t-t,)/2,°F
t, = temperature of vapor, °F
t, = temperature of tube wall, °F
= average value of condensing film coefficient, Btu/hr
(ft®) (°F), for vertical rows of horizontal tubes
k¢ = thermal conductivity at film temperature, Btu/ (hr)
(ft%) (°F/ft)
p; = density Ib/ft® at film temperature, t;
g = acceleration of gravity, ft/ (hr) (hr) = 4.17 X 108
W = viscosity at film, Ib/ (ft) (hr) = centipoise X 2.42 =
Ib/ (ft) (hr)
W = flow rate, Ib/hr, condensate
D, = outside diameter of tubes, ft
N, = total number of tubes in bundle used for
condensation
tube length, ft, straight

L
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The charts of Chen?® are also useful for solving the equa-
tions for condensing coefficients; however, the correction
for the effect of multiple fluid stream is not included. There-
fore, the results should be conservative.

Devore® has presented useful charts for solving a multi-
tube condenser design as shown in Figures 10-68, 10-69, and
10-70. Figure 10-71 is useful for condensing steam. The
charts all follow Nusselt’s basic presentation; however, a cor-
rection for turbulence of the film and other deviations is
included.

Rohsenow and Hartnett'™ present Nusselt’s relation for
the heat transfer average for horizontal tubes in a bundle
condensing vertically from tube to tube, top to bottom tube:

[gpipr — pv)kzh,fg} v

h = 0.728 )
[nD,p.AT]
average for horizontal tubes in vertical bank (10-80)
where
g = acceleration of gravity, 32.17 ft/hr? = [ft/sec?
(3,600)?]
D, = tube outside diameter, ft
¢ = specific heat of liquid at constant pressure
h = heat transfer coefficient, Btu/ (hr) (ft?) (°F)
hg' =hg + (/) (T, = T,)
60?
50—.__- 20
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g 30 E- 40
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Figure 10-68. Number of condensate streams in a horizontal bundle.
(Used by permission: Devore, A. Petroleum Refiner, V. 38, No. 6,
©1959. Gulf Publishing Company, Houston, Texas. All rights
reserved.)

FIGURE 6 (below}—In order to use this nomogram for
turbulence correction facter for horizontal multitube
banks, first evaluate N. by using Figure 3 to find ns
and then Equation {35} to solve for N..

No
c % 1.0
N
— 3o 1.5
—2s 20
(20 ACETONE 30
C : 40
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— 1o

|
8

Figure 10-69. Turbulence correction factor for horizontal multitube
banks. Evaluate N, by solving for n, from Figure 10-68. (Used by per-
mission: Devore, A. Petroleum Refiner, V. 38, No. 6, ©1959. Gulf Pub-
lishing Company, Houston, Texas. All rights reserved.)
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Note:These Condensate Film Coefficients for Vertical Surfaces are Restricted to
G/p’s 1090. To Obtain Theoretical hem for Horizontal Tubes,use the above
Nomogram and Multiply Result by 0.8 .

Substance Ronge, °F | Point Substance Range, °F TPoint
n-Propanof - ls% ) iethyl Ether 3%4557 (€]
n-Propanal 122- 3 Eutectic Mixture Of Diphenyl .

Ethanol 32-158 And Dipheayl Oxide 500-700| /A
Ethanol 158-377 Dichlorodifiuoromethane 32-140
Methanol 32-172 Chlorodifluoromethane 0-120
Methanol 172-365 sym-Dichlorotetrafluoroethane | 32- 175

CClg 32-118 n-Pentane 50- 150

CCly 118-390 n-Pentane 150-250
CHCl3 32-154 n-Hexane 50-218
CHCI3 154-320 n-Hexane 218-350
Benzene 32-114 a-Octane 50-250
Benzene 114-383 | (2 n-Octane 250-400| 4 |
Acetone 32-300

Figure 10-70. Condensate film coefficients—vertical or horizontal.
(Used by permission: Devore, A. Petroleum Refiner, V. 38, No. 6,
©1959. Gulf Publishing Company, Houston, Texas. All rights
reserved.)
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Note: Condensing steam film coefficients
for vertical surfaces restricted to G’ Ju; <1090
To obtain theoretical hm for horizontal tubes,
use above nomogram and multiply result by 0.8.
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Figure 10-71. Condensing steam film coefficients for vertical surfaces
or horizontal tubes. G,'/p restricted to = 1,090. For theoretical h,, for
horizontal tubes, use and multiply results by 0.8. G, = condensate
mass flow per unit tube outside circumference, vertical tubes, Ib/(hr)
(ft). (Used by permission: Devore, A. Petroleum Refiner, V. 38, No. 6,
©1959. Gulf Publishing Company, Houston, Texas. All rights
reserved.)

hfg = N\ = latent heat, Btu/Ib

N\ = latent heat of vaporization, Btu/lb

k = thermal conductivity of the liquid at film

temperature, Btu/ (hr) (ft) (°F)

n = number of horizontal tubes in a vertical bank
AT =T,-T,, °F

T, = temperature at saturation pressure, °F
T, = temperature at wall, °F

W = viscosity of liquid, 1b/ (ft) (hr)

p, = density of liquid, 1b/ft®

p, = density of vapor, Ib/ft*

Reference 166 points out that the preceding equation
provides results lower than actual experience.

As reported by references 166 and 168, Chen’s'"” pro-
posed relationship provides better results; Chen assumes
subcooling is removed from the condenser:

[1+ 0.2(cAT)(n — 1)] gpp — p)k’h' ]

h = 0.728
(] [nDRAT]

(10-81)

where symbols are the same as for reference 166. Agreement with
test data is good when (cAT/hg) < 2.

Bell and Mueller'” present the following equation, which
is similar to several of the others for condensing outside sin-
gle horizontal tubes:

Kpp — po)hg]V*

h, = 0.728[ piley p_) 8l (10-82)
[ “’lDo(Tsal Tw) }

or
K — py)eL 1/3

h, = 0.951 [ ]p‘(pEM Vz])g ] (10-83)

1
where

h. = average condensing coefficient on outside of tube,
Btu/ (hr) (ft?) (°F)
T, = saturation temperature of the vapor, °F
T, = wall temperature of tube, °F
L = length of tube for heat transfer, ft
w
D,

vapor weight (mass) flow rate, Ib/hr
outside tube diameter, ft

Subscripts:
1 = liquid
¢ = condensing
vV = vapor

The preceding equations are reported to predict actual
heat transfer coefficients only about 15% lower than exper-
imental values—the difference can be attributed to the rip-
pling of the film and early turbulence and drainage
instabilities on the bottom side of the tube.!”

General design practice is to assume that the average coef-
ficient calculated for a single tube is the same as for an
entire bundle, based on test data.'”

In horizontal condensers (outside tubes), for N tubes in a
vertical row, with the condensate flowing uniformly from
one tube to the one below without extensive splashing, the
mean condensing coefficient, h,,, for the entire row of N
tubes (per Knudsen in reference 94A) is related to a film
coefficient for the top, h,, single tube by:

hynew = by N~Y4 (a severe penalty) (10-84)
h, is calculated by the previous listed equations.
Kern™ recommends:

hm(row) = hl (N)71/6 (10-85)

Short and Brown'” in reference 172 found no net penalty
against the single tube coefficient in a single row 20 tubes
high. Bell'” concurs that this is borne out in industrial expe-
rience, and “current design practice is to assume that the
average coefficient for the entire tube bank is the same as
for a single tube.”

Stepwise Use of Devore Charts

1. Based upon condensing heat load, log At and an
assumed overall coefficient, U, estimate the required
surface area.
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2. Determine the number and size of tubes required to
calculate this area. Also set the number of tube passes
and tube pitch.

3. Determine the inside film coefficient by methods pre-
viously outlined for convection.

4. Estimate film temperature of fluid on the outside of
tubes and determine At across condensing film.

5. For vertical tubes, determine condensate loading G,’
(Equation 10-73B). For these charts, G,’ (viscosity in
centipoise, at film temperature) is limited to 1,090.

6. For horizontal tubes, use Figure 10-68 to determine the
equivalent number of condensate streams, n,, based on
the total number in a circular bundle, N..

(a) Then calculate condensate loading (horizontal
tubes):

G"=W/Ln, (10-86)

Note that this varies from the form used in the Kern
relation.

(b) Determine the average number of tubes, N,:

N, =N/n, (10-87)

(c) Determine turbulence correction factor Cy*? from
Figure 10-69. For compounds other than those
shown, select the nearest type for reference and
evaluate Cy. To obtain more conservative results,
reduce the value of Cy*? but never to less than 1.0.

7. Film coefficients: h,

(a) For vertical tubes, use Figure 10-70 or 10-71 and cor-
responding scales for compounds at t; and G’ (as
defined for use with these charts).

(b) For horizontal tubes, use Figure 10-70 or 10-71 and
corresponding scales for compounds at t;and G” (as
defined for use with these charts).

8. Evaluate the overall clean coefficient, U..

9. Check the assumed temperature drop across the con-
densate film, At.

At = (U/hgp) (4, — t) (10-88)

If these values are not in good agreement, reassume

and recalculate.

10. Calculate the overall fouling coefficient, adding the

appropriate fouled factors to clean, U,.

11. Determine the required surface area:
A = Q/UAt (10-89)
If this surface area is slightly less than that assumed for the
unit, say 10-20%, the unit should be acceptable. If the
required area is larger, the new number of same length can
be determined by the ratio of required area/assumed area

X the number of tubes in the assumed unit when the effect
of any new shell diameter should be reviewed; otherwise the
unit should perform satisfactorily.

Subcooling

The literature is limited on design data/correlations for
subcooling condensed liquids in or on vertical or horizontal
condenser units. Certain analytical logic can be used to exam-
ine what is taking place and the corresponding heat transfer
functions can be used to establish the relations to break
the desired unit into its components (in terms of heat trans-
fer) and combine them to develop a single condensing/
subcooling unit. Also see reference 70.

Subcooling Condensate Oultside Vertical Tubes

The area concerned with the subcooling only can be eval-
uated using a film coefficient calculated from Figure 10-54
for liquids outside tubes. This assumes that the liquid being
cooled is held in the area around the tube by a level control
or pipe seal, allowing drainage at the rate it builds up and
covering a portion of the tubes.

Care should be used in determining the temperatures
that prevail at tube inlet and outlet, as well as the shell side
in and out for the subcooling portion. This becomes partic-
ularly tedious for multipass units.

Subcooling Inside Vertical Tubes

Colburn et. al.!” conducted some fundamental studies
using organic liquids; they developed the subcooling coefficient
when R, > 2100:

k2p?C 1/3
(k*p*C,) (4r)} (10:90)

b, =175 { () (m)

which is used to calculate the area required, and then this
area is added to an earlier calculated condensing area.

where
h, = subcooling film coefficient, pcu/ (hr) (ft) (°F)
k = thermal conductivity, Btu/ (hr) (ft) (°F)
p = liquid density, Ib/ft*
C, = heat capacity of condensate, pcu/(Ib) (°C)
I' = condensate rate per unit periphery, Ib/ (hr) (ft)

Wy = viscosity of condensate at average film temperature,
b/ (hr) (ft)
Note: 1.0 Btu/ (ft?) (hr) (°F) = 1.0 pcu/ (hr) (ft®) (°C)

Subcooling Condensate Outside Horizontal Tubes

Subcooling in horizontal condensers is accomplished by a
liquid seal on the liquid outlet or by a baffle, which dams the
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liquid and allows it to overflow through the outlet. Here
also, the subcooling area is calculated separately from the
condensing area. The two are then added to obtain the
total. Usually the liquid held to be subcooled covers only
about 15-30% of the total surface, although some units may
run as high as 50%. If the quantity of the liquid is very large,
handling it in a separate liquid cooler where higher coeffi-
cients can be obtained is possibly a better solution.
The cooling of the condensate by free convection is™

K 0.25
- (252)(3)
Mg do

where

(10-91)

p = viscosity in centipoise

A, = temperature difference between tube surface and
fluid, °F

= O.D. tube, in.

= coefficient of thermal expansion, %/°F

= density, Ib/ft*

= thermal conductivity of film, Btu/hr (ft*) (°F/ft)

. = specific heat, Btu/Ib (°F) at film conditions

. = (t, + t,)/2, °F, average, film temperature
t, = bulk fluid temperature, °F
g = acceleration of gravity, ft/ (hr)?2

G,’ = condensate mass flow per unit tube outside circumfer-

ence, vertical tubes, 1b./ (hr) (ft)

t

”OF'O-@OQ‘

The usual range of film coefficient values is 40-50 for
organic solvents and light petroleum fractions such as hexa-
nes; 25 for heavier materials such as aniline, straw oil, etc.;
and 0.5-3 for low temperature (10-40°F) subcooling of
heavier organics and inorganics such as chlorine.

Film Temperature Estimation for Condensing

Kern”™ recommends the temperature to use in estimating
or determining fluid properties:

b= 1/2 (4 — 1) (10-92)
where
t, = bulk temperature of fluid, °F.
t, = wall temperature of tube surface, °F
Aty =t — t,
McAdams® recommends:
= t, — 3/4 At (10-93)
At = t, — t,
where

t,, = saturation or dew point temperature, °F.

In most instances the effect of the difference on physical
properties will be small.

Condenser Design Procedure

The usual total condenser will follow the following design
steps:

1. Establish condensing temperature of vapors, either by
the conditions of other parts of the process (distillation
column, vacuum jet, etc.) or by the temperature
approach to cooling water, remembering that a close
approach will require relatively large surface area.
Select the cooling water temperature to ensure
performance in the summer months and consider the
conditions during the winter (see step 8q).

2. Establish film temperature for condensation from
Equation 10-26 or 10-28.

3. Establish physical properties of fluids, shell side at a dif-
ferent temperature than tube side.

4. Calculate the heat load of condensation from latent
heat. (This may be a weighted value for a mixture.)

5. Set an allowable temperature rise for the cooling water.

6. Calculate water rate:

W = Q/c, At,Ib/hr (10-94)
Q = Btu/hr
At = temperature rise of water, °F
c, = Btu/1b °F
w
= 10-95
BP™ T (8.33)(60) (10-95)

(for water, otherwise correct 8.33 1b/gal for sp. gr. of coolant)

m
ft*/sec = s cfs

(7.48)(60) (10-96)
7. Estimate the number of tubes per pass to maintain
minimum water velocity.
Set minimum velocity in tubes at 3.5-6 ft/sec = v.
Water flow area = cfs/v, ft2 = a
Select tube size and calculate flow area available:

tube cross-section, in’
144

Flow area/tube = = ft*/tube (1097)

a
Estimated no. tubes/pass = —; =n’ 10-98
/p ft?/tube (cross-sect.) ( )

8. Assume a unit:

(a) Estimate overall coefficient, U, from Tables 10-15,
10-17, and 10-18 or by your own experiences.

(b) Roughly calculate a log mean temperature differ-
ence AT.

(c) Estimate area = Q/U Ag, ft?

(d) The total tube footage required = A/ (ft* surface/ft
tube length), ft = F;
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(e) Assuming a tube length, I:

No. passes = =P, (10-99)

(n")(1)

If this value is not reasonable, reassume the tube
length, and/or the size of tubes. Try to keep the
number of passes fewer than 8 except in special
cases, as construction is expensive.

(f) From Table 10-9 pick an exchanger shell diameter
that closely contains the required number of tubes
at the required number of passes.

(g) From the actual tube count selected, establish the
actual number of tubes/pass. They may be a few
tubes more or less than initially figured.

Calculate the flow area/pass = (number of tubes/ pass)

(p) Compare, and if the available area is equal to or greater
than the required area, the selected unit will perform
satisfactorily. If the required area is greater than the
available area, select a new unit with more tubes, longer
tubes, larger tubes, or some combination. Repeat from
step 8, unless the minimum water velocity can safely be
changed, then repeat from step 7.

(q) Check the effect of winter operating conditions on
the importance of (1) maintaining constant yearly
outlet condensate temperature; (2) subcooled con-
densate as a result of excess surface area due to
lower inlet cooling water; and (3) maintaining a
minimum water velocity in tubes.

Example 10-10. Total Condenser

(cross-section flow area/tube), ft?/pass.

(h) Calculate velocity in tubes = cfs/ (ft%/pass), ft/sec. Ammonia vapors from a stripping operation are to be

(i) For the film coefficient, tube side, read h; from Fig- condensed. Select the condenser pressure, which sets the
ure 10-50A or 10-50B at the mean water tempera- top of stripper pressure, and design a condenser. Water at
ture and calculated velocity of (h). 90°F is to be used.

Correct to the outside of tube: Flow: 1,440 Ib/hr ammonia, at dewpoint.

tube L.D. i
hy, = (h;)(tube dia. film correction, F,) ( ube ), 1. The cqndenser operating pressure shquld be so selected
tube O.D. as to give a reasonable temperature difference between
Btu/hr (£t?)(°F) (10-100) the condensing temperature and the water temperature.

The quantity of water required should not be penalized
by requiring a small temperature rise in the water.

By referring to a Mollier diagram for ammonia, the
condensing temperature at 220 psig is 106.6°F. This is
about the lowest operating pressure possible to keep a
AT of greater than 10°F between water and ammonia.

(j) For the film coefficient, shell side, calculate G.”
from Equation 10-73B or 10-76, Ib/hr (lin. ft)

Do not use full tube length as effective, reduce “I” by

the estimated tubesheet thickness at each end; usually

1!/, in. per tubesheet for low pressure (to 150 psi) and

3 in. for higher pressure (to about 600 psi) is satisfac- 2. Heat load:
tory.
From Figure 10-67A, read h,, Btu/hr (ftQ) °F). Q = (1440) (470.5 Btu/1b latent heat) = 680,000 Btu/hr

(k) Select fouling factors from tube side and shell side,
from Table 10-12 or 10-13 or your own experience.
(1) Calculate the overall coefficient:

3. Minimum water tube velocity: set at 5 ft/sec.
4. Water required for 10°F temperature rise:

1 . Q = WCP A T
U= N , Btu/(hr)(ft*)(°F) (10-101) 630.000
= ' = W= . = 68,000 1b/hr
ho + I, + T, + hio (1)(10) /
. . 68,000
Usually the tube wall resistance can be neglected, but if gpm = W =136
you doubt its effect, add to the resistances. e
(m) Calculate log mean temperature difference by f*/sec = 136 _ 0.303
using Figure 10-33 or Equation 10-13. (7.48)(60)

(n) Arearequired:
5. Water flow area:
A = Q/U (Dt), ft? net
Total tube cross-section flow area = 0.303/5 ft/sec = 0.0606 ft>
(0) Area available in assumed unit:
6. Number of tubes, using 1-in., 12 BWG tube:
A = (ft? surface/ft tube) (number of tubes total)

(net tube length) (10-102) Tube flow area = 0.479 in.2/144 = 0.00333 ft>/tube
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0.0606
0.00333

No. tubes =

=18.2 per pass to keep the 5 ft/sec water velocity

7. Assumed condenser unit:

Assume U = 200
LMTD = 10°

680,000 \
A= = 340 fi
(200)(10)

Tube length required:

Outside area/tube = 0.2618 ft?/ft
Total tube footage = 340,/0.2618 = 1,300 ft

Try 15.25-in. ID. shell 4 pass, with 78 tubes total, 16-ft
long on 1!/, -in. triangular pitch.
Trial area = (78) (0.2618) (16-ft long) = 326 ft*
This does not allow for tube area lost inside the two
tubesheets of a fixed T. S. unit.
8. Flow area:

Number of tube side passes = 78/18.2 = 4.28, use 4 tube passes
Number of tubes/pass = 78/4 = 19.5, use 19
Flow area/pass = (19) (0.00333) = 0.0633 ft*

0.303 cfs

Velocity in tubes = ——————
clocily in tubes 0.0633 ft*/pass

= 4.8 fps/pass

9. For the film coefficient, tube side, use Figure 10-50A or
10-50B:

Mean water temperature = 95°F

Vel = 4.8

read h; = 1,150 Btu/hr (ft®>) (°F)

correction for 1-in. tube Fw = 0.96 at 0.782-in. I.D.
Correction to outside of tube:

h,, = (1,150) (0.96) (0.782/1.0) = 864 Btu/hr (f%) (°F)

10. Film coefficient, shell side:

Condensate loading: G,” = N2

1440 ,
G, = — = 5.1 Ib/hr (lin ft)
° (16 ft — 6in./12)(78)%®

(allowing 3-in. thickness/tubesheet, thus reducing
effective tube length)

Thermal conductivity, k, = 0.29 Btu/ (hr) (ft*) (°F/ft)
Specific gravity = 0.59

Viscosity = 0.085 centipoise

From Figure 10-67A or 10-67B, read:

h, = 2500 Btu/hr(ft?) (°F)

Although this is satisfactory, because it is so large, use
h, = 1500

In many cases, a “safety” factor of greater than 10-15%
is not justified.
Select the tube-side fouling of water = 0.002.
Select the shell-side fouling of ammonia = 0.001
11. Overall coefficient:

1 1
= + 0.001 + 0.002 + ——
1,500 864

1
U
1
U = 0.00067 + .003 + 0.00116 = 0.00483
U

= 207 Btu/hr (ft®) (°F) (neglecting tube wall resistance)

12. Log mean temperature difference:

Condensing
106.6°F. . » 106.6°F.
100°F,  Warming 90°F.
66 16.6
LMTD = % = 10.8°F (Figure 10-33)
In——
6.6

13. Area required:

Q 680,000

AT Ual T (207)(108)

= 304 f®

14. Area available in selected unit:

A = (0.2618) (78) (15.5) = 316 {2 net

680,000 l
U=—————— = 199 Bwu/hr (f2)(°F)
(316)(10.8)

15. Safely factor or percent excess surface:

(316 — 304)(100)

=————=39
% 304 %

16. Pressure drop, tube side:

End return loss (from Figure 10-139) at 4.8 ft/sec = (0.63)
(4 passes) = 2.52 psi

For the tube pressure drop, use Figure 10-138:

68,000 1b/hr

At wat te =
water e T g tubes/pass

= 3,580 1b/hr (tube)(pass)
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chart reads Ap, = 6.2 psi/100 ft

6
Total exchanger Ap, = (Wi)(él passes)(16 ft tubes)

= 3.87 psi

For usual purposes the effect of water temperature is
not great, and Figure 10-138 can be used. The
preceding value checks Stoever'® with Ap, = 3.85 psi.

Total tube side Ap, = 2.52 + 3.87 = 6.39 psi = 6.4 psi
Allow: 8 psi

Total shell side Ap, (refer to the pressure drop section

of this chapter) can be neglected for pressure units

unless an unusual condition or design exists. To check,

follow procedure for unbaffled shell pressure drop.
17. For the specification sheet, see Figure 10-72.

18. Winter operation—In order not to allow the water
velocity in the tubes to fall below 3 ft/sec in the winter,
you may have to compromise with the selected unit as
based on 90°F water. If the average four-month winter
temperature drops to 70°F, the quantity of water
required will be reduced as will the velocity through the
tubes. The low velocity is the point of concern. Check
to determine the prevailing conditions.

LMTD:
106.6 — > 106.6
80 - 70
26.6 36.6
LMTD = 31.5°F

This assumes the same quantity of water in order to
keep the velocity the same.
Revised tube side film coefficient:

At75°F, h; = 1,025

Corrected:
h,, = (1,025) (0.96) (.782/1.0) = 768 Btu/hr (ftQ) (°F)

Assume the shell-side film coefficient unchanged,
because the previous selection was on conservative side.

U= ! = 201 Btu/hr (ft?)(°F)

1
—— +0.001 + 0.002 + ——
1500 0.00 0.002 660

Revised area required:

A= M =107 ft2
(201)(31.5)

This is a significant reduction in area and is primarily
due to the increased At during winter operation. Actu-
ally, the unit will subcool the condensate with the excess
surface during the winter. Note that this result is based
on maintaining the same water quantity through the
tubes. If a lower velocity is acceptable for the water
conditions, then a higher temperature rise can be taken,
which reduces the liquid subcooling. Very few waters are
acceptable for cooling without excessive scaling when
the velocity falls below 1 ft/sec.

19. Although the previously discussed unit will perform as
required, it may be larger than necessary. The water
velocity of 4.8 ft/sec is not as high as would be pre-
ferred.

20. Redesign, using */, -in. bimetal tubes.

Try for a minimum tube velocity of 6.5 ft/sec:

gpm = (136) (10/5) = 272 gpm
ft’/sec. = 0.606
Water flow area = 0.606/6.5 = 0.0934 ft

For ?/, -in. tubes with an I.D. equivalent to about a 12
BWG tube:

Tube flow area = 0.223/144 = 0.00155 ft*/tube
Number of tubes = 0.0934/0.00155 = 30.1 tubes/pass

Assumed unit for trial conditions:

A= 080000 _ o062 (using 15° At for estimating)
= .= S T estimatn
(200)(15°) usng or cStmating

Outside area/tube = 0.1963 ft?

Number of feet tube = 226,/0.1963 = 1,550 ft

Using 16t tubes:

Number required = 1,150/16 = 72

For a 4-pass, fixed tubesheet unit, */, -in. tubes on %/ 4 -in.
triangular pitch, shell LD. = 12-in., number of tubes = 84:

No. tubes/pass = 84/4 = 21

Flow area/pass = (21) (0.00155) = 0.0326 ft*

ft®/sec for 6.5 ft/sec = (6.5) (0.0326) = 0.212

gpm = 0.212 (7.48) (60) = 95.2

Ib/hr = (95.2) (8.33) (60) = 47,700

For the film coefficient, tube side, use a mean water temperature
of 85°F instead of 95°F. This will lean a little more to the winter
operation and be safe for summer.

h; = 1,400

correction for 3/, -in. tube = 1.15

0.532
0.75

h, = (1,400)(1.15)( ) = 1,140 Btu/hr (f2)(°F)

Film coefficient, shell side:

1,440 .
G," = ————= = 4.841b/hr (lin ft)
15.5(84)%*
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Because the value of h, read from Figure 10-67A is still
about 2,500, use h, = 1500.
Overall coefficient:

1

1 1
—— + 0.001 + 0.002 + ——
1500 1140

920 Btu/hr (£t2)(°F)

Water flow of 95.2 gpm gives:
680,000 Btu/hr
(1)(95.2)(8.33)(60)

Water temperature rise = = 14.3°F

Log mean temperature difference:

Summer: based upon water 90°F — 104.3°F
LMTD = 7.2°F as calculated previously
Winter: based upon water 70°F — 84.3°F
LMTD = 29.0°F as calculated previously

Area required:

A= 080000 g e
(220)(7.2)
680,000

(220)(29.0)

Summer:

Winter: A= = 106 ft®

Area available in selected unit:
A = (0.1963) (84) (15.5) = 256 fi2

To make this unit acceptable for summer operation
(the calculated required surface is greater than that
available), assume that the water rate can be increased,
thereby decreasing water AT and increasing LMTD.

106.6 ———— 106.6

9% 90
116 16.6
LMTD = 14°

Summer area required (not making any correction for
change in water film coefficient or condensing coeffi-

cient):
7.2
A =286( — | = 147
(%)
Water rate = 00990 _ a6 600 Ib/h
ater rate — = , r
(5°)(1)
136,000
= 272

8P T (8.33)(60)

272
3 = —————:7z=
ft’/sec (7.48)(60) 0.606
0.606
ft/sec = 7(0.00155)(21) = 18.6

This velocity is too high for satisfactory operation.
Therefore, the only way to get more flow area is more
tubes and requires the same size shell as the previously
designed unit. I recommend using the unit with 1-in.
tubes.

21. Nozzles should be sized with or checked against the
sizes of the incoming or outgoing lines. Often the
exchanger nozzle must be larger than the pipe in order
to keep velocities low to prevent erosion or high pres-
sure drop.

Water Connections

Flow rate = 136 gpm

Design for (136) (1.5) = 204 gpm

Maximum allowable velocity 6 ft/sec

Referring to Cameron hydraulic tables:

Select 4-in. nozzle, vel = 5.3 ft/sec

Select head loss = (0.046 ft) (6 in./12) = 0.023 ft liquid

Condensed Ammonia Liquid Out

Referring to Cameron Miscellaneous Liquid Table in
Fluid Flow Chapter, Vol. I:
1,440 Ib/h.
8P T 60)(8.33)(0.59)
Design rate (4.87) (1.5) = 7.8 gpm

= 4.87

Select 3-in. nozzle, head loss less than 0.00035 ft (negligi-
ble). Use large nozzle to ensure free drainage of unit and no
vapor binding in outlet line. Actually a l-in. connection
would safely carry the liquid flow with a head of about 0.08
ft of liquid. A condenser must be free draining and capable
of handling surges.

Ammonia Vapor Inlet

Design rate = (1440) (1.5) = 2160 Ib/hr

Referring to Figure 10-63, at 220 psia and 17 mol wt, the
maximum suggested vapor velocity through a nozzle is

(40) (1.2) = 48 ft/sec max.
For a 3-in. nozzle, Schedule 40,
Cross-section area to flow = 0.0513 ft®

Sp. Vol NH; vapor = 1.282 ft*/1b
Total flowing ft®/hr = (2,160) (1.282) = 2,770



Heat Transfer

. 770
ft*/sec = 2770 _ 0.8 cfs
3600
Velocity in 3-in. pipe:
0.80
= 15.6 ft/sec
0.0513

This is satisfactory, although a 2-in. nozzle would have a
velocity of 34.3 ft/sec. Because this condenser has entering
vapors at the dew point, entrainment of some particles is
always a real possibility; therefore, a low inlet velocity is pre-
ferred. Also, overhead vapor lines should have low pressure
drop for vapor at its dew point and a 3-in. line might be indi-
cated when this line is checked.

RODbaffled® (Shell-Side) Exchangers

(See Figures 10-20A, 10-20-B, 10-20-C, and 10-20-D.)

The design techniques of this system of baffling are not
adequately published in literature, because they are propri-
etary information of Phillips Petroleum Co. and are licensed
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some of the improved features claimed for heat transfer and
pressure drop.

The specific features of this new type of shell-side con-
struction provide improved resistance to destructive tube
vibration compared to the usual plate baffle designs. These
units have been applied in practically all of the usual process
heat exchanger services including externally finned tubes.
These units have been fabricated in large shell diameters.
Technical references include Gentry;'® Gentry, Young, and
Small;'” and Gentry and Small.'”!

Condensation Inside Tubes

Horizontal Tube Bundles™ %% **

Kern’s”™ A modification of the Nusselt development is

considered useful.

1/3 1/4

[Lkipi(p — po)g]

[K'pi(pr — py)g]

to design ﬁr.ms .for speci'ﬁcal'ly designing the units t9 ensure h. = 0.761 (W] 0012 [mD;At]
proper application details. Figures 10-73 and 10-74 illustrate (10-103)
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Figure 10-73. Shell-side pressure loss for 3 shell-side baffle configurations—RODbaffles®. (Used by permission: Small, W. M., and Young, R. K.
Heat Transfer Engineering, V. 2, ©1979. Taylor and Francis, Inc., Philadelphia, PA. All rights reserved.)
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configurations—RODbaffles®. (Used by permission: Small, W. M., and
Young, R. K. Heat Transfer Engineering, V. 2, ©1979. Taylor and Fran-
cis, Inc., Philadelphia, PA. All rights reserved.)

where
k; = liquid thermal conductivity, Btu/ (hr) (ft?)
(unit temperature gradient, °F/ft)
p, = liquid density, Ib/ft®
p, = vapor density, Ib/ft®
w, = liquid viscosity, Ib/ (hr) (ft), [ = centipoise X 2.42 =
Ib/ (hr) (ft)]

D, = inside diameter, ft

g = acceleration of gravity, 4.18 X 108 ft/ (hr)?
At = temperature difference = (t, — t,) °F

t, = surface temperature, °F

-t
Il

saturated vapor temperature, °F
h, = condensing film coefficient, mean,
Btu/ (hr) (ft®) (°F)
W: = total vapor condensed in one tube, Ib/hr
= tube length, ft (effective for heat transfer)

—
I

Because the condensate builds up along the bottom por-
tion of horizontal tubes, the layer builds up thicker and
offers more resistance to heat transfer. Kern” proposes good
agreement with practical experience using the following

G”" =W/ (0.5 LN,), special G” loading

for a single horizontal tube, 1b/ (hr) (ft) (10-104)

R I (€0 T
el N T (10-105)

where
N, = number of effective tubes for condensation
L = tube length, ft
W = condensate flow rate, Ib/hr

Other symbols as listed previously.

Subscript:
f = liquid film

These relations are good for single-pass tube side units;
however, for multipass units, the number of available vapor
tubes must be determined at the end of the first and each suc-
ceeding pass, as the lower liquid carrying tubes must not be
considered as available tubes. Thus, G” should be evaluated
for each pass, and the individuals evaluated separately, or an
average determined as the average of the pass average values
of h,.

Condensing Inside Horizontal Tubes

The correlation of Akers, et. al.,' has given good results in
some industrial designs. The authors report that some verti-
cal and inclined tube data is also correlated on the same
basis. The sharp break in the data occurs around a Reynolds
number of 5 X 10* as shown in Figure 10-75. The mass flow
rate used to correlate is the arithmetic average of inlet and
outlet liquid condensate and vapor flows:

G.=Cy+Gy (p/p) "2 (10-106)

G. = equivalent mass flow inside tubes, Ib/hr (ft* of flow
cross section)
G, and (_}g = arithmetic averages of condensate and vapor flow
respectively, Ib/hr (ft* of flow cross section)

The relation applies to systems that potentially are con-
densable as contrasted to those systems containing noncon-
densable gases such as air, nitrogen, etc. All of the vapor
does not have to be condensed in the unit for the correla-
tion to apply.

Subcooling Condensate in Vertical Tubes

The total unit size is the sum of the area requirements for
condensation plus subcooling of the liquid to the desired
outlet temperature. For the subcooling portion:

1. McAdams®? recommends:

h

cm (Cu‘)l/;( 4W )1/3
— o1&
kipig/pt k /o A\ wymD;

(10-107)
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Figure 10-75. Condensing inside horizontal tubes. (Used by permission: Akers, W. W., Deans, H .A., and Crosser, O. K. Chemical Engineering
Progress, V. 55, No. 29, ©1959. American Institute of Chemical Engineers. All rights reserved.)

2. The mean temperature of condensate film before
subcooling:®?

t! mn = tS\ - 3 ( tS\' -

t,)/8 (10-108)

where
t, = temperature of saturated vapor
t, = temperature of surface

Vertical Tube Bundles, Single Pass Downward

Figure 10-76 is the semi-empirical curve of Colburn® as
recommended by Kern.”

Upward flow should be avoided as the film coefficient falls
considerably below the value for the downward flow; how-
ever, see later section for details.

The condensation inside vertical tubes is similar as to
mechanisms for condensation outside each tube. As the
condensate flows down the tube (inside), the liquid film

becomes thicker and normally changes from streamline to
turbulent flow at some region between the top and bottom
of the tube. Accordingly, the local film coefficient decreases
until the fluid film becomes turbulent, and then the film
coefficient increases. Colburn®> 7 has indicated that at a
point on Figure 10-76 where 4G’/ = 2,100 the transition
occurs, and the mean coefficient for condensation inside a
vertical tube when 4G’/ > 2,100 satisfies the entire tube.
Nusselt’s recommendation is 4G’/ = 1,400.7

The distance from the top of the tube to the transition
region is expressed”’:

2,668\
Xe = Sa Y (10-109)
p7kg (T, — t,)

where
units are previously listed

T, = temperature of vapor, °F

t, = temperature of tube wall, °F

x. = distance from top (effective) of tube, ft
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Figure 10-76. Condensation down-flow in vertical tubes. Note: h,, = average value of condensing coefficient between two points; G’ = con-
densate loading, Ib/(hr)(ft) = w’ / P, Ib/(hr)(lin. ft); w’ = W/N,, Ib/(hr)(tube); W = condensate, Ib/hr; p = perimeter, ft per tube. (Used by permis-
sion: Colburn, A. P. Transactions of American Institute of Chemical Engineers, V. 30., ©1934. American Institute of Chemical Engineers. All rights

reserved.)

Condensing Single Pass Up-Flow in Vertical Tubes

This mechanical configuration is not the usual situation
for most vapor condensers; however, it is convenient for spe-
cial arrangements and in particular to mount directly above
a boiling vessel for refluxing vapors. It can also be used in
special designs to take very hot vapors and generate steam;
however, for all cases a very real limitation must be recog-
nized.

Clements and Colver® developed the modified Nusselt
equation to correlate hydrocarbon and hydrocarbon mix-
tures in turbulent film condensation:

h.x

X

K

<° p)\ 0.75
MEA‘T} (10-110)
151

= Nu, = 1.88 X 10*8{

with an average deviation of date of 35.7%,

where
= distance film has fallen
= gravitational constant
= liquid density
= latent heat of vaporization
= liquid viscosity
liquid thermal conductivity
AT = temperature difference = (Tyuppie poine — T
Nu, = local Nusselt number, h,x/k,
h, = local heat transfer coefficient

—H o~ F >2 0. A

surface)

Note: The inner wall temperature data agreed with the bub-
ble point temperature.

Figures 10-77 and 10-78 illustrate the test performance
data, which is valuable in understanding the mechanism.
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Figure 10-77. Turbulent film condensation of light hydrocarbons and
their mixtures—up-flow. (used by permission: Clements, L. D., and
Colver, C. P. AIChE Heat Transfer Symposium V. 131, No. 69, ©1973.
American Institute of Chemical Engineers. All rights reserved.)

Flooding in an up-flow in a vertical condenser is an impor-
tant design consideration, because this flooding poses a
limit on flows for any selected design. To select the number
of tubes required to obtain the area for upflow without
flooding, the diameter of the tubesheet to hold these tubes
becomes quite large. The selected number of tubes, to
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propane-57% n-butane mixture at 176 psi abs.—up-flow. (Used by
permission: Clements, L. D., and Colver, C. P. AIChE Heat Transfer
Symposium, V. 131, No. 69, ©1973. American Institute of Chemical
Engineers. All rights reserved.)

obtain the actual heat transfer required, may dictate very
short tubes, such as 2- or 3-ft long. This is an unrealistic
design. Therefore, tube size may change the balance for the
design, or it may be impractical, and a down-flow unit may
be more economical.

For a given size vertical condenser in up-flow, the lightest
liquid and gas rates occur at the entrance to the tubes; there-
fore flooding begins at this location. Some advantages exist
for particular applications, including (a) mounting vertically
over refluxing equipment as it can save a separator and
instruments, (b) often lower fouling rates for the tube side
due to the liquid washing effect, and (c) fractional conden-
sation of multicomponent mixture allowing lighter compo-
nents to flow out vertically. According to English et. al.* the
correlation for the flooding condition is:

G = 1550 D% p46 g0 p 05 / w014 (cos ©)%2 (L/G)07 (10-111)
where
D = tube inside diameter, in.
G = superficial vapor mass flow rate, Ib/hr ft*
(total vapor entering base of vertical condenser tube)
L = superficial liquid mass flow rate, Ib/hr ft*
(liquid leaving the base of the condenser tube, plus
entrained liquid)
p = liquid viscosity, centipoise
pc = gas density, Ib/ft?
p; = liquid density, Ib/ft®
= surface tension, dynes/cm
= tube-taper angle (measured from horizontal),
degrees

Daq

According to this investigation, the allowable gas rate at
flooding can be increased by having the outlet tube ends
extend through the bottom tubesheet and be cut off at an
angle to the horizontal, rather than just a “square” cut-off.
The angle measured from the horizontal for a vertical tube
is as follows:

Angle % Increase* in Maximum Allowable Gas Rate
30° 5
60° 25
75° 54

*Increase compared to square end tubes O = 0°

The studies of Diehl and Koppany® further examined ver-
tical up-flow limitations.
The critical diameter above which the flooding velocity is
independent of diameter is given by:
d. = — in.
80
where

(10-112)

d;, = inside tube diameter
subscript ¢ = critical condition
o = surface tension of liquid, dynes/cm

For example, consider Dowtherm at 20 in. Hg vacuum:
o = 20.8 dynes/cm
208

€= g0 = 0.26 in.

Now, at 20 psig, o= 13.05 dynes/cm
Q1805

= g O in.

Therefore, for flooding in vertical tubes for a range of
these conditions, the tube I.D. must be greater than 0.26 in.;
generally, the recommendation is to use 0.5-1.0-in. LD.
tubes, approximately, to move far enough away from the
critical condition.

Flooding correlation (no tapered inlet tube considered):

o \05 o \0?
V= F1F2<f> , for F1F2<f> > 10 (10-113)
Py Pg
o \05
For, F1F2(—> <10
Pg
o \05 7115
V, = 0.71{F1FQ(—> } (10-114)
Pg
where
o\ 104 .
F, = [dl/(f)} ,fordi/<f) < 1.0
80 80
T
F, = 1.0, for di/(f) = 1.0
80

B = (1/G) ¥
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By assuming no entrainment in each condenser tube, the
liquid rate out the tube must equal the vapor rate entering
the tubes (assuming no noncondensables), so L/G = 1, and
at steady state, Fo = 1.

Using the Dowtherm figures cited previously at 20-in. Hg.
vacuum,

o = 20.8 dynes/cm
p, = 0.0877 Ib/f’

0.5
<3> =154
Pg

o 0.5
Vi = FlFQ(*)
Pg

Ve = (1)(1) (15.4) = 15.4 ft/sec
This is the velocity of the vapors in the tube, which will
result in flooding at this low pressure.

For the condition of 20 psig pressure:

o = 13.05 dynes/cm
p, = 0.5587 Ib/ft®

0.5 0.5
(g) :(13.05) ks
Py 0.5587
Because:

0.5
<3> <10
Pg
0.571.15
Vf~=O.71{F1F2(g) }
Pg

Vi = 4.35 ft/sec

By comparing with solving for the same conditions using
a l-in. tube in the English* correlation at 20-in. Hg vacuum,
Vi = 14.02 ft/sec, compared to 15.4 ft/sec from the preced-
ing calculation.

English’s* flooding correlation incorporates an entrain-
ment load of E/G from 0.01-0.05 1b liquid per Ib of vapor.

The effect of the tapered inlet tube (as earlier discussed)
as now determined by English* is only significant at the
60° and 75° tapers, both producing about the same
increase in vapor capacity. Diehl’s correlation is shown in
Figure 10-79.

where
E = superficial liquid entrainment rate, Ib/hr/ft?
F,, F, = correlation factors defined by equations
V; = superficial flooding velocity of the vapor, ft/sec

V;; = superficial flooding velocity of the vapor when inlet
tube taper is 70°, ft/sec

Dynes/cm
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Figure 10-79. Effect of entrance tube taper on flooding velocity. (Used
by permission: Diehl, J. E., and C.R. Kop Company, Chemical Engi-
neering Progress Symposium, Heat Transfer, V. 65, No. 92, ©1968.
American Institute of Chemical Engineers. All rights reserved.)

Example 10-11. Desuperheating and Condensing
Propylene in Shell

See Figure 10-80.

A refrigeration system requires that 52,400 lb/hr of
propylene refrigerant vapor from the compressors be desu-
perheated and then condensed.

Propylene inlet: 265 psia and 165°F
Propylene dew point: 265 psia and 112°F
Cooling water in: 90°F

Assume that this load can be handled best in two units
operating in parallel. In this scenario, if one condenser
develops trouble, the entire refrigeration system, and con-
sequently the plant process, is not shut down.

Heat Duty

Heat content of propylene vapor at 165°F = 512 Btu/1b

Heat content of propylene vapor at 112°F = 485 Btu/Ib
Sensible heat duty = 52,400 (512 — 485) = 1,415,000 Btu/hr
Latent heat of vaporization at 112°F = 126 Btu/Ib

Latent heat duty = 52,400 (126) = 6,600,000 Btu/hr
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Figure 10-80. Exchanger ratings and specifications for propylene condenser.
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Water Required
Assume a 7°F rise in sea water temperature:

Ib water/hr = (6,600,000 + 1,415,000) /(1) (7°) = 1,144,000
Water temperature at the dew point:
6,600,000

=90 + 5.78 = 95.8°F
(1,144,000)(1)

t=90 +
For log mean temperature differences, see Figure 10-73.
68 — 16.2

68

2.3 logf2

LMTD desuperheating = = 36.2°F

LMTD condensing = 19°F

Temperature difference correction for desuperheating
section only; see Figure 10-30 for 1 shell pass, 2 or more tube
passes.

to — t 97 — 95.8

p=— 1= =0.017%
T, —t, 165 — 95.8
T,— T, 165 — 11

R=—" 2= 2 _ 449

97 -958
Note that in reading the chart, values are off the scales,
but by approximate interpolation, a value of F = 1.0 is not
unreasonable. In any case the error in using this value will
be small.
No correction is necessary for the condensing section.
Assume overall U values to establish initial order-of-mag-
nitude of area required:

t, — t

Condensing U = 130
Desuperheating U = 35

Aven estimaied — A — 5:600.000 1,415,000
T 1m = =
ca estmate 130(19)  35(36.2)

= 2,670 + 1,118 = 3,788 ft®

Try two parallel units of approximately 1,894 ft* each.

Select:

?/4-in. O.D. tubes X 12 BWG cupro-nickel X 16 ft, 0-in. long
1,894

No. tubes = = 645

(0.196)(15 ft long tubes)

Use two passes in tubes; tubes on l-in. triangular pitch.
From the tube count in Table 10-9, a 29-in. 1.D. shell will
hold 646 tubes, including an allowance for tie rods. The
number of tubes per pass = 646,/2 = 323.

Tube-side coefficient:

8,015,000 Btu/hr total
(2)(7°F)

gpm = 573,000/ (8.33) (60) = 1,148
ft*/sec. = 573,000/ (62.4) (3,600) = 2.55

water flow/unit = = 573,000 Ib/hr

Flow area for water = (323) (0.233 in.?/tube) /144 = 0.5 ft?
Velocity of water through tubes = 2.55 cfs/0.5 = 5.1 ft/sec
From Figure 10-50A or 10-50B, for water,

h; = 1,200 Btu/hr (ft*) (°F)

Referenced to outside surface, tube I.D. = 0.532 in.

B 0532 o
h, = 1,200(—0'75 ) = 850 Btu/hr (£t%)(°F)
Shell-side coefficient: condensing.
Assume 2/ of tube length is used for condensing = 10 ft.

Referring to Figure 10-67,

Tube loading = G," = W/LN2? = (52,400/2)/(10) (646)%*
G," = 26,200/ (10)(74) = 5.4 Ib/lin. ft
Propylene properties at 112°F (liquid):
Sp. gr. =0.473
pe = 0.087 centipoise
k, = 0.0725 Btu/hr (f¢2) (°F/ft)
Read, h, = 320, use 300 Btu/hr (ft®) (°F)

Overall U for condensing:

Assume: water side fouling = 0.002
propylene side fouling (oil) = 0.0005
neglect tube wall resistance

1 1
=—+0. +0.002 + —
300 0.0005 + 0.002 350

1
U
1
U 0.00333 + 0.0005 + 0.002 + 0.00117 = 0.0070
U

= 142 Btu/hr (ft?) (° F)
(6,600,000/2)
(142)(19)

Shell-side coefficient: vapor desuperheating or cooling.
Tube length allowed for this = approximately 15 ft — 10 ft = 5 ft
Refer to Figure 10-81.
Assume a baffle cut of 25% and spacing as shown.
Note that allowance must be made for the entrance nozzle, which
often means that baffles cannot be spaced too close to the
tubesheet.
Tube bundle cross flow area:
s = (Dy) (¢)) (B)/144 (p)
¢'" = 0.25 in. between tubes

a, = (291n.) (0.25) (8in.) /144 (1-in. pitch)

a, = 0.403 ft*

G, = W/a, = (52,400/2) /0.403 = 65,000 1b/hr (ft*)
Vapor properties at 140°F:

¢, = 0.55 Btu/Ib (°F)
k, = 0.0128 Btu/hr (ft?) (°F/ft)
' = 0.0109 centipoise

p = 0.0109 (2.42) = 0.0264 1b/hr (ft)
Vapor density = 2.2 Ib/ft?
(cl/k)"? = [(0.55) (0.0264)/0.0128]"% = 1.042
The Reynolds number for Figure 10-54:

D, = 0.73 in. = (0.73/12) ft
(0.73 in./12)(65,000)

0.0264

Condensing area = A = = 1,220 ft*/unit

o

R, = D.G/p =

149,800
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Figure 10-81. lllustration for Example 10-11. (A) Temperature profile
for fluid desuperheating and condensing. (B) Baffle and tube support
layout.

Reading Figure 10-54,

ju = 240
. :E (Cf’i)l/g(ﬁ)o“
° De ki] ’J"\V
w/m, = approximately 0.5 as lowest ratio

~240(0.0128)(1.042)(0.9)
° (0.73/12)
h, = 47.3 Btu/hr (ft%) (°F)

For overall U cooling, assume:
water side fouling = 0.002
propylene side fouling = 0.001
neglect tube wall resistance

1

1
= + 0.001 + 0.002 + ——
U 473 850

= 0.0212 + 0.001 + 0.002 + 0.00117 = 0.02537
U = 39.6 Btu/hr (ft?) (°F)

Area required for gas cooling:

(1,415,000/2) 494 £2 .
= o ool & t t
A = 7(39.6)(36.2) pet
Total area per unit:
A = 1,220 + 494 = 1,714 f®

Total area available per unit:
A = (0.196) (15.5 ft) (646) = 1,960 ft?

Note that this assumes 3 in. as the thickness for each tubesheet:
16 ft — 6in = 15.5 ft
1,960 — 1,714

Overall “factor of safety” = 1714

(100) = 14.3%

This is not excessive.

Area available for gas cooling = (5 ft) (0.196) (646) = 632 ft?
Area calculated required for gas cooling = 494 ft

632 — 494

494

Area available for condensing = (10.5 ft) (0.196) (646) = 1330 ft?
Area calculated required for condensing = 1220 ft?

1,330 — 1,220

1,220

(100) = 28%

Percent extra area =

Percent extra area = (100) = 9%

The baffling for the gas cooling area could be adjusted to
make more area available for condensing and, thereby, bal-
ance the unit a little better. In operation these areas will
become balanced, and some condensing will undoubtedly
take place in the gas cooling area. In either case the unit size
is within the range to allow reasonable plant operating flex-
ibility without increasing the capital cost of the unit signifi-
cantly.

For the tube side pressure drop, refer to Figure 10-138:

At 5.1 ft/sec

Read 15 psi/100 ft of tube

Tube length = (15/100) (16 + 16) = 4.7 psi
Allow 20% for fouling:

Ap = 4.7 (1.2) = 5.65 psi

From Figure 10-139,
For two-pass exchanger:

1 entrance
1 return

1 exit

3

At 5.1 ft/sec tube velocity, Ap, = 0.7 psi/pass

Then: 3 (0.7) = 2.1 psi (This is conservative, as some designers
use (1) (0.7) = 0.7 psi per pass to cover a unit of this type.)

Total tube side Ap, = 5.65 + 2.1 = 7.75 psi

This should be the maximum expected value.

Shell-side pressure drop due to gas cooling:
Reading Figure 10-140 at R, = 149,800,
f, = 0.0017 from chart/1.2 = 0.00142

£,G*D(N, + 1)

AP g0 (/)
(0.00142)(65,000)%(29/12)(7 + 1)
T 9(4.17 X 10°)(2.2)(.73/12)(0.9)
Ap, = 1.16 psi

The pressure drop due to condensing is usually negligible
in a unit of this type. As a maximum, it may be taken as one
half of the gas flow drop calculated for one baffle. This
would be 1.16/8 = 0.145 psi for the condensing portion.
Note that this does not recognize tube supports at 50% cut
area, but for pressure units, this pressure drop will be nil.



138 Applied Process Design for Chemical and Petrochemical Plants

Example 10-12. Steam Heated Feed Preheater—
Steam in Shell

Design a preheater for heating the feed to a distillation
column. The 54,180 Ib/hr of feed consists primarily of ethyl
benzene and styrene and is to be heated from 50°F to 207°F.
Steam is available at 10 psig.

The average physical properties of the feed have been cal-
culated over the temperature range, at 128°F:

Molecular weight: 104

Specific heat, c,: 0.428 Btu/1b (°F)

Viscosity: 0.4765 centipoise

Thermal conductivity: 0.0891 Btu/1b (ft*) (°F/ft)

Density: 53.4 1b/ ft®

Heat duty Q = (54,180) (0.428) (207 — 50) = 3,640,000 Btu/hr

Heat Transfer Surface Required

Try an 18-in. diameter shell unit with 82 X 1-in. O.D. X 12
BWG steel tubes X 12 ft long X 6 pass tubes.

Tube LD. = 0.782
Tubes/pass = (82/6 ) = 13.67

) (0.782)%(0.7854)
cross-section/pass = 13.67| ———"———— | = 0.0455 {¢*
(144)
. (54,180)
ft/sec tube velocity = = 6.20 ft/sec

(53.4)(3,600)(0.0455)

(0.782)
D= = 0.06512 fi, tube L.D.
(12)
(54,180)
G=,——— = 1,190,000 Ib/hr (ft%)
(0.0455)
(0.06512)(1,190,000)
R, = = 67,200
(0.4765)(2.42)

ju = 182, from Figure 10-54.

Kk Coi\1/3 0.14
() ()

~(182)(0.0891)[ (0.4281)(0.4765)(2.42) 10333
f(0.06512) [ 0.0891 }

= (249)(5.55)"%

h; = 440 Btu/hr (ft?) (°F)
1/h; = 1/440 = 0.002270
1/h;, = (0.002270) (1.00/0.782) = 0.00290
Assume inside fouling, r; = 0.001
r,, = (0.0010) (1.00/0.782) = 0.00128
Tube resistance, 1/k = 0.00024
Assume outside (steam) fouling: r, = 0.00050
Steam side film, h,, assumed:
1/h, = 1/1,500 = 0.00067
>r = 0.00559

Note for oilfree steam, it is usually quite safe to assume
the steam film coefficient = 1,500. Most calculated values
will be considerably greater than this.

U, = 1/0.00559 = 179 Btu/hr (ft2) (°F)

Log mean temperature difference:

239.3°F 239.3°F
207.0°F 50.0°F
A = 32.3°F A = 189.3°F
189.3 — 32.3 157.0 157
= = = = 88.85
! 189.3 In 5.8607 1.767
"393

At correction = 1.0, because this is total condensing on one side.
(3,640,000)
(179) (88.85) (1.0)
Area available = (82) (11.75) (0.2618) = 252 ft?

area required = = 229 f¢*

. . (252)(100)
Safety factor based on fouling condition: = ———— =
(229)
= 10%
Tube-Side Pressure Drop
R, = 67,200

From Figure 10-137,

f = 0.000165

G = 1,190,000 Ib/hr ft?
D = 0.06512 ft

L =12.00 ft

n = 6.00 passes
p. = 53.41b/f°

(0.000165)(1,190,000)%(12.00)(6.0)
(2)(417,000,000)(53.4)(0.06512)

p. =

= 5.80 psi, uncorrected for tube passes

For pass corrections use fluid flow expansion and con-
traction as an illustration of one approach to these pressure
drop calculations.

Assume channel diameter = 17.25 in. (based on approximate
layout)

Sectional area of channel = (17.25)%(0.7854) = 233.5 in.2

17.25 in. diameter

Sectional area of tubes = (82) (0.782)%(0.7854) = 39.5 in.?

= 7.1 in. diameter

I

a_ 71
= =0.410
D 17.25
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Because the number of tubes per pass is equal per pass,
assume that the corresponding area of the channel is equal
for all passes. Use the data from Table 2-2 and Figure 2-21,
Chapter 2, Fluid Flow, Volume 1, 3™ Ed. Reading data from
Standards of the Hydraulic Institute:

k contraction = (0.375) (6 pass + 1 exit nozzle) = 2.63
k expansion = (0.700) (6 pass + 1 inlet nozzle) = 4.90
3K = 7.53
k = Kv?/2g = 7.53 (6.20)%/2 (32.2) = 4.5 ftliquid
=4.5/2.3 ft/psi = 1.95 psi
Ap, = total = 5.80 + 1.95 = 7.75 psi
Use 8.5 psi for design purposes.
Note: Here, k is resistance coefficient, also K.

Shell-Side Pressure Drop: Negligible

The unit proposed has been checked as satisfactory for
the service. Other designs could be assumed and balanced
for reasonable velocities, pressure drops, and area.

Example 10-13. Gas Cooling and Partial
Condensing in Tubes

Design a partial condenser to cool a mixture of hydrogen
chloride-water vapor from 178°F to 90°F using 60 gal per
min of chilled water at 70°F. The unit is to have the acid mix-
ture in the tubes, because this will allow for a cheaper con-
struction than if this material were in the shell. The
tube-side material is to be impervious graphite, and the shell
and shell-side baffles are to be steel. The acid vapor is essen-
tially at its dew point.

The specification sheet summarizing the design is given
in Figure 10-82.

Head Load

1. Cool: 1,496.8 Ib/hr HCI from 178°F to 90°F
156.6 1b/hr H,O vapor from 178°F to 90°F
1,653.4 1b/hr to condenser

2. Condense: 149.6 1b/hr HyO vapor and 102 Ib/hr HCI
= 251.61b/hr

Condensing heat = 902.1 Btu/1b condensed

Q cooling = (1,496.3) (0.192) (178 — 90) = 25,300 Btu/hr

= (156.6) (0.450) (178 — 90 6,200
Q condensing = (902.1) (251.6) = 227,000
Total heat duty 258,500 Btu/hr

Water Temperature Rise

60 gpm = 30,000 Ib/hr

Q  (258,500)
AT =~ = 7 = 862°F
We,  (30,000)(1)

Exit water temperature = 70 + 8.62 = 78.62°F

AT Determination (Water Available at 70°F)

°F °F
Vapor Side Q, Btu/hr Water AT (vapor-water)
178 0 78.62 99.4
165 87,900 75.69 89.3
145 172,700 72.86 72.1
125 220,400 71.27 53.7
104 251,500 70.23 33.8
90 258,500 70.00 20.0

Integrated AT = 76.48°F, see Figure 10-83

Log mean temperature difference is not used because the
distribution of the exchanger area varies through the unit,
due to changing heat load.

At correction: use Figure 10-34

J L7890 88 a5
178 =70 108

_ 78.62 — 70 _ 862 _ 0.0979
178 — 90 88

P

At correction = 0.935
At corrected = (76.48) (0.935) = 71.5°F (integrated value)

Tube-Side Coefficient

Tubes are 1!/, -in. O.D. X 7/4-in. LD.

Condensing Coefficient

Use method of Akers et. al.! (Method preferably used for
pure pressure rather than mixed vapors.)

_G(: = CI_ + Gg (pl,/p\)l/2
G, = (0 + 251.6)/2 = 125.8 Ib/hr
G, =125.8/0.1128 ft2 = 1,115 Ib/hr (ft? cross-sect.)

Flow C b Jpass = (@)(3'14)(0-875)2
Oow Lross-section area/pass 9 (4) 144

= 0.1128 ft*/pass

(10-114A)

G, = average mass velocity of vapor, in to out

N 1,658.4+1,401.8} 1 15276
(2) 0.1128  0.1128

= 13,520 Ib/hr (ft? tube cross-sect.)

= (pL/py)"/* = 13,520 (72.4/0.0831)'* = 399.800
G, = 1,115 + 399,800 = 400,915 Ib/hr (ft* cross-sect.)

Avg. mol. wt. = 33.14 + 36.36/2 = 34.75

G,
Gg

Note: 114°F is integrated average temperature for the following
physical properties:
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DWG.
NG, A
Item No.
By EXCHANGER RATING Job Ne.
Date:- Charge No.
Appatratus Hel Pavtial Condensev Plant
Minimum Surface Area per Shell, 5q. Ft.: 157 Outside Inside:
Number of Units: Operating One Spares _None
DESIGN PATA PER _Shell
UNIT DATA SHELL SIDE TUBE SIDE
Fiuid Chilled Water Hef + Water Vapeor
Fluid Flow Lbs./Hr. | 30,000 653 .4
Temperature in =F. 7O 178
Temperature Qut °F. 78.6 20
Operating Pressure PSIG 25 0.3
Density Lbs./CF O.07523 (Avg.)
Specific Heot Btu/L b./=F. [Ke) Q.2166 CAvg)
Latent Heat Btu/Lb, 02,1 1)
Therm. Cond. Btu/Hr,/5q. Ft./°F-/Ft. o.348 ©.0098 (Avg.)
Yiscosity Centipoise | .93 . 0148 (Avg.}
Molecular Weight 18 3.5 (Ava.)
Noy of Passes One Two
Pressure Drop PS] [ Cale: [.2D Used: 2.25 Cale: ©5. 24 Used: .30
Fouling Factar .00 OC.O0IO
Heat Transferred - BTU/Hri_ 258,500
LMTD!E! 7150 °F, Overall U: Cele. 4-3.2 Used 25%5.O
CONSTRUCTION
Mox. Oper. Pressure l 50 PSSl ! S50 Pl
Max, Dper. Temperature | 240 oF., 1 240 °F,
Type of Unit_[mpervious Graphite Tube Pitch [ S " A Jaint
Tubes - Material: Impervious & No. 55 0.0, | ':/‘!'" ﬁ” LD. Length 2t
Shell - Material; _ Sieel Diameter {Approx.}:
Channel Material; Jmpevvious Graghike.  Supports Matericl:

Tube Sheet Material: _[mpgumsﬁtiph_\ﬁ:ﬂ____ Baifle Material:

Carrosion Allowance - Shell Side Tube Side
4" Steel

Connections - Shell In: Out 4" Steel

Flange

n

Channel |n: Out __ 4" G—raoh\-\"e.

Flange

A" Graghite
Others. Nozzle Cplgs. ~  size_ 34" Shell Side.

Flange

Bolts: Gaskets: Nc.opmnp
Code _None Stamp X-Ray SR
Insulation None Class Cathodic Protection NOHE.
Channel : ok
. ater
One hoviz. pass baffle nozzle end 24" 3000% cola: 1'0,1.
Shell: I
2z Baffles (25,% Hor\z.Cu‘") on | : 1 t I
4" Center o Center Spacing. A !
Provide. 2”7 V-netch on the i *\‘% 3000""—?‘3
botiom of lower baffles ‘ Fwater in Graphite
fov dvrawnage. van:‘-:L.‘q" (Tg‘;icul)
BAFFLE ARRANGEMENT NOZZLE ARRANGEMENT

Remarks:- {{

Total
102 1b. e Hel absorbped

-

in

/n.

h

149 & lb./hy. HzO condensead.

(€3] {n"regna"rc.d average fram @ va. AT wlet =756.48°E
AT cevvected = 7[.50°F
Checked Date Approved Date
Rev. By Date B/M No.

Figure 10-82. Exchanger rating specifications for hydrogen chloride partial condenser.
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Figure 10-83. Heat duty variation with temperature difference as
vapor flows through unit.

pp at 114°F = 72.4 Ib/ft®

¢y at 114°F = 0.615 Btu/1b (°F)

k, at 114°F = 0.280 Btu/hr (ft?) (°F/ft)

p at 114°F = 1.30 centipoise (35 wt. % avg.) = 3.151b/ (hr) (ft)

g = DG _ (0.0729)(400.915) _
L, 3.15
Reading Figure 10-75,
b= M(@)_m =100
k k

Allowing for the spread of data and tending to be conser-
vative, use 85% of value read from chart:

a

use, b = 85
(85)(0.280) /0.615 X 3.15\3 y
FT0.0729) 0.280 = (326.5)(6.92)""

h; = (326.5) (1.904) = 622 Btu/hr (ft*) (°F)

Referencing to outside of tube:

o (62)0875) N
o = W = 436 Btu/ I'(ft )( F)

Sensible Gas Cooling Coefficient

K, = 0.0358 Ib/hr (ft)

D = 0.0729 ft

¢, = 0.217 Btu/1b (°F) (avg.)

k, = 0.00979 Btu/hr (ft*) (°F/ft)
R, = 27,650

ju = 90.0 (see Figure 10-54)

ik (2)”
i JHD K

~(90)(0.00979) (0.217 X 0.0358

1/3
f(0.0729) 0.00979 ) = (12.10)(0.794)"*

h, = (12.10) (0.9262) = 11.20

h, =11 QO(M) =7.84
o : 1.25 :

Shell-Side (Water) Coefficient

Use 4-in. baffle spacing and 25% cut baffles in 6-in. O.D.
shell.

Use flow rate = 30,000 Ib/hr.

Shell-side equivalent diameter:

1] (pr286)p) — 3 a4

d.= wd,

9
1.625 w (1-25)2}
4| (222 (86) x 1. _T
B K g (80) 625) 9 4

ey
T (1.95
= (1.25)

d. = 1.06 in. = 0.0886 ft
D, = 0.0886 ft

Shell-side bundle cross flow area:

_(D)(c")(B)  (15.25)(0.375)(4)
LT Up(144)  1.625(144)

= 0.0977 f¢*

G, = (30,000)/(0.0977) = 307,000 Ib/hr (ft?)
. (water at 74.3°F) = 0.931 centipoise = 2.25 1b/hr (ft)

(0.0886)(307,000)

s = = 12,070
“ (2.25)
ju = 6.10, Figure 10-54
c, = 1.0
k, = 0.348 Btu/hr (ft?) (°F/ft)
b= K (Cpl*>”3 _ (61.0)(0.348) <1.0 X 2.25)‘/3
TP \Tk) T (00886)  \ 0.348

h, = (239) (6.46)/% = (239) (1.862) = 445 Btu/hr (f&2) (°F)

Fouling Factors and Tube Resistance
Assume inside fouling factor = 0.00010
Assume water side (shell) fouling factor = 0.0015
Tube resistance for ?/, -in. impervious graphite wall:
0.375
1= Lk = 1090 Bew/hr (68)(°Fin)
r, = 0.000368
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Condensing Surface Area

U = 1
© 1 1
hiio + ri(do/di) + I, + T, + ;O
_ 1
L + 0.001(1.25/0.875) + 0.000368 + 0.0015 + 1
436 ’ ’ ' ’ ’ 445
— 1 — 1¢ 2\(o
Uo = 5 ogras = 1276 Bu/hr (18)(°F)
Area: A = Q/UA
227,000 .
A= g =249 ft?

(127.6)(71.50)

Sensible Gas Cooling Area

1

U. =

o

1 1
—— 1+ 0.001428 + 0.000368 + 0.0015 + ——
784 0.001428 + 0.000368 + 0.0015 445

1
Yo = 0.1275 + 0.001428 + 0.000368 + 0.0015 + 0.002245
oo 1
° " 0.133041
(25,300 + 6,200)
(7.51)(71.50)

=7.51

Area: A = = 58.7 ft®

Total Area

A =249 + 58.7 = 83.6 ft’
“Safety Factor,” or excess area:
% S.F. with unit containing 157 ft* = 157/83 .6 = 1.878 = 87.8%

This is normally too large a value to be considered an eco-
nomical design. However, in this case, future flow rates indi-
cate that the 157 ft> will be close to the needed area. Rather
than handle and provide piping and special valves for two
units, it is cheaper and easier from an operation viewpoint
to install one large unit at this time.

Overall U Calculation

U 28500 o
(83.6)(71.50)

Overall U Used (Based on the Over-Sized Unit)

U (258,500) 0.0
~ (157)(71.50) T

Density Avg. Vapor Flow @ Avg. Temperature of 134°F 0.65 psig

Avg. MW vapor @ inlet and exit avg. conditions = 34.65

_ (34.65)(15.35)(520)
P T T(379)(14.70)(594)

= 0.0835 Ib/ft®

Shell-Side AP

R, = 12,070, previous calculation, from Figure 10-140
f=0.00205

£GID, (N, + 1)

AP g,
where
Number of baffles = 22
g =417 X 10
G, = 307,000 Ib/hr (ft?)
D.” = 0.0886 ft
D,/ =15%/,=127ft
pL = 62.27 Ib/ft®
b, = essentially 1.0
A (0.00205)(307,000)%(1.27)(22 + 1)
ps =

(834,000,000)(62.27)(0.0886)
Ap, = 1.23 psi; use 2.25 psi for system allowances

Note that this pressure loss does not account for nozzle
entrance or exit losses. These losses may be neglected pro-
vided velocities are low and no unusual conditions are
imposed upon these connections. For low pressure systems,
these losses cannot be ignored.

Tube-Side Pressure Drop

R. =D G/,
pgas @ 114°F: 90.25 mol % HCl in feed, 99.7 wt. % exit
Avt. wt. % HCI = 95.0 wt. %
' = (0.950) (0.0150) + (1 + 0.950) (0.0105)
= 0.01478 centipoise
1= 0.0358 Ib/ft hr

= (0.0729)(13,560) o7 650
< (0.0358) 7

f = 0.000204 (Figure 10-137)
Ao (0.000204)(13,560)%(6)(2)
PeT(9)(417,000,000)(0.0831)(0.0729)

p, = at 114°F and 1 atm = 0.0831 1b/ft®

= 0.089 psi

For bundle entrance and exit losses, refer to copyrighted
graph of Donohue. *

Ap, = (0.051) (2) = 0.102 psi
Ap, calculated total = 0.089 + 0.102 = 0.191 psi
Ap, used = (0.191) (1.2) = 0.23 psi
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Condensing Vapors in Presence of Noncondensable Gases

A stream containing a noncondensable and vapors to be
condensed must be considered so that the continually
changing gas vapor physical properties (and some thermal
properties), gas film heat transfer coefficient, and mass gas
flow rate are adequately represented. This operation is usu-
ally a constant pressure process. The vapor condenses at its
dew-point on the tubes, thereby providing a wet surface; a
noncondensable gas film surrounds this surface; and the
vapor of the stream diffusing through this film condenses
into the liquid film of the condensate on the tube, see Fig-
ure 10-84. The sensible heat and latent heat of the vapor
are transferred through the gas film and the liquid film to
the tube surface (except when considerable subcooled
condensate film exists, in which cases there may be con-
densation or fogging in the gas film). The rigorous
method of design of Colburn®* and Colburn and Hougen?!
involving trial-and-error calculations is considered the
most accurate of the various alternate procedures pub-
lished to date. Kern™ presents a very useful analysis of spe-
cial design problems with examples.

The effect of a noncondensable gas in the system with a
condensable vapor is to significantly reduce the condensing
side film coefficient. Henderson and Marcello® present data
to illustrate the effect. Figures 10-85, 10-86, and 10-86A pre-
sent the effect of AT with a steam-air system and toluene-

Tube wall
Y Condensate (liquid) film (Process vapors side), at tc

l_ Non-condensable gas film
1
1

py vapor

tsat. at py
Coolant

pO

Pg. Inert gas

o
T A A RS <—

v
1
1
1
1
1
1
)
:
1
1 Process Side
1
1
1
1
1
1
!
1
1
1
1
1
1

Tube length from tube wall out into process side

py = partial pressure condensing. vapor

pg = partial pressure inert gas in main body of gas
pO = partial pressure inert gas at condesate film
pc = partial pressure condensate

tsat = saturation temperature of condensing vapor
tc = condensate temperature

tw = tube wall temperature

Figure 10-84. Condensable vapors in presence of a noncondensable
gas.

nitrogen. The following is a reasonable short-cut approach
that can be acceptable for many applications but certainly is
not as accurate as the Colburn-Hougen®”*! method:
1
H=—" 10-115A
1+ Cy ( )

where
H = heat transfer coefficient ratio, hy/hy,

hy, = effective heat transfer film coefficient, Btu/hrft>°F
hy, = condensing film coefficient by Nusselt equation
Btu/hrft>°F
y = mol (volume) percent noncondensable gas in bulk
stream.

C = see following table®

1.4

\ " —— Vertical tube _
12 \ --- -- Vertical plate
' he N - Horizontal tube S
LN ~~ This work
10— —.— Othmer, A T= 4°F
\'\ B __._ Othmer, A T= 60°F ——]
0.8 .
P NN
hNu 0.6 \ \
~
0.4 S >
.\"\.\ 1 —
02 = —
0.0
0 1 2 3 4 5 6 7 8

Mole Percent Gas, Y

Figure 10-86. Heat transfer ratio correlations for steam and air sys-
tem. (Used by permission: Henderson, C. L., and Marchello, J. M.
ASME Transactions Journal of Heat Transfer, V. 91, No. 8, p. 44,
©1969. American Society of Mechanical Engineers. All rights
reserved.)
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Figure 10-85. Heat transfer ratio for toluene and nitrogen. (Used by
permission: Henderson, C. L., and Marchello, J.M. ASME Transac-
tions Journal of Heat Transfer, V. 91, No. 8, p. 44, ©1969. American
Society of Mechanical Engineers. All rights reserved.)
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Figure 10-86A. Influence of air content on the heat transfer coefficient
of steam containing air. (Used by permission: Edmister, W. C., and
Marchello, J. M. Petro/Chem. Engineer, June 1966, p. 48. © Petro-
leum Engineer International.)

% Range Non- % Standard
System C condensable Deviation
Steam-air 0.51 0.64-25.1 9.2
Toluene-nitrogen 0.149 0.71-59.1 8.7
Benzene-nitrogen  0.076 7.1-20.3 14.3

Figures 10-85, 10-86, and 10-86A and Equation 10-115A
represent the effective reduction of the pure component
(condensable) when inert gases are present, resulting in the
reduced effective heat transfer for condensing the mixture.

Although it is not stated in the study, from a practical
industrial standpoint, the effects of air, nitrogen, and other
common inert gases can be expected to be about the same
for other organic systems.

A computer program developed by Volta'?! handles the
problem of condensing in the presence of a noncondens-
able gas for down-flow of either a saturated or superheated
gas-vapor mixture insidevertical tubes. The program is based
on a modification of Colburn-Hougen and Bras and is cer-
tainly more accurate and easier to use than the lengthy man-
ual calculations. Although the program was written for
vertical tubes, it can be used to approximate the results in a
horizontal unit, and if the correction factor between vertical
and horizontal tube condensation is applied, the compari-

son may be improved. The method uses diffusion coeffi-
cients. An example using vertical tubes is included.

The survey of Marto™®! includes several excellent refer-
ences to this topic. The proposal of Rose'® is reported to
give good agreement with selected experimental data.

Example 10-14. Chlorine-Air Condenser,
Noncondensables, Vertical Condenser

A chlorine-air mixture is to be cooled and the water vapor
condensed using chilled water. The design conditions are as
follows:

Flow: 92.3 Ib gas mixture, per tube. Estimated tube bank: 4.48 1b
water, per tube

Gas in: 110°F (saturated)

Required gas out: 58°F

Water in: 48°F

System pressure: 1 atm

Number of tubes, assumed: 416; 0.75 in. O.D. X 20 BWG

The computer print-out of good results is presented in
Table 10-23. A brief interpretation of the result follows:

Water condensed, total 815 Ib/hr

Partial pressure water vapor in: 0.087

Partial pressure water vapor out: 0.011

Cooling water out (counter flow): 58.14°F

Inside film coefficient, Btu/hr (ft?) °F: 13.12 (avg.)
Internal tube surface (calculated): 786 ft®

Internal tube surface (recommended): 867 ft?

The design method of Colburn and Hougen®" has with-
stood many examinations and is considered the best for any
problem of this type. However, it is somewhat long and
tedious and several approximation methods have been pro-
pOsed.Q, 10,11, 12, 23, 79, 123

The graphical methods of Bras provide helpful
short-cuts to avoid the tedious trial-and-error solutions
required of the rigorous methods. Reference 9 is the most
recent and perhaps the easier to use. The results agree in
general within about 10%.

The graphical method of Hulden® is also helpful as it is
not as tedious as the arithmetic methods, and based on his
comparison with the Colburn-Hougen method, the pro-
posed results are within 1%.

All of these have some limitations and have not been thor-
oughly compared against the Colburn method, which is
considered to be within 10% of any correct solution.
Cairns* ' has compared his proposal with 6 different sys-
tems and 4 other approximation methods. In general, the
agreement with the Colburn-Hougen method is excellent.

The selection of the number of temperature increments
is important as it affects the accuracy of the final heat trans-
fer area. In the majority of cases, the selection of a limited

9, 175, 176
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Table 10-23
Computer Printout for Example 10-14
Cooler Condenser Design Lb-Water Lb-Gas, Gas Rate HLI, Water & Tube Acc-F, Program
Program No. 710402 Water Rate Tube Tube 92.30 1b hr tube 480.00 Overall Coeff. Accuracy .10
. 4.48 Ib min tube I.D. Controlled to 0.1 F
Modified Colburn-Hougen, Bras Method
Design Calc. for Sec. Coolers—Water Sat’d at 110°F TL-in. Cooling Water Pl-Atm, Press. of Sys
Pass No. 2 In. °F 48.00 Gas in Top 1.000
Partial Press. ~ Temp. of = Temp. Water ~ Heat Duty Cumulative Water ~ Reynolds Cumulative
Temp. Gas Water at Interface Out. °F Tube Cum. Film Condensed, No. Gas Area Tube, Length of
In. °F (TV) Interface (PV) (TO) (TL)  Btuhr tube (Q) Coeff. (HF) Ib hr tube (WC) ReNo. inside, ft? (AREA) Tube, ft (L)
110.00 .087 77.71 58.14 .59 14.8 .00 61665.2 0.00 0.00
109.00 .078 76.98 57.14 269.3 14.65 .24 61571.5 .03 18
108.00 071 74.62 56.28 499.0 14.51 44 61508.6 .06 .35
107.00 .064 72.58 55.55 694.3 14.40 .61 61472.6 .09 .52
106.00 .059 70.59 54.93 863.2 14.30 .76 61457.3 12 .67
105.00 .054 68.79 54.38 1011.2 14.21 .88 61458.5 15 .83
104.00 .050 67.16 53.89 1142.1 14.13 .99 61473.0 17 97
103.00 .046 65.58 53.46 1259.0 14.06 1.09 61498.5 .20 1.12
102.00 .043 64.25 53.07 1363.9 14.00 1.18 61533.3 22 1.26
101.00 .040 63.03 52.71 1458.8 13.94 1.25 61576.1 25 1.40
100.00 .037 61.91 52.39 1545.0 13.89 1.32 61625.8 27 1.54
99.00 .035 60.88 52.10 1623.6 13.84 1.38 61681.6 .30 1.67
98.00 .033 59.94 51.83 1695.5 13.80 1.44 61742.6 .32 1.81
97.00 .031 59.07 51.59 1761.6 13.76 1.49 61808.4 .35 1.95
96.00 .029 58.36 51.36 1822.4 13.72 1.53 61878.4 .37 2.08
95.00 .027 57.62 51.15 1878.5 13.68 1.57 61952.4 .40 2.22
94.00 .026 56.93 50.96 1930.5 13.65 1.61 62029.7 42 2.36
93.00 .024 56.30 50.78 1978.8 13.62 1.64 62110.3 44 2.50
92.00 .023 55.71 50.61 2023.7 13.59 1.67 62193.7 47 2.64
91.00 .022 55.17 50.46 2065.5 13.56 1.70 62279.8 49 2.78
90.00 .021 54.66 50.31 2104.6 13.53 1.73 62368.3 .52 2.92
89.00 .020 54.20 50.18 2141.1 13.51 1.75 62459.0 .55 3.07
88.00 .019 53.77 50.05 2175.3 13.48 1.77 62551.9 .57 3.21
87.00 .018 53.37 49.93 2207.5 13.46 1.79 62646.7 .60 3.36
86.00 .018 53.00 49.82 2237.7 13.44 1.81 62743.3 .63 3.51
85.00 017 52.66 49.71 2266.2 13.42 1.82 62841.6 .65 3.67
84.00 017 52.35 49.61 2293.0 13.40 1.84 62941.5 .68 3.82
83.00 .016 51.96 49.52 2318.6 13.38 1.85 63043.0 71 3.98
82.00 .015 51.71 49.43 2342.7 13.36 1.86 63145.6 74 4.15
81.00 .015 51.46 49.34 2365.7 13.35 1.87 63249.7 77 4.32
80.00 .015 51.23 49.26 2387.5 13.33 1.88 63355.0 .80 4.49
79.00 014 51.01 49.18 2408.2 13.31 1.89 63461.5 .83 4.66
78.00 .014 50.81 49.11 2428.0 13.30 1.90 63569.2 .86 4.84
77.00 014 50.62 49.04 2447.0 13.28 1.90 63677.9 .90 5.03
76.00 .013 50.44 48.97 2465.1 13.27 1.91 63787.6 93 5.22
75.00 013 50.28 48.91 2482.6 13.25 1.92 63898.3 .96 5.42
74.00 .013 50.12 48.84 2499.4 13.24 1.92 64009.9 1.00 5.62
73.00 .013 49.98 48.78 2515.6 13.23 1.93 64122.4 1.04 5.83
72.00 013 49.84 48.72 2531.3 13.21 1.93 64235.6 1.08 6.05
71.00 .012 49.71 48.67 2546.5 13.20 1.93 64349.7 1.12 6.28
70.00 012 49.59 48.61 2561.3 13.19 1.94 64464.5 1.16 6.51
69.00 .012 49.47 48.56 2575.8 13.17 1.94 64580.1 1.20 6.76
68.00 012 49.36 48.51 2589.9 13.16 1.94 64696.3 1.25 7.02
67.00 012 49.25 48.45 2603.7 13.15 1.94 64813.2 1.30 7.29
66.00 .012 49.15 48.40 2617.3 13.14 1.95 64930.7 1.35 7.57
65.00 012 49.05 48.35 2630.6 13.12 1.95 65048.8 1.40 7.87
64.00 .012 49.05 48.31 2648.5 13.11 1.95 65167.5 1.45 8.19
63.00 012 48.84 48.26 2656.4 13.10 1.95 65287.1 1.52 8.52
62.00 .012 48.84 48.21 2669.3 13.09 1.95 65406.8 1.58 8.88
61.00 .012 48.66 48.16 2682.0 13.08 1.95 65527.4 1.65 9.26
60.00 .012 48.66 48.12 2694.7 13.06 1.96 65648.1 1.72 9.68
59.00 .012 48.49 48.07 2707.1 13.05 1.96 65769.8 1.80 10.12
58.00 011 48.49 48.02 2719.8 13.04 1.96 65891.4 1.89 10.62

Exit Re No of Condensate: 22
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number of increments, 5-7, will produce results on the high
side. In one case studied the use of 6 points compared to 17
points resulted in an area 36% too high. An important fac-
tor in this analysis is the shape of the heat transfer curve.
Increments should be chosen smaller in the areas where the
rate of change of heat load with temperature is the greatest
(see Figures 10-87 and 10-88).

The work of Dmytryszyn® indicates that the best agree-
ment between actual and calculated surface areas using the
Colburn-Hougen method, when tested with vapors outside a
single vertical tube, requires a graphical solution to calculate
the heat transfer surface required to cool the incoming gas
mixture to its dew point (area described 1, 2, 3, 4), Figure
10-89. The area (described as 1, 2, 3, 5, 1) calculated for gas
desuperheating is too large when determined by the usual
equations; likewise, calculations based on an overall con-
densing coefficient give results that are too low.”

300
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for Area Calculotion
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Closer Together in this
Region where Slope
Becomes Steep.This is
Not the Same for ail
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Figure 10-87. Plot of exchanger surface area without fouling for gas-
cooling-condensing section only, Example 10-15.
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Figure 10-88. Heat load curve for condensing presence of noncon-
densables for Example 10-15.

The general method as outlined by Kern” has been sup-
plemented in the following discussion. The test of Revilock”
indicates the general applicability of the method.

1. The method is applicable only to gas-vapor mixtures
with the vapor at saturation. However, systems involving
superheated mixtures and subcooling can be handled
as separate problems and added to the cooler-
condenser area requirements to form a complete unit.

2. Assume temperature increments of condensation from
the inlet temperature to the outlet. The increments
should be smaller near the inlet as most of this heat
load will be transferred at the higher temperature level.
The number of increments is a function of the desired
accuracy. However, as a rule, the minimum should be 4,
with 6 or more being preferred.

3. Calculate the gas cooling and condensing heat loads
for each increment separately and plot a curve repre-
senting the total heat load versus temperature.

4. Assume an exchanger unit, establishing shell size, num-
ber of tubes, and number of passes. Because the esti-
mation of overall U values for this type of unit is much
more variable than for some of the other units, a rough
value may be taken between 30 and 60 Btu/hr (f?) (°F)
as a start (see Table 10-15). The actual weighted At will
be somewhat larger than an LMTD value; however, this
is difficult to approximate without a trial or two or
unless a condensate film temperature, t;, can be esti-
mated for the inlet and outlet conditions of several
intervals. An average difference value of these t; values
and the inlet gas temperature to the interval will give a
reasonable estimating value for the temperature differ-
ence in determining the estimating area, A.

P77 Calculated as Gas Desuperheating
“ Area Required = 1,2,3,5,1

Graphical Extrapolation per Ref 36 .
Area Required =1,2,3,4

—
—l=a
o

Area Calculated as Cooler-Condenser
(inlet Mixture ot Dew Point)

o 1 i 1 1 I J
o ©® —

Total Heat Duty , Btu/hr.

Figure 10-89. Graphical evaluation of gas desuperheating area for a
noncondensable-condensable mixture.
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Calculate LMTD:

t; = t, (cool and condense)
t, < t; (water temperature rise)
Assume gas cooling and condensing coefficients, then

q gas cooling
U gas cool (LMTD)

q cond.
U cond. (LMTD)

Trial area = (10-115)

5. Determine the gpm tube-side flow rate and
temperature rise for the overall unit to be certain that
they are reasonable and consistent with heat load.

6. Calculate the tube-side film coefficient, h;, and
reference it to the outside of the tube, h;,. Calculate the
condensing film coefficient:

1

Then

1
= + _
h,’ h hy,

io cond.

This value will remain constant throughout the design.

7. Calculate the shell-side dry-gas film coefficient, h, or h,,
for outside tube conditions. Assume a baffle spacing or
about equal to one shell diameter. Use the shell-side
method described in Equation 10-48 and Figure 10-54.
This is necessary for inlet conditions and then must be
checked and recalculated if sufficient change occurs in
the mass flow rate, G, to yield a change in h,.

8. Calculate mass transfer coefficient, K, using h,;:

h,(cu/k, ) Expression
_ b/ (Expresion) o6,
Cpgf le( “‘/pkd) ’ pgf

Gilliland*®® correlation for one gas diffusing through
another:

T 11\~
kg = 0.0166 ———*—— (— + —) (10-117)
p/(VE? = VP \ My My

where
V, = molecular volume for component A, diffusing gas
Vi = molecular volume for component B, diffused gas
(See chapter on “Packed Towers,” Volume 2, 3rd Ed.
for further discussion.) Compute from atomic volumes:
ky = diffusivity, ft2/hr
p. = total pressure, atm
T, = absolute temperature, ° Kelvin
M, and My = molecular weights of the gases

relating K, to the change in logarithmic difference in
inerts in the main gas body and at the condensate film.
This value of K, may have to be recalculated each time
anew h, is determined, these values being re-evaluated
with physical properties at the interval temperatures.

9. For each selected temperature interval, calculate a bal-
ance on fundamental relation:

ho (tgi tc) + KgM A (p\" - pc) = hio’ (tc - tw,) =U (tg - tw’)
(10-118)

h;,” = inside film coefficient corrected to outside, plus out-

side condensing film coefficient clean basis,
Btu/hr (ft%) (°F)

= dry gas coefficient, on shell side, Btu/hr (ft?) (°F)

K, = diffusion coefficient, Ib-mol/ (hr) (ft*) (atm)

M, = average molecular weight of vapor, dimensionless

partial pressure of vapor at the condensate film, °F

partial pressure of vapor in gas body, atm

t. = temperature of condensate film, °F

t, = temperature of dry gas (inerts), °F

t,/ = temperature of water, °F

A = latent heat of vaporization, Btu/Ib

Foo;
[l

This procedure involves the following:

a. Establish

t, = inlet temperature of interval, °F.

p, = vapor pressure of condensate at t,, psia or atm

P = inlet gas-vapor mixture absolute pressure to interval,
allowing for estimated pressure drop where neces-

sary, psia or atm
P = P — p., psia or atm

i
tw/ = Gy — > ° (10_119)
WI(CP)I
t,/ = temperature of inlet water to interval, °F

t,, = temperature of outside tube wall, °F
W, = tube side flow rate, 1b/hr
(c,). = tube side specific heat, Btu/1b (°F)
q; = heatload of previous interval, Btu/hr
b. Assume:
t. = temperature of condensate film, °F
P. = vapor pressure of condensate at t,, psia or atm
c. Calculate: p,/ = P — p,, psia or atm.

Pg’ ~ Pg

s ., psia or atm. (10-120)

pgf:
8

2.3 log —

gP

.

d. Substitute in balance equation and try for as close a
balance as reasonable, depending upon the magni-
tude of the heat load and significance of changes in
t. Usually £5% is acceptable. If check is not
obtained, reassume t. and continue as per (b), (c),
and (d).

e. Calculate UAt = average of the value of the two
sides of equation of (d).

[ho(tg - tc) + KgMV)\(p\ - pc)] + hio(tc—tw)
2

UAt = (10-121)

f. Calculate U:
UAt UAt
U= =—_—
ty =ty At

g. Summarize results of the intervals

(10-122)
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1 1
Interval  t,(°F) t.(°F UAt UAt/..,
nterva () t.(°F) UAt (UAt)a\,g i
d
. o o ° *
. L4 ° ° ° :
* Total

Aq q;
AA = At,,
(UMD, A s At
[ ] [ ) [ ] [ ]
[ ] [ ) [ ]
Total * Total

*If interval is large, use log mean average.

h. Calculate weighed At:

total
At = &3) (10-123)
2 < Atavg>
Q(total)
U(clec = 10-124
(C edn) (A7 tOtal)(At)weighed ( 2 )
Apply fouling:
. 1
U(dirty) = (10-125)
— 4 f
UC
1. The total area for cooler-condenser is
total
Ao Qowl) (10-126)

- U ( dlrtY)( A t)wcighcd

j. If the area of (i) does not acceptably match the
assumed area, a new unit must be assumed and the
calculations repeated for a new balance. If the dif-
ference is not great, approximations and ratios can
serve to adjust the results to an acceptable figure.

Example 10-15. Condensing in Presence of
Noncondensables, Colburn-Hougen Method?®" "

A hydrocarbon vapor compressor is discharging a mixture
of 970 Ib mol/hr dry hydrocarbon gas plus water vapor
equivalent to saturation at its inlet of 104°F and 14.2 psia.
The gas enters a condenser unit at 250°F and 34 psia and is
to be cooled to 104°F. The molecular weight of the dry gas
is 14.0.

Hydrocdrbon Gas
from Quench Cooler

Compressor

Cooler - Condenser
Moisture (Condensables)

1. Water vapor entering compressor at 104°F and 14.2
psia and entering cooler-condenser at 250°F.

Vapor pressure at 104°F from steam tables = 1.069 psia

970 1.069
b mol water = = 78.8 1b mol/hr
<14.2 - 1.069> 14.2
14.2

= 1,420 Ib/hr

2. Water vapor leaving cooler condenser at 104°F and an
assumed 31 psia, allowing 3 psi for pressure drop
through unit.

1b mol water vapor

970 1.069
= ( ) = 34.6 Ib mol/hr
(31 - 1.069) 31
31
= 622 Ib/hr

3. Water condensed and removed from unit
= 1420 — 622 = 798 Ib/hr
4. Dew point

Partial pressure entering water

78.8 .
= m (340) = 2.55 psia

Dew point from steam tables = 135°F
Partial pressure inerts = 34.0 — 2.55 = 31.45 psia

34.6

Partial pressure leaving water = m

(31.0) = 1.07 psia

Assume gas cooling condition down to 135°F and
condensation with gas cooling beyond this point.
Select temperature intervals for exchanger analysis:

Gas cooling: 250°F to 135°F
Cooling-condensing: 135°F to 130°F
130°F to 125°F

125°F to 115°F

115°F to 104°F
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Gas cooling heat load:

¢, gas = 7.85 Btu/mol (°F) average for gas mixture
Enthalpy vapor at 250°F = 1164.0 Btu/Ib (steam tables)*
Enthalpy saturated vapor at 135°F = 1119.9 Btu/1b (steam tables)
Gas cooling = (970) (7.85) (250—135) = 876,000 Btu/hr
Water vapor cooling

= (1420) (1164.0—119.9)* = 62,700 Btu/hr

Total = 938,700 Btu/hr
*Correcting for superheat, enthalpy at 2.55
psia at 250°F = 1172.6 Btu/1b

Water vapor cooling would then

= 1420 (1172.6 — 1119.9) = 75,000 Btu

Cooler-condenser heat load:

Interval 135°-130°

Vapor pressure water at 130°F = 2.223 psia (steam tables) = p,
Pressure of inerts = [34.0 — 1.5] —2.223 = 30.28 psia = p,

b mol water vapor in gas phase at 130°F

B 970 ( 2.223 )
[34.0 — 1.5) — 2.223] \ 34.0 — 1.5
(34.0 — 1.5)

(Note that an allowance of 1.5 psi has been made as pres-
sure drops to this point; this reduces the pressure at the end
of this interval to 32.5 psia.)

= 71.21b mol/hr
Mol water condensed in this section = 78.8 — 71.2 = 7.6 mol/hr
Heat load of inerts = (970) (7.85) (135 — 130) = 38,100 Btu/hr
Enthalpy water vapor at 130°F = 1117.9 Btu/1b
Heat load of water vapor = [(71.2) (18)] (1119.9 — 1117.9)
= 1540 Btu/hr

Enthalpy of liquid at 130°F = 97.9 Btu/Ib
Heat of condensation = [(7.6) (18)] (1119.9 — 97.9)

= 140,000 Btu/hr
Total heat load this section = 179,640 Btu/hr

Interval 130°F-125°F

Vapor pressure water at 125° = 1.942 psia
Enthalpy water vapor at 125° = 1115.8 Btu/1b
Enthalpy water liquid at 125° = 92.91 Btu/1b
Pressure of inerts = 32.5 — 1.942 = 30.56 psia
Mol water vapor in gas phase at 125°F

970 [ 1.94¢
=— ( 2) = 61.8 mol/hr
30.56 \ 32.5

32,5

Mol water condensed in this section = 71.2 — 61.8 = 9.4 mol/hr
Heat load of inerts = (970) (7.85) (130 — 125) = 38,100 Btu/hr
Heat load of water vapor = (61.8) (18) (1117.9 — 1115.8)
= 2,340 Btu/hr
Heat of condensation = (9.4) (18)(1117.9 — 92.91)
= 173,500 Btu/hr
Total = 213,940 Btu/hr

Interval 125°F-115°F

Vapor pressure water at 115°F = 1.4709 psia
Enthalpy water vapor at 115°F = 1111.6 Btu/Ib
Enthalpy water liquid at 115°F = 82.93 Btu/Ib
Pressure of inerts = 32.0 — 1.47 = 30.53 psia

(Note the pressure at this interval is assumed to be 32.0
psia to allow for additional pressure drop.)

Mol water vapor in gas phase at 115°F

_ 970 (1.47)_468 h
T 3053 \32.0/) oMoV
32.0

Mol water condensed in this section = 61.8 — 46.8
= 15.0 mol/hr
Heat load of inerts = (970) (7.85) (125 — 115) = 76,000 Btu/hr
Heat load of water vapor = (46.8) (18) (1115.8 — 1111.6)
= 3540 Btu/hr
Heat of condensation = (15) (18) (1115.8 — 82.93)
= 279,000 Btu/hr
Total = 358,540 Btu/hr

Interval 115°-104°F

Vapor pressure water at 104°F = 1.0695 psia
Enthalpy water vapor at 104°F = 1106.9 Btu/Ib
Enthalpy water liquid at 104°F = 71.96 Btu/1b
Pressure of inerts = 31.0 — 1.069 = 29.93 psia

(Note the pressure at the end of this interval is taken at 31
psia.)

Mol water vapor in gas phase at 104°F = 34.6 mol/hr
(from calculation, part 2)
Mol water condensed in this section = 46.8 — 34.6
= 12.2 mol/hr
Heat load of inerts = (970) (7.85) (115 — 104) = 83,800 Btu/hr
Heat load of water vapor = (34.6) (18) (111.6 — 1106.9)
= 2930 Btu/hr

Heat of condensation = 12.2 (18) (111.6 — 71.96)

= 228,000 Btu/hr
Total = 314,730 Btu/Ib

Grand total heat load
= 938,700 + 179,640 + 213,940 + 358,540 + 314,730
= 2,005,550 Btu/hr

See Figure 10-88 for heat load curve.

5. Assume a unit,

If U = 100, and estimate At = 30,

A= 2,000,000 _ 670 2
(100)(30)
Try: U-tube bundle (for large temperature differential)
4 tube passes
l-in. tubes, duplex 18 BWG cupro-nickel inside, 18 BWG steel

outside on 1!/, -in. triangular spacing, 32 ft overall length
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Shell I.D. = 25 inches (Table 10-9)
Number of holes in tubesheet = 218

(including allowance for tie rods)
Approximate surface area:
Effective length of 24 ft U-bent tube = 29.5 ft (Figure 10-25).
Effective area = (22.6) (0.2618 ft*>/ft) (109) = 645 fi®
Number of tubes = 218/2 = 109 = 645 ft?

Triangular spacing was selected in preference to square
primarily due to the large amount of simple gas cooling
in this unit.

The L.D. of this plain surface duplex tube is determined
by deducting the gage thickness from the O.D. = 0.804
in. ID. of cupro-nickel.

Use sea water at 7 ft/sec in tubes.

Number of tubes for liquid entrance/pass = 218/4 =
54.5. Use 54.

Note that for U-bent bundles the reverse end of the
bent tube acts like a head on a normal fixed tubesheet
unit. Therefore, the number of tubes and the number
of tube holes are not to be confused in determining
velocities.

Ib/hr water per pass at 7 ft/sec
= (vel.) (C) (sp. gr.) (number of tubes) (Table 10-3)
C = 793 for tube L.D. = 0.805-in.
Ib/hr = (7) (793) (1) (54) = 299,000
gpm = 299,000/500 = 598

6. Temperature rise in cooling water:

2,005,550
AT, = Q = = 6.7°F

YT (W) (1)(299,000)

This rise can be increased and gpm decreased if neces-
sary; however, in brackish and sea water, it is preferable
to keep velocity as high as possible. Therefore, design this
unit as shown.

7. Tube-side film coefficient (clean):

h, = 1500(0.95) = 1420 Btu/hr (ft?) (°F), Figure 10-50A or 10-50B

0.804 (
hy, = (1,420)(ﬁ) = 1,140 Btu/hr (£t%)(°F)

8. Shell-side fluid properties. From previous process
calculations, the following properties were determined
for the dry gas stream:

k, = 0.0545 Btu/hr (f¢?) (°F/ft)
= 0.0409 Ib/ft (hr)
¢, = 0.566 Btu/Ib (°F)

For water vapor
k, = 0.0118 Btu/hr (ft?) (°F/ft)
p = 0.0283 Ib/ft (hr)
¢, = 0.45 Btu/Ib (°F)

Average properties for mixture at average shell

temperature :
970 78.8

=0. — 20 )t L.
k=0 0545(970 + 78.8) O0118(970 + 78.8>

= 0.0513 Bu/hr (f¢2)(°F/ft)

00409 70AD) o oes 1420
W= Y 970)(14) + 1420 T 07 (970)(14) + 1,420

= 0.0397 Ibs/hr (ft)

- 0566( (970)(14) ) +0 5(—1’420 )
@ T TP\ (970)(14) + 1.420) T\ (970)(14) + 1,420

= 0.554 Btu/Ib (°F)

9. Shell side coefficients
a. Gas cooling interval 250°F-135°F.
From equation 10-48 for use with Figure 10-54,
assume 18-in. baffle spacing:

. D(C'B) _ (25)(0.25)(18) _ 0,694 52

p(144)  (1.25)(144)
970)(14) + 1,420 ‘
G, w_ (07001 + 1,420 24,000 Ib/hr (%)
a, 0.624
D, = 0.72/12 = 0.06 (Table 10-21)
r - DG _ (0.06)(24,000)

< o 0.0307 20200

From Figure 10-54 for 25% baffle cut:

ju =110
h _ M(%)l/?}(i)().lél
° De ka H\‘V

h, = 70.8 Btu/hr (f2) (°F)

Because no condensation (theoretically) occurs in
this section, no heat is diffused through condensate
film.

h, (t, —t) =h, (t. — /) =U(, —t,))

70.8 (250 — t.) = 1140 (t, — (90 + 6.7))
t. = 105.6 °F

_70.8(250 — 105.6) + 1,140(105.6 — 96.7)

UAt =
2
10,230 + 10,150
= =10,190
2
10,190
U=——"""—"=66.4Btu/hr (f*)(°F
950 — 96.7 tw/hr (EE)(°F)
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b. Cooler-condenser zone, diffusivity:

i/z 1 1 \!/2
kg=0.0166— | — + —
d p/t(Vi\/g + Vllj/s)z (MA MB)

V, for water vapor = 14.8
V; for hydrocarbon mixture:

Vi Mol Fraction Weighted Vg
C,H, 37 0.148 5.45
H, 14.3 0.531 7.6
CH, 29.6 0.098 2.9
CO 22.2 0.223 4.95
20.90 =V,

Use average temperature of (135 + 104)/2 for k; = 322°K

kq = 0.0116

(322)%/? ( 1 1 )1/?
32.5

Tan [(148) 4 (20.9)7F

ky = 0.572 ft2/hr

Average mol weight of mixture:

(14)(970) + 1,420

M = S e = 1433 Ib/mol

Average 1b/ft* of mixture in cooler-condenser zone:

~14.33 ( 460 + 32 )(32.5
359 \ 460 + 120/\ 14.7

( i )?/3 ( 0.0397 )2/3
—) =] =0.936
pky (0.0766)(0.572)

Cpl\2/3 (0.554)(0.0397)\ 23
=l 7 = 0.569
k 0.0513

) = 0.0766 Ib/ft®

c. Relation between diffusion and heat transfer:

h,(cp/k)*?
K, = % (10-102)
M R
Pyt m(Pkd)
h, = same as in gas cooling zone = 70.8
_ ('70.8)(0.569)
Ko = (0.554)(py)(14.33)(0.936)
5.41 .
= mol/hr (ft?)(atm)
Pgt

10. Cooler-condenser interval: 135°F-130°F.
*Note: The value of h,, is not correct for the condens-
ing coefficient as described in step 6 of this outline. In
this case, the error is small, but that is not necessarily
true for other situations.

t, = 135°F
p, = 2.537 psia at 135°F
py = 32.5 — 2537 = 29.96

938,700

b = 967~ 999,000)(1)

= 93.6°F
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Note that this assumes that water is warmed from the
gas cooling before it enters this section. This is not

rigorously correct.

At =135 — 93.6 = 41.4°F

Latent heat at 135°F = 1,017.0 Btu/Ib = \
Assume temperature of condensate, t. = 100°F
then: p. = 0.949 psia (steam tables)

p, = 32.5—0.949 = 31.55 psia

!

Pg ™ Pg  31.55 — 29.96

' = = $1.7 psi
Pyt Pe' g 100 psia
—_— . O
2.3 log P, g 99.96
h, (t; — ) T KcM, N (p, — po) =
h,' (t, — t,) 70.8(135 — 100)
5.41 2.537 — 0.949
18)(1,017.0) =22
(18)(1.0 70)( 14.7 )

(31.7)
14.7
= 1,140(100.0 — 93.6)

2,480 + 4,960 = 7,300
7,440 = 7,300

(See the preceding note regarding h;,").
Close enough check.

7,440 + 7,300

2

_ UAt 7370
t,—t, 135 —93.6

UAt = 7,370

U — 177 Btu/hr (f2)(°F)

Interval 130°F-125°F
t = 130°F

p. = 2.223
py = 32.5 — 2.223 = 30.277 psia

179,640

b = 930 1999,000)(1)

= 93.0°F

Flow gas-vapor rate = (970) (14) + (61.8) (18) = 14,713

W 14713
ST a, 0.624

= 23,600 Ib/hr (f2)
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Because this rate is so close to the previous G, of 24,000,
it is reasonable to assume that the h, value will be close

also. Use h, = 70.0.

Latent heat, \, at 130°F = 1,020.0 Btu/Ib
Assume condensate temperature, t. = 98.5°F
P, at 98.5°F — 0.907 psia

P, =325 — 0.907 = 31.593

_31.593 — 30.27

sf 31.593
31
2310873, 97

= 31.6

h, = (t; = t) + KMy A (py — po) = hy/ (tc — )
(See the previous note regarding h;,'.)

70(130 — 98.5) +

5.41 (2.223 — 0.907)
(18)(1,020) e

31.6
14.7

= 1,140(98.5 — 93)

2,210 + 4,140 = 6,270
6,350 = 6,270

Close enough check (slightly > 1%).

6,350 + 6,270
UAt = 6,350 + 6,270 = 6,310
2
6,310
=" = ft2)(°
130 — 93 170 Beu/hr (ft°)(°F)

Interval 125°F-115°F
t, =125

py = 1.942 psia at 125°F
p. = 32.0 — 1.942 = 30.058 psia

213,940

t, = 93.0 (from previous interval) — m

= 92.3°F
New gas rate = (970) (14) + (46.8) (18) - 14,442

14,442

Y0624

= 93,100 Ib/hr (ft2)

This is still not enough change in G, from 24,000 to
justify a calculation of a new h,. Use of the water vapor
flow leaving the assumed interval means the actual G,
through that interval will be equal to or greater than
the value for conditions at 115°F. This value is on the
safe side for h,.

Latent heat at 125°F, A = 1022.9 Btu/lb
Assume condensate temperature of t, = 97.0°F

pe = 0.867 psia at 97°F
p, = 32.0 — 0.867 = 31.133 psia

_ 31.133 — 30.058

Pet Va1 31133 30.2 psia
. (0}
% 30.058
5.41 1.942 — 0.867
70(125 — 97) + (18)(1,022.9)(%)

(30.2)
14.7
= 1,140(97 — 92.3)

1,960 + 3,540 = 5,350
5,500 = 5,350

Close enough check.

5,600 + 5,350
UAL = 225 T 20 5495
2
5495 o
=125 — 923 166 Btu/hr (ft*)(°F)

Interval 115°F-104°F
Point at 104°F
t, = 104°F
p. = 1.069 psi at 104°F
p, = 31.0 — 1.069 = 29.931 psia

314,730

=911 —
299,00(1)

= 90.05°F, close enough check to 90°F

New gas rate = 970(14) + 34.6(18) = 14,223 Ib/hr

Note that this is the same as the previous interval; the
difference is discussed there. Using Kern’s outline, this
effect is as discussed and not as demonstrated here. In
this case, the difference is negligible.

Use h, = 65

Latent heat at 104°F = 1034.9 Btu/1b
Assume condensate temperature, t., of 91.7°F
p. = 0.736 psia at 92°F

p’y = 3.10 — 0.736 = 30.264 psia

_30.264 — 29.931

=300
Per 0.3 1og 20201
. O
$99.931
5.41 1.069 — 0.736
65(104-92) + | o (18)(1,034.9) -
14.7

=1,140(91.7 — 90)
800 + 1120 = 1940
1920 = 1940
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checks:
1,920 + 1,940
UAt = 1,920 + 1,940 = 1930
1,930
-0 2y(
U 104 — 90 138 Btu/hr (ft°)(°F)
t, = 115°F

p. = 1.471 psi at 115°F
py = 31.0 — 1.471 = 29.529

358,540

b= 923 999,000(1)

91.1°F
New gas rate = 970(14) + 34.6(18) = 14,223 1b/hr

14,223
0.624

= 92,800 Ib/hr (ft2)

This is only 5% of the original G, and still within normal
expected accuracy of this method. For improved
accuracy, the physical properties, R., h,, and diffusivity
K¢, could be recalculated for the conditions of this
interval. This particular problem does not seem to
warrant the extra work, although many problems may
require a recalculation at every interval or two.

Use h, = 65

Latent heat at 115°F = 1028.7 Btu/hr
Assume condensate temperature, t., of 94.5°F
P, = 0.802 psia at 94.5°F

p; = 31.0 — 0.802 = 30.198

_30.198 — 29.529

= 30.03
Per 0.3 1og 30198
. (0]
$'99.529
5.41 1.471 — 0.80
65(115 — 945) + | oo (18)(1,028.7)T2

14.7
= 1,140(94.5 — 91.1)
1330 + 2220 = 3880
3550 = 3880

Close enough check.

3,550 + 3,880
UAt = ——"——=13,715

3,715 e
U= 115 911 155 Btu/hr (ft*)(°F)

11. Areas required:

a. Gas cooling zone

LMTD: 250 — 135

96.7 < 93.6
153.3 414
LMTD = 85°F

Correction factor:

_ 250 — 135 — 371
96.7 — 93.6

_ 96.7 — 93.6 — 0.0198
250 — 93.6

F = 0.975 (approx., Figure 10-34)
Corrected LMTD = 85 (0.975) = 82.8°F
Clean U = 66.4 (Part9)
Fouling assumed = 0.004
(overall, 0.0015 tube side, 0.0025 shell side)

U(dirty) = = 52.3 Btu/hr (ft%)(°F)

— + 0.004
66.4

938,700

2B 9160 12
(52.3)(s2.8) 21001

Area required this zone =

b. Cooler-condenser zone, see plot of Figures 10-87

and 10-88.
. _ Q 1,066,850
Weighted At = Sq = 30000 26.7
At )

avg.

U )_&_ 1,066,850 o
T AN (267.9)(26.7)

Same fouling applies to this portion of the unit = 0.004

U(dirty) = = 93.4 Btu/hr (f®)(°F)

— + 0.004
149

Area required for cooler-condenser zone:

1,066,850 ‘
A= = 497 £
(93.4)(26.7)

Total exchanger area:

Gas cooling zone = 216

Cooler-condenser zone = 427
Total = 643 ft*

Available area in assumed unit = 645 ft®

(645 — 643)(100)
Percent excess area = ——————— = 0.3%
629
This excess area is smaller than usual practice; 10%
being a preferred figure. The accuracy of the rela-
tions used are not claimed to be better than 20%
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Aq . Aq

Interval t, °F) t, (°F) 1/UAt (1/UA¢) an.’x< Aq (Btu/hr) AA = m (ft?) At Atavg. (°F) * T‘“g
135 to 135 100.0 0.0001359 L - - 41.4 S L.
130 to 130 98.5 0.0001585 0.0001472 179,640 26.5 37.0 39.2 4,580
125 to 125 97.0 0.0001842 0.0001713 213,940 36.6 32.7 34.8 6,140
115 to 115 94.5 0.0002695 0.0002268 358,540 81.2 23.9 28.4 12,620
104 104 91.7 0.000518 0.0003937 314,730 123.6 14.0 18.9 16,650

1,066,850 267.9 39,990

*If the interval becomes large, use the log mean average.

(in some situations, and these are indeterminate
without prior experience). For the uncertainties of
this type of problem, a preferred and considerably
safer unit would be:

Shell I.D. = 25 in. (same)

Tube passes = 4 (same)

Tubes: 1-in. duplex (same)

Tube length: 32 ft (compared to assumed 24 ft)
Number of tubes: 109 (same)

Effective area: 870 ft® (645 ft?)

Multizone Heat Exchange

To select the proper heat transfer relations to represent the
functions, you need to analyze the heat transfer functions that will
take place in the unittube and/or on the shell side. Some units
may have several functions, such as the example in Rubin’s'” rec-
ommendations on this subject; that is, steam desuperheating and
hydrocarbon condensing; steam and hydrocarbon condensing,
and condensate subcooling. Rubin'® presents an excellent inter-
pretation of multizone operation for several different sets of con-
ditions. See Figures 10-91A and 10-91B.

The presence of even a small amount of noncondensable gas in
the condensing mixture can significantly reduce the condensing
heat transfer rates and needs to be recognized. See Figure 10-85.

Fluids in Annulus of Tube-in-Pipe or Double Pipe Exchanger,
Forced Convection

This unit consists of two pipes or tubes, the smaller centered
inside the larger as shown in Figure 10-92. One fluid flows in the
annulus between the tubes; the other flows inside the smaller tube.
The heat transfer surface is considered as the outside surface of the
inner pipe. The fluid film coefficient for the fluid inside the inner
tube is determined the same as for any straight tube using Figures 10-
46-10-52 or by the applicable relations correcting to the O.D. of the
inner tube. For the fluid in the annulus, the same relations apply
(Equation 10-47), except that the diameter, D, must be the equiva-
lent diameter, D,.. The value of h obtained is applicable directly to
the point desired — that is, the outer surface of the inner tube.”

D3 — D}
De = : ! = 4rh =
D,

4(flow area)

10-127
(wetted perimeter) (10127)

where
D, = O.D. of inner tube, ft
D, = L.D. of outer pipe, ft
r, = hydraulic radius, ft = (radius of a pipe equivalent to
the annulus cross-section)

Approximation of Scraped Wall Heat Transfer

Little data is available for estimating the inside film coefficient for
vessels or heat exchangers, heated externally by steam in a jacket and
with a continuous moving inside wall scraper to clear away the heavy,
viscous inside wall film. The exact heat transfer will vary with the unit
design and speed of rotation of the scraper. The studies of Ramdas et
al.® indicate that to some extent the mixing of the warmer and lower
viscosity wall fluid with the cooler and higher viscosity is a significant
part of the limitation of overall heat transfer to the fluid mass and that
heat transfer by conduction in the bulk fluid is controlling. They con-
clude that slow scraping of the wall may be better than no scraping,
but beyond a certain limit, the scraper speed provides little film heat
transfer improvement. For laminar flow conditions, which quite often
apply, the correlation developed is somewhat unique for the Votator
design but should certainly establish a good guide as to what to
expect from other designs.

N, = B7Rel0 Rel113 pooss y—0018 (10-128)

where (terms are all in consistent units)

Nu = h,D,/k
Re, = ND, p/p
Re; = 4W/(mn) (D, + D) dimensionless
P, =C, p/k
r P groups
Visr = p"/p"w

0.0016 < Re; < 9.23

0.0164 < Re, < 68.65

= film heat transfer coefficient from correlation
= tube diameter

thermal conductivity of process fluid

shaft speed

density of process fluid

= bulk viscosity of process fluid

= mass continuous throughput flow rate of process fluid
3.1416

shaft diameter

= specific heat of process fluid

viscosity of process fluid at wall

oF

O3 =20 Z~
I |

@)

=
= T
I
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Fouling Factor o .-00as - Y
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CONSTRUCTION
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Corrosion Allowonce - Shell Side e " . Tubs Side Yre v
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Others D Size 2" Flange _&d *aupﬁ?
Belts: ﬁ/t’:g I TVV4 Gaskets:
Code . ZEN A ~ C Stamp Yes X=Ray - SR _—
Insulation AMene Class = Cathodic Protection Yes
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o
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Figure 10-90. Exchanger rating for cooler-condenser.
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Figure 10-91A. High pressure boiler feedwater multizone condenser:
heat release curve. Pressure drop is assumed to be negligible. Hot
fluid (steam side) inlet at A. Condensing completed and submerged
surface subcooling begins at E. Counter-current flow steam and con-
densate temperatures versus heat released. Steam 350 psig inlet,
700°F, 1365.5 Btu/lb; 350 psia saturated 431.72°F, 1203.9 Btu/lb. Con-
densate out 340°F. Desuperheating in the 268.3°F temperature range,
161.6 Btu/lb. Condensing at 431.72°F, 794.2 Btu/Ib. Subcooling in the
91.72°F temperature range, 986.0 Btu/Ib. Total heat removed 1054.4
Btu/Ib. (Used by permission: Rubin, F. L. Heat Transfer Engineering, V.
3, No. 1, p. 49, ©1981. Taylor and Francis, Inc., Philadelphia, PA. All
rights reserved.)

Interpreting the plotted data from the authors’ tests indi-
cates that heat transfer film coefficients at the scraped wall
might be expected to range:

For heating: 20-40 Btu/hr/ (f¢®) (°F)

For cooling: 10-30 Btu/hr/ (ft?) (°F)

The test data represented corn syrup, red oil, and
golden oil, (API = 19.7 at 60°F)

Heat Transfer in Jacketed, Agitated Vessels/Kettles

The heat transfer that is achieved in externally jacketed ket-
tles used for reaction and/or mixing and heating/boiling/
cooling varies considerably with the style of jacket. Jackets may
be one piece open chambers surrounding the main shell of
the vessel, or they may be coil style, usually of the half-pipe
design (see Figures 10-93A and 10-93B). The half-pipes are
continuously welded to the shell and may be grouped in seg-
ments or sections of the shell to allow for the rather rapid con-
version of a section from external heating to external cooling,

800

DRY DESUPERHEATING ZONE
(A-B) OR (A-B*) —j400

VAPOR TEMPERATURE
(MIXED MEAN)

DESIGN WET DESUPERHEATING
ZONE (C*-D) <300
ACTUAL WET DESUPERHEATING

600F

N ZONE (C-D) ' e

° CONDENSING ZONE (D-E) !

I

S N4 < | &

S so00-c* ~._SUBCOOLING ZONE doan &

E \\(E'F) 200 é
a
[=

@ ™

ACTUAL WALL \_100
200~ TEMPERATURE

FEEDWATER
- TEMPERATURE

o L ! J L L L
] 10 20 30 40 50 60

TUBE LENGTH

Figure 10-91B. Steam and condensate temperatures versus con-
denser length. Temperature distribution curve for the same multizone
condenser as in Figure 10-91A. Points A, E, and F are the same. Point
B is above C, which locates the start of the wet desuperheating zone
on the tube surface. (Used by permission: Rubin, F. L. Heat Transfer
Engineering, V. 3, No. 1, p. 49, ©1981. Taylor and Francis, Inc.,
Philadelphia, PA. All rights reserved.)

~F=cqyid FlO¥

(inner TP el

——

Dy = Outside Diameter of the Inside Tube (B).
D2 = Inside Diameter of the Quter Tube (A).
Annulus Area for Flow is Between Tubes (A) and (B).
Heat Transfer Coefficients used are :
h; ot Inside Surface of Tube (B)
ho at OQutside Surface of Tube (B)

Figure 10-92. Double-pipe tube arrangement showing annulus area.

as is so often the required condition for some batch reaction
processes. Expected heat transfer overall coefficients for esti-
mating typical organic processes in the vessel with steam,
water, or a cooling methanol-water mixture in the jackets are
as follows:

Overall, U, Btu/hr(ft2) (°F)

Steam heating Cooling
Open jacket 25-55 25-40
Coils, half-pipe 25-80 30-55
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(a) External open jacket, minimum jacket baffling

half-pipe
Detail

(b) External half-pipe coils

Figure 10-93A. Typical vessel external jackets for heat transfer.

Vessel with Coils

%
%
%

"/////I//////////II///////////////I/II/

%

Figure 10-93B. Process vessel with internal coil and agitation to
improve heat transfer. (Used by permission: Engineering Manual
Dowtherm™ Heat Transfer Fluids, ©1971. The Dow Chemical Co.)

Baker and Walter® report tests performed on open jack-
eted agitated vessels and published some of the limited
results for this type of equipment. These data indicate the
effects of jetting the fluid at various velocities into the jacket.

Chapter 5, “Mixing of Liquids,” in Volume 1, 3rd Edition,
of this set provides more details and various vessel heat trans-

fer mechanisms (outside jackets and/or half-pipes, internal
vertical pipes, and internal coils). Jacketed vessels (external)
are often used for chemical reaction temperature control and
for the heating or cooling mixture being agitated in vessels.
Internal vertical or horizontal coils in a vessel can also be used
for temperature control. Gruver and Pike'*® recommend that
the use of a single fluid in the jackets/coils is better than
requiring complicated controls to switch types of fluids.

See Figures 10-93A and 10-93B as limited examples of
reaction and other process vessels that require heat transfer
for proper processing. Markovitz**®® reports improved heat
transfer for the inside of jacketed vessels when the surface
has been electropolished, which gives a fine, bright surface.

Heat transfer in agitated vessels with internal coils con-
taining the heat transfer fluid (process on outside of coil) is
expressed by the outside coefficient on coils'®®

h.D; 60nDa2p)"%? (c, 1/3 0.14
i 0.87( nDa’p) ( p ) (n) (10-129)
k (w) (k) ()

and as shown in Figure 10-94.

For heat transfer fluids inside reactor jackets or other
process vessels with agitation to fluids in vessels (Figure 10-
93A), the heat transfer is expressed'® as

h/D; (60nDa’%p)%? (cpp,)l/f“ ()14
(n) &) ()

and in Figure 10-94. Also see references 282 and 283.

(10-130)

where
h, = average film coefficient, clean, Btu/ (hr) (ft%) (°F)
D, or D; = LD. of vessel, ft
Da = diameter of agitator, ft
k = thermal conductivity of fluid processed,
Btu/ (hr) (ft?) (°F/ft)

n = rev/min of agitator

L = length and thickness, ft, of coil or jacket
¢, = specific heat, Btu/(Ib) (°F)

W\ = viscosity = cps X 2.42,1b/ (hr) (ft)

p = density, Ib ft*

r = fouling resistance, or tube resistance,
(hr) (ft*) (°F)/Btu

Subscripts:
w = wall
j = jacket side
¢ = clean
i = inside

Example 10-16. Heating Oil Using High Temperature
Heat Transfer Fluid'®* (used by permission of The Dow
Chemical Co., reference [183]©1971)

You want to heat 9,000 1b/hr of oil from 500°F (260°C) to
600°F (315.56°C). The oil is heatsensitive and cannot be
heated to more than 630°F (322.22° C). Condensing
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Figure 10-94. Heat transfer coefficients for jackets and coils with fluid agitation. (Used by permission: Engineering Manual Dowtherm™ Heat
Transfer Fluids, ©1971. The Dow Chemical Co.)

The film coefficient for the oil, h; = 360 Btu/ (hr) (ft?)
(°F).
® The fouling factors for the oil will be

DowtHERM A will be used at 620°F (326.67°C) in a horizon-
tal tubular heat exchanger.

Assumptions: r, = 0.003 (hr) (f2) (°F)/Btu, for DOWTHERM A
® The exchanger will have one shell pass and one tube r, = 0.001 (hr) (f%) (°F)/Btu

pass. e Tubes in the exchanger will be */, -in. O.D., 16 BWG
* DowrHERM A will be on the shell side of the exchanger, steel.

and no subcooling will take place. ¢ Oil specific heat, ¢, = 0.40 Btu/Ib/°F.
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1. Heat Balance
A. Oil
Q = mc,At = (9,000) (0.4) (600 — 500) = 360,000 Btu/hr
B. DowrHErRM A

Q=W (NorwW = Q/x
Q powrnrrm = Qoa = 360,000 Btu/hr

Neaor = 111.3 Btu/lb (physical property data)

W = 360,000/111.3 = 3235 Ib/hr

g = condensate flow = 8.3 gal./min

2. Log Mean Temperature Difference (LMTD)

620°F =T, T,-620°F

/ t2 =600°F
500°F =t,

At — At
LMTD = ———
2.3 1o A4
' gAtQ
Ay = 620 — 500 = 120°F
At, = 620 — 600 = 20°F
1 —
LMTD = 120—20
2.3 log((120/20)
100
= ————=559F
(2.3)(0.778)

LMTD = 56°F

3. Clean Overall Heat Transfer Coefficient (U,)
1/U = 1/h; + 1/h, + L/k + 1r; + ro

To determine a clean overall heat transfer coefficient,
let r;, r,, and L/k equal zero. Thus,
1 1 1
I
Uo h b
A. Film Coefficient on Outside (h,)
To calculate the outside film coefficient, you need
to know the difference in temperature of the con-
densing vapor (T,) and the pipe wall temperature
(t,). The pipe wall temperature is determined by
trial-and-error calculations using the following
equation:”

(10-181)

h(7
ty =t + (m)(Tv - t,) (10-132)

where
t, = wall temperature, °F
t, = average temperature of cold fluid, °F
T, = temperature of vapor, °F
t, = (500 + 600)/2 = 550°F
T, = 620°F

of

<

of

h;, . . . Basing the coefficient on the outside area, h; may be con-
verted from inside to outside as follows:

D’;

h, = h; X — (10-133)
D',

D’y  0.620 . .

D, =050 0.827 (tube properties, see Table 10-3)

h; = 360 Btu/ (hr) (ft) (°F) (given)
h,, = 360 X 0.827 = 298 Btu/ (hr) (fi2) (°F)

To solve the preceding equation for t,,, assume
h, = 150 Btu/ (hr) (ft%) (°F).

Thus,
= 550 + (150) 620 — 550
= 150 + 208 )
t, = 550 + (0.385)(70) = 573°F
Now determine h, from Figure 10-67B:

when

At =T, — t, = 620 — 573 = 47°F

D’ = 0.750 in.

(D’) (At) = (0.750) (47) = 35.3
From the graph, h, = 270 Btu/ (hr) (f%) (°F)

Because the assumed value does not agree with the
calculated value, assume h, = 290, and repeat the

calculations.
290
=550 + ———— (620 — 550
b 290 + 298 (62 )
t, = 550 + (0.49)(70) = 584°F

andAt = T, — t, = 620 — 584 = 36°F
(D) (At) = (36.0)(0.750) = 27.0 and
h, = 290 Btu/(hr) () (°F)

This is the design value for h, as the assumed value
equals the calculated value.

B. Clean Overall Heat Transfer Coefficient (U,)
1/U, = 1/h, + 1/h,
1/U. = 1/298 + 1/290
1/U, 0.0036 + 0.00345 = 0.00681
U, = 147 Bw/(hr) (f?) (°F)
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Note: If the metal resistance (r,,) had been consid-
ered, it would equal 0.00024 (hr) (ft*) (°F)/Btu
(Table 10-13A) and would have made U, = 142
Btu/ (hr) (ft?) (°F). The metal resistance is thus
shown to be insignificant and may be neglected.

4. Design Overall Heat Transfer Coefficient (U,)

1 1
— =+ Ty, + T,
U, U,
d
I = 1; X 4 = 0.003 X 0.827

o = 0.00248 (hr) (ft?) (°F)/Btu

,.5
Il

0.001 (hr) (ft?) (°F)/Btu (given)

..1
=]
Il

o
~
c
o
Il

1/147 = 0.00681 (hr) (f2) (°F)/Btu
1/U, = 0.00681 + 0.00248 + 0.00100
1/Uq = 0.01029 (hr) (%) (°F)/Btu

U, = 97.2 Btu/(hr) (£12) (°F)

or if read from Figure 10-39 at (r, + 13,):

Uy = 97 Bu/(hr) (%) (°F)

5. Surface Area

Q = UzAAty

360,000

—— = 66.3f°
(97.2)(55.9) 031

A= Q/(Ug)(Atry) =

Pressure Drop

When a fluid flows over a stationary or moving surface,
the pressure of the fluid decreases along the length of the
surface due to friction. This is commonly called the pressure
drop of the system. Of particular interest are the pressure
drops in pipes (tubes) and in heat exchanger shells.

The Sieder and Tate equation for the pressure drop in
tubes is

fG’Ln’
5.22(10)"°(D;)(s) (/)™

The Sieder and Tate equation for the pressure drop in
shells is

Ap =

_ fG2D(N + 1)
5.22(10)"(De)(s)(p/ )

Values of f versus Re number are given in Figure 10-140.

Ap

Pressure drops from DowrHERM A heat transfer media
flowing in pipes may be calculated from Figure 10-137. The
effective lengths of fittings, etc., are shown in Chapter 2 of
Volume 1. The vapor flow can be determined from the
latent heat data and the condensate flow. With a liquid sys-
tem, the liquid flow can be determined using the specific
heat data.

In the design of all parts of a system, special consideration
should be given to the large amount of flash vapor liberated
on the reduction of pressure. Because of the high ratio of
specific heat to latent heat, much more flash vapor is liber-
ated with DowrHeErM A than with steam. Consequently, all
constrictions that would cause high pressure drops should
be avoided.

In addition to steam and controlled-temperature water, a
number of different heat transfer fluids for a wide range of
temperatures from 100-700°F are supplied by (a) the Dow
Chemical Co., (b) Monsanto Chemical Co., (¢) Multitherm
Corp., (d) Union Carbide Corp., (¢) Exxon Chemical Co.,
(f) Mobil Chemical Co., (g) Calfo division of Petro Canada,
and (h) others with qualified products.

Falling Film Liquid Flow in Tubes

The liquid runs in a film-like manner by gravity down the
inner walls of the vertical tubes in a falling film exchanger.
The tubes do not run full, and, therefore, the film coeffi-
cient is greater than for the same liquid rate in a full tube
by 81

D2
h(film gravity) = h(full)(wl_d,))

where
D; = L.D. of tube, ft
d’ = film thickness, ft

(10-134)

For water:®!

w
wD;

1/3
h, = 120( > = 120(G’)1/3 (10-135)
where
G’ = mass flow rate/unit circumference, 1b/ (hr) (ft)
G =w/(D
w = mass flow rate, Ib/hr

For other liquids® in turbulent flow:

h

. e\ 3/ 4G\ 13
T 0.01(—”) ( )
Klpg/nf k Me

(10-136)

Properties are evaluated at the length mean average tem-
perature.

where
W = viscosity of liquid at film temperature, t;, Ib/ (hr) (ft)
g = acceleration due to gravity = 4.17 X 10® ft/ (hr)
p = Ib/fi
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Table 10-24
Allowable Water Velocities in Tubes
Tube Minimum* Maximum Preferred
Fluid Material Velocity, ft/sec Velocity, ft/sec Velocity, ft/sec
Sea 70-3-Cupro- 2.5-3 12 6-8
water nickel;
0.5% Iron
Sea 90-10-Cupro- 2.5-3 10 6-8
water nickel;
1.25% Iron
Sea Aluminum 2.5-3 8 5-6
water brass
Brackish Steel 2.5 5 4
water
Treated well  Steel 2.5 8-10 5-6
water
Cooling Steel 2.5 8 6

tower
recirculated
water

*Do not design below these values.

The coefficient, h,, is to be used with the length mean At.
In streamline flow, 4 G'/p, < 2,000:

h, cudfs 13/ 4G \1/9

— = 0.67(%) (7) (10-137)
Vkip*g/ui kLp™ g™ Hr

where h, = film

coefficient based on arithmetic mean At

Table 10-24 is an experience guide for reasonable service
using the types of water indicated inside tubes of the mater-
ial listed.

Sinek and Young'” present a design procedure for pre-
dicting liquid-side falling film heat transfer coefficients
within 20% and overall coefficients within 10%.

160

Vaporization and Boiling

Boiling of liquids occurs as nucleate or as film boiling. Fig-
ures 10-95A and 10-95B illustrate a typical flux curve for
water and hydrocarbons. In the region 1-2, the liquid is
being heated by natural convection; in 2-3 the nucleate
pool boiling occurs with bubbles forming at active sites on
the heat transfer surface, natural convection currents set up,
Q/A varies at At" where n is 34, and the peak flux is at point
3 corresponding to the critical At for nucleate boiling; at 3
film boiling begins; and at 4-5-6 film boiling occurs. In film
boiling heat is transferred by conduction and radiation
through a film on the heating surface. Note that the rate of
effective heat transfer decreases beyond point 3, and it is for
this reason that essentially all process heating/boiling
equipment is designed to operate to the left of point 3.

5108

=2 Peak - /6
£ \]4 5

E,os /3 F—+]

m—

g

Fiot

§|O 5

k-]

208 L

10 100 1,000 10,000

Temperature Difference,At,°F.
(Between Heating Source and 212°F)
Regions:
| - 2 =Natural Convection
2 - 3=Nucleate Boiling
3-4 =Portial Film Boiling
4-5-6=Film Boiling

Figure 10-95A. Heat flux for boiling water at 212°F. (Used by permis-
sion: McAdams, W. H. Heat Transmission, 3 Ed., ©1954. McGraw-
Hill Book Co. All rights reserved.)
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Figure 10-95B. Heat transfer behavior of a mixture of hydrocarbon
fuels. (Used by permission: Jens, W. H. Mechanical Engineering,
V. 76, Dec. 1954, p. 981. ©American Society of Mechanical Engineers.
All rights reserved.)
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Vaporizers, usually termed reboilers for chemical or petro-
chemical plant operations can be of several types:

¢ Horizontal
® Vertical
¢ Horizontal or vertical as shell and tube units operated by
¢ Natural circulation, which includes thermosiphon
action
® Forced circulation or pump-through
* Horizontal kettle-type units

Table 10-25 provides a helpful breakdown of the major
types and characteristics of vaporizers and reboilers used in
the industry.

For horizontal thermosiphon/natural units the boiling fluid
is almost always on the shell side, with the heating medium in
the tubes. In the vertical units the reboiling of the fluid is in the
tubes. For kettle units, the boiling is in the shell. Collins'® sug-
gests a “rule of thumb” that if the viscosity of the reboiler is less
than 0.5 centipoise (cp), the vertical thermosiphon should be
considered, but when the viscosity is more than 0.5 cp, the hor-
izontal reboiler is probably more economical.

Because reboilers are used extensively with bottoms boil-
ing of distillation columns, the horizontal units have some
advantages.'®

* High surface area.

® Process is on the shell side, with possibly less fouling, or
easy access for cleaning the outside tubes.

Tubes have easy access for cleaning on tube side, when
fouled.

Greater flexibility for operator handling high liquid rates.
Lower boiling point elevation than vertical units.

Figures 10-96A-E illustrate horizontal and vertical ther-
mosiphon reboiler flow arrangements.

For a distillation column bottoms heating, such as shown
in Figures 10-96A and 10-96B, the bottoms liquid from the
column flows under system pressure and liquid head into
and through the shell side of the horizontal thermosiphon
reboiler. The two-phase (liquid + vapor) mixture flows from
the reboiler back into the distillation column either on the
bottom tray or just under this tray into the column vapor
space above the bottoms liquid, with the vapor passing
upward into/through the bottom or first tray. The density
difference between the liquid in the column and the two-
phase mixture in the heat exchanger (reboiler) and the riser
(outlet piping from the shell side of reboiler) cause the ther-
mosiphon circulation through the reboiler.'® According to
Yilmaz,'¥ the horizontal thermosiphon reboilers compared

Table 10-25

Types and Characteristics of Process Reboilers

Type

Advantages

Disadvantages

Vertical thermosiphon

Horizontal thermosiphon

Once-through natural
circulation

Flooded-bundle (kettle)

Forced circulation®

Capable of very high heat transfer rates.
Compact; simple piping required.

Low residence time in heated zone.
Not easily fouled.

Good controllability.

Capable of moderately high heat transfer rates.

Low residence time in heated zone.
Not easily fouled.

Good controllability.

Easy maintenance and cleaning.

Capable of moderately high heat transfer rates.

Compact; simple piping required.

Low residence time in heated zone.

Not easily fouled.

Equivalent to theoretical plate.

Easy maintenance and cleaning.

Convenient when heating medium is dirty.

Equivalent to theoretical plate.

Contains vapor disengaging space.

Viscous and solid-containing liquids can be
circulated.

Enables an erosion-fouling balance.

Circulation rate can be controlled.

Maintenance and cleaning can be awkward.

Additional column skirt required.

Equivalent to theoretical plate only at high
recycle.

Extra piping and space required.
Equivalent to theoretical plate only at high
recycle.

Maintenance and cleaning can be awkward.
Additional column skirt height required.
No control over circulation rate.

Danger of backup in column.

Danger of excessive per-pass vaporization.
Lower heat transfer rates.

Extra piping and space required.

High residence time in heated zone.

Easily fouled.

Relatively expensive due to extra shell volume.
Cost of pump and pumping.

Leakage of material at stuffing box.

*Advantages and disadvantages will in general correspond to the type of reboiler to which forced circulation is applied. The advantages and
disadvantages shown are in addition.
Used by permission: Fair, J. R. Petroleum Refiner, Feb. 1960, p. 105. ©Gulf Publishing Company. All rights reserved.
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AT

Vapor + Liquid

Vapor + Liquid
a

(3) (b)

Liquid

Figure 10-96A. Horizontal thermosiphon reboiler. a. Recirculating
feed system. b. Once-through feed system. Both are natural circula-
tion. (Used by permission: Yilmaz, S. B. Chemical Engineering
Progress, V. 83, No. 11, ©1987. American Institute of Chemical Engi-
neers. All rights reserved.)
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Figure 10-96B. Horizontal thermosiphon reboiler on distillation col-
umn: shell and tube design, not kettle. Boiling in shell.
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Figure 10-96C. Shell types selected for horizontal and thermosiphon
reboilers, boiling in shell. (Used by permission: Yilmaz, S. B. Chemi-
cal Engineering Progress, V. 83, No. 11, ©1987. American Institute of
Chemical Engineers. All rights reserved.)
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Figure 10-96D. Vertical recirculation thermosiphon reboiler.
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Figure 10-96E. Reboiler heat balance.

to kettle reboilers are less likely to be fouled by the process
due to their better circulation and lower percent vaporiza-
tion. Vertical thermosiphon reboilers with process through
the tubes, Figure 10-96D, are less suitable than horizontal
units when heat transfer requirements are large due to
mechanical considerations; that is, the vertical units may
often determine the height of the first distillation tray above
grade. Also per Yilmaz,'*® moderate viscosity fluids boil better
in horizontal units than in vertical units. Low-finned tubing
used in horizontal units can improve the boiling characteris-
tics on the shell side. Due to the high liquid circulation rate
for horizontal thermosiphon units, the temperature rise for
the boiling process fluid is lower than for kettle reboilers
(these are not thermosiphon). Ultimately this leads to higher
heat transfer rates for the horizontal thermosiphon units.'

Hahne and Grigull'® present a detailed study of heat
transfer in boiling.
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A number of obvious advantages and disadvantages exist
for either the horizontal or vertical thermosiphon reboiler.
For horizontal units, Yilmaz states that the TEMA types X, G,
and H shown in Figure 10-96C are in more common usage,
and types E and | are often used. The selection depends on
the heat transfer, fouling, and pressure drop on the shell
side. The X Shell is considered to have the lowest compara-
tive pressure drop, then H, G, and J, with E having the best
AP. The circulation through the thermosiphon loop
described earlier depends on the pressure balance of the sys-
tem, including the static pressure of the liquid level and the
inlet pressure drop and exit two-phase pressure drops to and
from the reboiler, plus the pressure drop through the unit
itself.

Yilmaz'®* recommends that the maximum velocity in the
exit from the horizontal thermosiphon reboiler be the work
of Collins:'®

Viax = 7715 (pyn) ™*° (10-138)
where
Vi = maximum velocity in exit from reboiler, m/sec
Pph = homogeneous two-phase density, kg/m?®

The arrangement of baffle plates and nozzles, Figure 10-
96C, are important to prevent (a) tube vibration, (b) mal-
distribution of the process boiling fluid, and (c) poor heat
transfer coefficients due to uneven and stratified flow result-
ing in uneven and “dry spot” heat transfer from nonuniform
tube wetting, and others.'®

The work of Heat Transfer Research, Inc., has con-
tributed much to the detailed technology; however, this
information is proprietary and released only to subscribing
member organizations.

Yilmaz'® comments that several “unexpected” results have
developed from the current horizontal reboiler research
studies.

® These units provide higher heat fluxes at the same
mean temperature difference.

® These units are superior in thermal performance to ver-
tical tube thermosiphon units.

® These units are superior in thermal performance to
kettle reboilers.

Figure 10-97A compares horizontal and vertical units in
the same hydrocarbon boiling service at low pressures and
shows that the horizontal units are more favorable in the
same service than vertical units and even more so when the
mean temperature difference is low. Figure 10-97B com-
pares horizontal and vertical thermosiphon units with kettle
reboilers when boiling the same hydrocarbon mixture; also
see Fair,* Jacobs,?”® and Rubin.?”
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Figure 10-97A. Heat transfer data of reboilers boiling a pure hydro-
carbon at low pressure in horizontal and vertical reboilers. (Used by
permission: Yilmaz, S. B. Chemical Engineering Progress, V. 83, No.
11, p. 64, ©1987. American Institute of Chemical Engineers. All rights
reserved.)

2 T TTT7TT] T 17
105(— —
[ .// 7
b— —4
6 /,
NE - Horizontal /‘/ :
E a4}~ Thermosiphon . _
L Reboiler //
2 // Vertical
= 2f Y Thermosiphons
T /" / Reboiler
4l ]
101 Kettle Reboiler —
6 .
4 L1l L1 11
2 4 6 10 2 4 6

Mean Temperature Difference, C

Figure 10-97B. Heat transfer data of reboilers boiling a hydrocarbon
mixture in horizontal and vertical thermosiphon reboilers compared
to a kettle reboiler. (Used by permission: Yilmaz, S. B. Chemical Engi-
neering Progress, V. 83, No. 11, p. 64, ©1987. American Institute of
Chemical Engineers. All rights reserved.)
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Vaporization in Horizontal Shell; Natural Circulation

Kern™ deserves a lot of credit for developing design meth-
ods for many heat transfer situations and in particular the
natural circulation phenomena as used for thermosiphon
reboilers and shown in part in Figures 10-96A-D.

The horizontal natural circulation systems do not use a ket-
tle design exchanger, but rather a 1-2 (1 shell side, 2 tube-
side passes) unit, with the vaporized liquid plus liquid not
vaporized circulating back to a distillation column bottoms
vapor space or, for example, to a separate drum where the
vapor separates and flows back to the process system and
where liquid recirculates back along with make-up “feed” to
the inlet of the horizontal shell and tube reboiler. See Fig-
ures 10-96A-C.

Alarge portion of vaporization operations in industry are
handled in the horizontal kettle unit. The kettle design is
used to allow good vapor disengaging space above the boil-
ing surface on the shell side and to keep tubesheet and head
end connections as small as possible. Services include vapor-
izing (reboiling) distillation column bottoms for reintro-
ducing the vapor below the first tray, vaporizing refrigerant
in a closed system (chilling or condensing on the process
steam side), and boiling a process stream at constant pres-
sure. The tube side may be cooling or heating a fluid or con-
densation of a vapor.

Physically the main shell diameter should be about 40%
greater than that required for the tube bundle only. This
allows the disengaging action.

The kettle unit used in the reboiling service usually has an
internal weir to maintain a fixed liquid level and tube cov-
erage. The bottoms draw-off is from the weir section. The
reboiling handled in horizontal thermosiphon units omits
the disengaging space because the liquid-vapor mixture
should enter the distillation tower where disengaging takes
place. The chiller often keeps the kettle design but does not
use the weir because no liquid bottoms draw off when a
refrigerant is vaporized.

Pool and Nucleate Boiling—General Correlation for Heat
Flux and Critical Temperature Difference

Levy”” presented a correlation showing good agreement
for pool boiling and nucleate boiling heat transfer flux
(Q,/A) below the critical At for subcooled and vapor-
containing liquids. This covers the pressure range of sub- to
above-atmospheric and is obtained from data from the
inside and outside tube boiling.

ke pP(AT)’[1 — x
Qy _ ki I/,pL( il ] (10-139)
A o'T(pL = p)B.

x = vapor quality of fluid = 0 for pool boiling and is a low fraction,
about 0.1 to 0.3, for most nucleate boiling

This is represented in Figures 10-98 and 10-99.

where
k; = thermal conductivity of saturated liquid,
Btu/hr (°F/ft)
¢;, = specific heat of liquid, Btu/1b (°F)
pp = liquid, Ib/ft®
p, = vapor, Ib/ft?
o’ = surface tension of liquid, Btu/ft%
(dynes/cm) X (0.88 X 1077) = Btu/ft
AT = temperature difference = T,, — T, °R
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Figure 10-98. Levy correlation for boiling heat transfer equation.
(Used by permission: Levy, S. ASME paper no. 58-HT-8, ©1958.
American Society of Mechanical Engineers. All rights reserved.)
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Figure 10-99. Coefficient B, in Levy boiling heat transfer equation.
(Used by permission: Levy, S. ASME paper no. 58-HT-8, ©1958. Amer-
ican Society of Mechanical Engineers. All rights reserved.)
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—
I

= temperature of tube heating surface, °R
, = saturation temperature of liquid, °R

B, = coefficient of Figure 10-99

h;, = latent heat of evaporation, Btu/1b

A
I

fg

The value of this relation is that it serves as a maximum
limit that may be expected from a designed unit when com-
paring design Q/A versus Equation 10-139.

Mikic and Rohsenow® present another boiling correla-
tion for pool boiling, which includes the effects of the heat-
ing surface characteristics.

It is important to design at values of temperature differ-
ence below the critical value separating nucleate and film
boiling. The work of Cichelli and Bonilla*” has produced
considerable valuable data, including Figure 10-100, which
represents the maximum temperature difference between
the fluid saturation temperature and the metal surface for
nucleate boiling.?” This is valuable in the absence of specific
data for a system. Equipment should not be designed at
greater than these AT values unless it is recognized that film
boiling will be present and the performance will not be as
efficient as if nucleate boiling were the mechanism. Figure
10-101 illustrates the effect of pressure on the nucleate boil-
ing of ethyl alcohol.”

The maximum heat flux, Q/A, as a function of reduced
pressure for a system before the transition begins to film
type boiling is shown in Figure 10-102A and 10-102B. In gen-
eral, a design should not exceed 90% of these peak values.
Other correlations are available, some with special limita-
tions and others reasonably general.”’

Table 10-26 lists some values of maximum flux and critical
AT for pool boiling. The values are very useful when quick
data must be estimated or when guides and limits must be
established. They are also applicable to natural circulation
boiling in tubes.
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80 AN e Propane
70 N\Compounds Binary | @ n-Pentane
< Mixturesy o n-Heptane (Middle 80%)
60 ° L] P e n-Heptane
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50 SU N 33 mol % Propane
<1
40 b~ ) o 33 mol% n-Pentane
i = ° 67 mol % Propane
30 3
)
20 ool
< No|
e} v
5 10
=
i %01 00z 005 ol 02 05 10
<

P, Reduced Pressure

Figure 10-100. Maximum AT for nucleate boiling correlation. (Used by
permission: Cichelli, M. T., and Bonilla, C. F. Transactions, AIChE, V.
41, No. 6, ©1945. American Institute of Chemical Engineers. All rights
reserved.)

A well-recognized and often-used equation for determin-
ing a reasonable, even if preliminary, nucleate boiling coef-
ficient is represented by the McNelly equation for boiling
outside of tubes:

-0.3 —0.6[ P2 70425
h, = ¢(CLG‘.)[%} {w} {P—} (10-140)
Mo kg pLO
where
G, = Q {&} = v [&} (10-141)
Anf)\ Py Anf Py
h,, = boiling side film coefficient, Btu/hr-ft>*F
¢ = surface condition factor:
For steel or copper = 0.001
St. steel, nickel = 0.0006
Polished surfaces = 0.0004
Teflon, plastics = 0.0004
¢;. = liquid specific heat, Btu/1b-°F
p. = liquid density, Ib/ft®
p, = vapor density, Ib/ft®
W = liquid viscosity, Ib/ft-hr
D, = tube O.D,, ft
V = vapor rate, Ib/hr
A,; = surface area of tubes, outside, ft*
Q = heat duty, Btu/hr, or Q,, for boiling
k;, = liquid thermal conductivity, Btu/hrft-°F
P, = absolute pressure of boiling fluid, 1b/ft?
o = surface tension of liquid, Ib/ft
A = latent heat of vaporization, Btu/lb
11 shold
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— (ib)/{sq.in) | | ® Nucl/eate
< 100,000 — 8% Sl 2654 its fonfe | 147)
g 'E’ — a /ZBoili% ; }
= \/V A //
ol 50,000 Y )9/’ /0 5

20,000 — /
Threshold of

N\ [}
/;/
10,000 N 7

Natural Convecfion\

6,000,
AT,°F

Figure 10-101. Maximum AT values occur at the indicated threshold
of film boiling, a typical example using 100% ethyl alcohol from a
clean surface. (Used by permission: Cichelli, M. T. and Bonilla, C. F.
Transactions. AIChE, V. 41, No. 6, ©1945. American Institute of Chem-
ical Engineers. All rights reserved.)
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Figure 10-102A. Maximum heat flux (or burnout). (Used by permission: Cichelli, M. T. and Bonilla, C. E. Transactions. AIChE., V. 41, No. 6, ©1945.

American Institute of Chemical Engineers. All rights reserved.)
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Figure 10-102B. Maximum boiling rate in the low pressure region. (Used by permission: Cichelli, M. T. and Bonilla, C. E. Transactions. AIChE, V.
41, No. 6, ©1945. American Institute of Chemical Engineers. All rights reserved.)

Film coefficients calculated by this equation, while useful,
are quite strongly influenced by the effects of pressure of the
system. In order to somewhat compensate for this, variable
exponents for the pressure term of the equation are used as
follows:

Pressure, psia Exponent
Equation 2
Less than 10 2

10 — 30 1.9
30 — 300 1.8
>300 1.7

Experience suggests that the McNelly equation be used
for the higher pressures and that the Gilmour®® equation be
used for low pressures of atmospheric and sub-atmospheric.

In kettle-type horizontal reboilers, often the bundle heat
transfer film coefficients obtained may be higher than those
calculated by most of the single-tube equations. This sug-
gests the possibility of coefficient improvement by the rising
agitation from the boiling liquid below. It is impossible to
take this improvement into the design without more con-
firming data.

If the tube bundle is to be large in diameter, it is possible
that the liquid head will suppress the boiling in the lower
portion of the horizontal bundle; thereby actually creating a
liquid heating in this region, with boiling above this. Under
such situations, the boiling in the unit cannot be considered
for the full volume; hence, there should be two shell-side
coefficients calculated and the resultant areas added for the
total.
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Table 10-26
Maximum Flux at Critical Temperature Difference for Various Liquids Boiling in Pools Heated
by Steam Condensing inside Submerged Tubes

Tubes
Liquid Surface on Boiling Side Liq. Temp. (°F) Max. Flux Q/A *Critical At, At, (°F)
Ethyl acetate Aluminum? 162° 42,000 80
Ethyl acetate Slightly dirty copper? 162* 62,000 57
Ethyl acetate Chrome-plated copper® 162 77,000 70
Benzene Slightly dirty copper? 1772 43,000 100
Benzene Aluminum? 1772 50,000 80
Benzene Copper? 177 55,000 80
Benzene Chrome-plated copper? 1772 69,000 100
Benzene Copper? 177 72,000 60
Benzene Chrome-plated copper® 177 70,000 100
Benzene Steel? 1772 82,000 100
Carbon tetrachloride ~ Dirty copper? 170* 47,000 83
Carbon tetrachloride =~ Copper? 170* 58,000 79
Heptane Copper? 2097 53,000 55
Ethanol Aluminum? 1732 54,000 90
Ethanol Copper 173* 80,000 66
Ethanol Slightly dirty copper? 173* 93,000 65
Ethanol Grooved copper? 1732 120,000 55
Ethanol Chrome-plated copper? 1732 126,000 65
Propanol Polished nickel-plated copper? 127 67,000 91
i-Propanol Polished nickel-plated copper® 151 90,000 84
i-Propanol Polished nickel-plated copper? 175 110,000 96
Methanol Slightly dirty copper? 149* 78,000 92
Methanol Chrome-plated copper? 149* 120,000 110
Methanol Steel? 1492 123,000 105
Methanol Copper? 1492 124,000 115
n-Butanol New nickel-plated copper? 173 79,000 83
n-Butanol New nickel-plated copper? 207 92,000 79
n-Butanol New nickel-plated copper? 2417 105,000 70
i-Butanol Polished nickel-plated copper? 222 115,000 85
Water Polished nickel-plated copper® 131 115,000 53
Water Chrome-plated copper® 110 150,000 oo
Water Chrome-plated copper® 130 175,000 65
Water New nickel-plated copper® 155 190,000 ce
Water Chrome-plated copper® 150 220,000 64
Water Chrome-plated copper® 170 243,000 64
Water Polished nickel-plated copper® 171 250,000 72
Water New nickel-plated copper® 191 260,000 e
Water Chrome-plated copper® 190 300,000 70
Water Chrome-plated copper® 212# 330,000 80
Water New nickel-plated copper® 212# 360,000 68
Water Polished nickel-plated copper® 212 370,000 72
Water Chrome-plated copper® 2122 390,000 72
Water Steel® 2122 410,000 150

*The overall temperature difference At,is defined as the saturation temperature of the steam less the boiling temperature of the liquid.
* Boiling at atmospheric pressure.

" Steam side was promoted with Benzyl Mercaptan.

¢ Steam side was promoted with Octyc Thiocyante.

4 Steam probably contained a trace of Oleic acid.

Used by permission: McAdams, W. H. Heat Transmission, 3" Ed., p. 386, ©1954. McGraw-Hill Book Co., Inc. All rights reserved.
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Reboiler Heat Balance

Because the reboiler is usually used in conjunction with
distillation columns, the terminology and symbols used here
will relate to that application. Assume a column with an
overhead total condenser and a bottoms reboiler (see Fig-
ures 10-96D and 10-96E). Assuming all liquid feed, the heat
balance is”

QR =R+1) WI)EI)(V) - RWI)EI)(I) + WBEB(I)_WfEf(]) (10-142)
where
R = reflux ratio, mol condensate returned to column/
mol product withdrawn
Vyig = vapor formed in reboiler, Ib/hr
W = flow rate, Ib/hr
E;, = enthalpy of overhead product removed from
column., Btu/1b
Q. = heatload of overhead condenser (removed in
condenser), Btu/hr
Qr = reboiler duty or heat added, Btu/hr
L = latent heat of vaporization, Btu/hr

E; = enthalpy of bottoms, Btu/1b
E; = enthalpy of feed, Btu/1b
Subscripts:
B = bottoms product

condensing
v = vapor
1 = liquid
R = reboiler
D
F

= overhead distillate product
= feed

For a heat balance around the entire column” with the
feed being liquid or vapor; that is, Heat In = Heat Out:

Welsgory) + Qr=0Qct WiEgq) + WpEpg (10-143)

Example 10-17. Reboiler Heat Duty after Kern™

See Figure 10-103.

Assume 25,000 1b/hr of a 50-50 mixture of light hydro-
carbons to be separated to a2 99.5% (wt) light HC overhead
and bottoms of 5% (wt) heavier HC. The reflux ratio deter-
mined separately for the column is 3.0 mol reflux/mol of
overhead distillate.

Overall material balance:

95,000 = Wy, + W,
HC #1 (more volatile): 25,000(0.50) = 0.995W,, + .05 W,

Then simultaneously:

(25,000) (0.05) = 0.995(25,000 — Wy) + 0.05(Wy)
12,500 = 24,875 — 0.995W,, + 0.05(W,,)
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Figure 10-103. Kern correlation for natural circulation boiling and
sensible film coefficients—outside and inside tubes. (Used by per-
mission: Kern, D.Q. Process Heat Transfer, 15t Ed., ©1950. McGraw-
Hill Book Company. All rights reserved.)

—1,237.5 = 0.945 W,
Wy = 13,095 1b/hr total bottoms
Wp, = distillate total = 25,000 — 13,095 = 11,905 1b/hr

Assume using enthalpy and latent heat tables/charts.

Ey = 160 Btu/Ib
Eg, = 100 Btu/Ib
Ep,, = 302 Bru/Ib

L, = 185 Btu/Ib

Then, substituting in equation 10-142,

Qr = (3.0 + 1.0)(11,905) (302) — (3.0) (11,905) (95) +
(18,095) (160) — 25,000(100)
= 14,381,240 — 3,392,925 + 2,095,200 — 2,500,000
= 10,588,515 Btu/hr

Total vapor to be generated by reboiler:
= 10,583,315/ 135 = 78,394 1b/hr
Kettle Horizontal Reboilers

Kettle horizontal reboilers consist of either a U-bundle or
ashell and tube bundle inserted into an enlarged shell. The
enlarged shell provides disengaging space for the vapor out-
side and above the liquid, which is usually held by level con-
trol at the top level of the tube bundle or possibly a few in.
below the top of the tubes. The heating medium is inside
the tubes.

Internal reboilers are similar in concept and designed
accordingly to the kettle units, but this style does not have a
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separate shell, as it is inserted into the circular shell of the
sidewall of the distillation column or tank, for example, see
Figure 10-111. It is inserted into the body of the liquid to be
heated/boiled. The level of the liquid is also controlled as
described earlier.

The mechanism of boiling is essentially nucleate pool
boiling. In both styles of reboiler the liquid velocity is rela-
tively low compared to thermosiphon units.”” ¥ Jacobs'®®
provides an extensive comparison of advantages and disad-
vantages of essentially all the reboiler types used in industrial
plants. Palen and Taborek? conducted extensive studies of
available data and proposed nucleate boiling equations to
correlate various data from the available 14 equations down
to a selected 6 for detailed study. The study was limited to
various hydrocarbons and hydrocarbon mixtures. Their
conclusions after computer correlations of the results from
several equations were as follows.

Palen® recommendation corrects single tube boiling data
(outside) to the bundle effect in a horizontal reboiler by:

Revised boiling coefficient, h, = h; (BCF)

This is limited by the maximum heat flux of approxi-
mately 12,000-25,000 Btu/ (hr) (ft?).
The bundle correction factor for vapor blanketing:

(BCF) = h, [0.714(p — DE0 96 [1/N, ] 0207+ n0N)]
(10-144)
where
a,(U;)(AT)
(Mp — D,
U, is found by Equation 10-161 = overall coefficient for
isolated single tube, Btu/ (hr) (f%) (°F).

G= = mass velocity of vapor (10-145)

G = mass velocity of vapor from a bottom tube based on
the (p — D,) spacing, Ib/ (hr) (ft?)
a, = tube outside heat transfer surface, ft?/ft

p = tube pitch, ft

D, = tube O.D., ft
N,. = number of tubes in the center vertical row of bundle
N = latent heat, Btu/1b

AT = mean temperature difference between the bulk of
the boiling liquid and the bulk of the heating
medium, °F

h,, = corrected boiling coefficient, Btu/ (hr) (ft*) (°F), for
bundle

h,, = nucleate boiling coefficient for an isolated single
tube, Btu/ (hr) (ft%) (°F)

Maximum Bundle Heat Flux"!

Recommended limiting maximum heat flux”" for the tube
density coefficient:
Dy(L)

10-146
A ( )

. 1/2
= 0.359 (Dﬁ){“;“} (10-147)
g - py 0.25
V= pvx{w} (10-148)
p;
Qo = KOW (10-149)

Gilmour’s bundle correction is
h, =h (N,,) %1% (v,) %8, improved to
By = h (N 0 (v,/v) 05

N,, = number of holes in vertical center row of bundle
v, = superficial vapor velocity
v. = maximum flux
Ve = Qmax / AP, » Where q,,,, comes from the Zuber

equation discussed separately

The results for small bundles do not agree as well as the
Palen and Taborek” equation.

Determine q,,,, from Figure 10-103A. Use a safety factor
of 0.7 with Equation 10-149 per the recommendation of ref-
erence 91 for conservative results.

where
D, = bundle diameter, ft
L = average bundle length, ft
A = bundle heat transfer surface, ft?> (outside)
o = tube layout angle, degrees
N = number of tube holes/tubesheet. Note: U-tubes have

2 holes per tube, so N = 2 X number of tubes
= vapor density, Ib/ft®
= liquid density, Ib/ft®
= acceleration of gravity, ft/ (hr) (hr)
= latent heat, Btu/lb
surface tension, 1b (force) /ft
empirically determined constant used as 176 in the
range of ¢ for bundles
Jmax = maximum heat flux, Btu/ (hr) (ft?)
= maximum flux physical property factor,
Btu/ (ft%) (hr)
p = tube pitch, ft
D, = tube O.D., ft

A > P

o

191

The original Zuber
modified by Palen®

equation for maximum heat flux as

Quax = 258 (p) (N [0 (pr — p)g/pr] ** oy + p)/ P 1"
Btu/ (hr) (ft) (10-150)

Symbols are as defined previously.

The tube density coefficient, ¢, is given in Table 10-27.

The tube wall resistance cannot be ignored for reboilers.
Based on the outside tube diameter,’!

Tyan {aoln(ao/ai)} _ a,In (D,/D;) (10-151)

w _ [5
kw A a4 2 ’ﬂ'kw
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safety factor of 0.7 also should be used. (Used by permission: Palen, J. W., and Small, W. M. Hydrocarbon Processing, V. 43, No. 11, ©1964.

Gulf Publishing Company, Houston, Texas. All rights reserved.)

Table 10-27
Tube Density Coefficient for 60° Triangular Pitch

¢ = [Tube Density Coefficient] [L/A]%®

Coefficient for a given D,

p, in. 8/, in. 1in.
1 0.196 —

1.5 0.294 0.257
1.75 — 0.299

L=Bundle length, ft; bundle heat transfer surface, ft*

Used by permission: Palen, J. W., and Small, W. M. Hydrocarbon Processing,
V. 43, No. 11, p. 199, ©1964. Gulf Publishing Company, Houston, Texas.
All rights reserved.

where

r, = tube wall resistance, (hr) (ft) (°F)/Btu

a; = tube inside heat transfer surface per ft, ft
a, = tube outside heat transfer surface per ft, ft
T, = tube wall thickness, ft

k = wall thermal conductivity, Btu/ (hr) (ft) (°F)
D, = tube O.D., ft

D, = tube I.D., ft

w = pi = 3.1416

A. McNelly Equation,” ¥ overall deviation + 50% and
—40%:

by = 0225 (g /N (144Pk, /)" ¥ [p/p) — 1%
(10-152)
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where
G, = surface factor, for clean copper and steel tubes = 1.0
and for clean chromium = 0.7
g = acceleration of gravity, ft/hr? = 4.17 X 108
N = latent heat, Btu/1b
h; = nucleate boiling coefficient for single isolated tube,
Btu/ (hr) (f?) (°F)
= liquid specific heat, Btu/ (1b) (°F)
o = surface tension, lb/ft
= reboiler operating pressure, 1b/in.%abs.

ol
|

o~}
|

To account for tube and bundle geometry, Gilmour’s™-*!
equation is modified based on the single tube cal-
culation,” 19
hb — hs[ (Nw)*0,|85 (VS)*0,358 (10_153)
v, = superficial vapor velocity, ft/sec
N,, = number of tubes in center vertical row of bundle
h,, = h = theoretical boiling film coefficient for a single
tube, Btu/ (hr) (f®) (°F)
h,, = heat transfer coefficient for a reboiler bundle,
Btu/ (hr) (ft%) (°F)
B. Gilmour Equation'” reportedly was used successfully in
many reboilers and vaporizers:
h = 0.001 (¢, G) (P* /pro)** (k/cp)™® (m/DoG)™*  (10-154)
where
G = (V/A) (p//p,), mass velocity normal to tube surface,
Ib/ (hr) (ft%)
For all other factors constant: h = (V/A)?706 \0.706 0416
h = film coefficient of boiling heat transfer,
Btu/ (hr) (ft%) (°F)
= vapor produced, Ib/hr
= surface area, ft>
= proportionality constant = 1.0
= k; = thermal conductivity of liquid, Btu/ (hr) (ft) (°F)
= specific heat of liquid, Btu/1b -°F
= pressure of boiling liquid, Ib/ft*
=D, = O.D. of tube, ft
o = surface tension of liquid, Ib/ft
W, = viscosity of liquid, Ib/ (hr) (ft)
p. = density of liquid, Ib/ft*
p, = density of vapor, Ib/ft*

Omo = » <
Il |

In tube bundles, if the disengaging space between the
bundle and the kettle is small and insufficient to allow the
vapor bubbles to “break-free” of the liquid and thus tend to
blanket the upper tubes with gas, heat transfer will be
restricted.'” For best design the superficial vapor velocity
should be in the range of 0.6-1.0 ft/sec to prevent the bub-
bles from blanketing the tube through the bundle and
thereby preventing liquid contact with the tubes. When the
maximum heat flux is approached, this condition can occur,
so the 1.0 ft/sec vapor velocity is recommended.

Palen and Taborek” modified the Gilmour equation to
better accommodate the effect of surface types and the
effect of pressure, with the results agreeing with all the data
+50% and —30%, which is better than other proposed cor-
relations.

h= 90 X 10*4Cs(c?‘.4ki};6 p2.275/u().3)
[(q/)\)pL}OJ(P?/O'OA%)(14,4OO/P)"‘ (10-155)
m = 6.0e %0 T,
Maximum errors for data tested is +50% to —30%,
restricted to hydrocarbons with T, > 600°R.

where
T, = critical temperature, °R
q = heat flux, Btu/ (hr) (ft%)
C, = surface factor, noted with the McNelly equation cited
earlier
h = theoretical boiling coefficient for a single tube,
Btu/ (hr) (ft?) (°F)

P = pressure, Ib/ft?
N = latent heat, Btu/1b
o = surface tension, 1b/ft
p. = liquid density Ib/ft®
p, = vapor density Ib/ft®
W, = liquid viscosity, Ib/hr-ft
¢;, = liquid specific heat, Btu/1b-°F
g = acceleration of gravity, ft/hr-hr
h = theoretical boiling coefficient for a single tube,
Btu/ (hr) (ft?) (°F)
q = heat flux, Btu/ (hr) (ft%)
Qmax = mMaximum heat flux, Btu/ (hr) (ft?)
coefficient for equation for h®!

m
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The maximum heat flux recommended by Zuber™! and

confirmed by Palen and Taborek:*!

Quax = 25.8 (p,) () [o(p — o) 8/051%[(py + p)/pr]"”
(10-156)

where symbols are as listed earlier. To avoid confusion with sub-
scripts: L =1 (liquid) and V = v (vapor).

Examination of plant data by the authors” revealed that
tubes spaced closely together tend to create a vapor blan-
keting effect and the consequence of lower heat flux than
for widerspaced tube pitches. This author’s experience has
been to spread out the tube spacing (pitch) from normal
heat exchange design to ensure free boiling bubble move-
ment to avoid the very problem expressed in reference.’! To
account for Gilmour’s effect of the bundle on single tube
calculations, see Equation 10-153.

Palen and Taborek” proposed as the best choice for cir-
cular tube bundles (as compared to square) the following
film boiling coefficient after analyzing available data (their
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Table 10-28
Error Comparison of Test Case from Reference 91%*

Existing Methods Proposed Methods

Statistical Tube-by-
Gilmour Model Tube-Model
Kern (Eq.8) (Eq. 10) (Eq. 12)
Error with no safety
factor
1. Ave. % overdesign 61 15 17 15
2. Ave. % underdesign 0 40 19 10
Errors with safety
factor included
3. Area safety factor
required 1.0 1.80* 1.25 1.25
4. Ave. % overdesign 61 48%* 26 30
5. Max. % overdesign 140 110* 75 60

*Excluding case 15, which showed very high error.

Used by permission: Palen, J. W., and Taborek, ].J. Chemical Engineering Pro-
gress, V. 58, No. 7, p. 43, ©1962. American Institute of Chemical Engineers,
Inc. All rights reserved.

statistical analysis results). Also see Table 10-28 where the
equation references are to their article reference,’ not this
current text.

h,=0.714h (p-— d)*2x 105G (1/N,,) ~024 (L75+In(I/N) (10-157)
where

G is the single tube mass velocity through the (p-d) tube space,
defined as:

_a(AQU
“Np-—d)

where most symbols are as defined earlier, plus
a, = surface area, ft*>/ft of tube outside surface area
p = tube pitch, ft
d = tube O.D., ft
h,, = heat transfer coefficient for reboiler bundle,
Btu/hrft*-°F
U = overall heat transfer coefficient based on theoretical
single tube, h

The fit of the data to the proposed equation is on average
*+ 30% overdesign, which is good in terms of boiling data
and when compared to the Gilmour’s bundle coefficient of
+48% and Kern’s +61%.%!

h = theoretical boiling coefficient, Btu/ (hr) (ft%) (°F)
h,, = heat transfer coefficient for reboiler bundle,
Btu/ (hr) (ft%) (°F)

The following is a calculation procedure suggested by
Palen and Small® for the required boiling coefficient for a
horizontal tube bundle:

1. Assume a value for h,.
2. Calculate U, from Equation 10-161.

r, = wall resistance, [Btu/(hr) (ft?) (°F)] !
r; = inside fluid fouling resistance, [Btu/(hr) (ft) (°F~1)]

3. Calculate h, from McNelly or Gilmour equations.

4. Compare calculated h, with assumed value, if difference
is significant, use the calculated value and repeat from
step 2 until convergence is acceptable

5. Calculate AT, from:

AT, = (Uy/h) (AT) (10-158)
If AT, is less than 8°F, free convection must be taken
into account by a corrected h; = h:
D; pi 8B ATyer |02

e — (10-159)

h/ =h + O.BS(kL/DO){
prke

where
AT, = mean temperature difference between the bulk of
the boiling liquid and the tube wall, °F
AT = mean temperature difference between the bulk of
the boiling liquid and the bulk of the heating
medium, °F
h; = nucleate boiling coefficient for an isolated single
tube, Btu/ (hr) (ft*) (°F)
h/ = nucleate boiling coefficient for an isolated
single tube corrected for free convection,
Btu/ (hr) (%) (°F)
B = coefficient of thermal expansion of liquid

Other symbols as cited previously.

6. Calculate the correction to the nucleate boiling film
coefficient for the tube bundle number of tubes in ver-
tical row, hy,. See previous discussion.

7. Using Equation 10-161 to determine the overall U for
bundle.

8. Determine the area required using U of step 7.

9. Determine the physical properties at temperature: T}, =

AT,/2.

Nucleate or Alternate Designs Procedure

The following nucleate or alternate designs procedure,
suggested by Kern,” is for vaporization (nucleate or pool
boiling) only. No sensible heat transfer is added to the boil-
ing fluid.
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Note: If sensible heat, Q,, is required to bring the fluid up
to the boiling point, this must be calculated separately, and
the area of heat transfer must be added to that determined
for the fluid boiling requirement, Q..

1. Evaluate the heat load for the unit, Q,.

2. Determine the LMTD.

3. Assume or estimate a unit size (number and size of
tubes, shell, etc.).

4. Determine the tube-side film coefficient for convection
or condensation as required, by methods previously
described.

5. Determine the shell-side coefficient
a. Evaluate tube wall temperature
b. Evaluate boiling coefficient from Equation 10-139

or Figure 10-103.
Note: the use of Figure 10-103 is considered conservative.
Many organic chemical and light hydrocarbon units have
been successfully designed using it; however, it is not
known whether these units are oversized or by how much.

6. Calculate the required area, based on the film coeffi-
cient of steps 4 and 5 together with fouling and tube
wall resistances; A = Q/U At.

7. If the assumed unit does not have sufficient area, select
a large size unit and repeat the preceding procedure
until the unit is satisfactory (say 10-20% excess area).

. Determine the tube side pressure drop.

9. Determine the shellside pressure drop; however, it is

usually insignificant. It can be evaluated as previously
described for unbaffled shells.

oo

Kettle Reboiler Horizontal Shells

See Figure 10-1F.

In order to properly handle the boiling-bubbling in a ket-
tle unit, there must be disengaging space, and the velocities
must be calculated to be low to reduce liquid droplets being
carried out of the unit. Generally, no less than 12 in. of space
should be above the liquid boiling surface to the top cen-
terline of the reboiler shell. When vacuum operations are
involved, the height should be greater than 12 in. Vapor out-
let nozzle velocities must be selected to be low to essentially
eliminate entrainment. The liquid boiling surface should
not be greater than 2 in. above the top horizontal tube, and
in order to reduce entrainment, it is often advisable to leave
one or two horizontal rows of tubes exposed, i.e., above the
liquid. This will tend to ensure that the liquid mist/droplets
are vaporized and thereby reduce entrainment. As a guide to
the relationship between tube bundle diameter and kettle
shell diameter, the following can be helpful. Also, often the
tube bundle is not completely circular; that is, the upper
portions of circular tubes are omitted to leave a flat or hori-
zontal tube row at the top of the bundle, at which level the
liquid is often set.

Ratio of Shell Diameter
to Tube Bundle Diameter

Heat Flux, Boiling,
Btu/(ft%) (hr)

20,000 1.9t02.5

15,000 1.8 to 2.1

12,000 1.5t0 1.7

8,000 1.3t0 1.6

Less than 8,000 1.2to 1.5

Figure 10-104 is Palen and Small’s® guide to selecting the
kettle “larger” diameter for the design of horizontal kettle
units.

Horizontal Kettle Reboiler Disengaging Space®

Palen® suggests that the distance from the centerline of
the uppermost tube in a horizontal bundle to the top of the
shell should not be less than 40% of the kettle shell diame-
ter. To size the kettle shell:*

Allowable vapor load,

0.5
g . Ib/hrfi

VL) = 2,290p, =
(VL) 6.86(10) oy — py)

(10-160)

Vapor space, S = V/(VL), f¢*

V = actual reboiler vapors, rate, Ib/hr
o = surface tension, lb (force) /ft
Dome segment area = (SA) = S/L, ft?
L = average bundle length, ft

Kettel Horizontal Reboilers, Alternate Designs

Referring to the procedure of Palen and Small” and
Palen and Taborek,” this is an alternate check on the previ-
ously suggested procedure. This technique should generally
be restricted to single fluids or mixtures with narrow boiling
ranges (wide boiling range gives too optimistic results).
Mean temperature difference between the bulk boiling liq-
uid temperature and tube wall should be greater than 8°F;
the ratio of pitch to tube diameter should be 1.25 to 2.0;
tube bundle diameters should be greater than 1.0 ft and less
than 4 ft; and boiling must be less than 400 psia. Vacuum
operations may give optimistic results and are not to be used
on polar compounds.

Due to the development of the data, the method requires
the use of a single tube boiling film coefficient. Using this to
reach the overall bundle transfer: The overall U value is
determined for a theoretical boiling coefficient of an
unfouled tube (single) (this is an iterative procedure). See
reference 90 also.
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SRR
h, Ap Al hi LA

Vg

Uy = (10-161)

where
U, = single tube overall heat transfer coefficient
h; = nucleate boiling coefficient for single tube, outside
Btu/hr (ft) (°F)
h; = heating side film coefficient, Btu/ (hr) (ft?) (°F)

Note that h; must be assumed to solve this equation and
later verified. An iteration on h; will possibly result in a bal-
ance.

For a single tube:

U, ATy Gy 1959 144Pk, %31
h, = 0.225(1{ 1 LM I,} { L} {&

0.33
-1 10-16¢
A Py } ( 2)

(o2
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Figure 10-105. Nozzle connections for vertical thermosiphon reboilers.

where
AT, = log mean temperature difference between liquid and
hot fluid, °F
C, = surface condition constant
= 1.0 for commercial tubes
= 0.7 for highly polished tubes

For the entire bundle, the film boiling coefficient
(assumes all tubes boiling, no liquid head effect so that some
tubes are not boiling):

1 17024175 +1n o)
} (10-163)

hy, = h[0.714(p; — D,)]H2¥107F [N*

where
pr = tube pitch, ft
D, = tube O.D., ft

— AUU/ATI,NT
)\(P [ DO)

A, = surface area per ft of tube; ft?/ft
N,. = Number of tubes in vertical tier at centerline of
bundle

Dy

0
2pg cos —

2

Dy = bundle diameter, ft
O = tube layout angle, degrees
= 90° for rotated square
= 60° for triangular

Now, the hy, coefficient can be used with the overall U equa-
tion, including shellside fouling, to calculate a final overall
coefficient for boiling.

The maximum flux equation of Zuber'*® is suggested as
another check for kettle reboilers:

DI)L gU(pL - p\') 025
max 176|: :| V)\|:
a A, P [y

(10-164)

where
Jmax = tube bundle maximum flux, Btu/hr-ft*
D, = tube bundle diameter, ft
L = length of tube bundle, straight tube, or average for
U-bundle, ft
A, = net effective total bundle outside tube surface area,
i
g = gravitational constant, 4.17 X 10® ft/hr?

The usual range of q,,,,, for organic fluids is 15,000-25,000

Btu/hr (ft?). For aqueous solutions, the range is 30,000
40,000 Btu/hr (ft?)

Example 10-18. Kettle Type Evaporator—Steam in Tubes

Evaporate 25,000 Ib/hr of CCl, at 55 psia and saturation
temperature on shell side of a kettle-type U-tube evaporator.
Use steam as heating medium:

1. Determine heat load, Q.

B.P. of CCl, at 55 psia at 128°C = 262°F
Heat of vaporization: 1, of CCl, at 128°C = 71.5 Btu/hr
Heat duty: Q = 25,000 (71.5) = 1,790,000 Btu/hr

2. Determine steam conditions (saturated), and At.
Use At of approximately 60°F (refer to Table 10-26 for
guide).

Steam temperature = 262 + 60 = 322°F
Steam pressure = 92 psia

Latent heat (from steam tables)

I, steam = 893.4 Btu/hr

St i d_M_‘ZOOOIbh
eam required = —g 07— = 2, /hr

3. Estimate unit size.
Use maximum heat flux Q/A = 12,000 Btu/hr/ft%
Note that Table 10-26 indicates this value is quite safe.
You could use a higher allowable flux. Many designs are
operating based upon this conservative value.

A= QU(Q/A)

1,790,000

= 149 £
12,000 ¢
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Select a unit as follows:

8/,-nch O.D. X 14 BWG X 32 ft, 0 in. steel U tubes, assume
effective length is 31 ft, 0 in. for preliminary calculation:
149

31 X .196 ft*/ft

Number of tubes =

From standard tubesheet layout or Table 10-9, select a
10-in. I.D. shell with 30 tubes, 2 passes, for first trial.

4. Determine condensing coefficient tube loading, Figure
10-67A.

2,000

Gl =05 x 31 x 23

= 5.6 Ib/lin ft (equivalent)

Condensate properties at estimated t, of 300°F
Sp. G. =0.916
k, = 0.455
= 0.19 centipoise

Because of the low tube loading and physical properties
of condensate, the value of the film coefficient is
beyond the range of the chart. Therefore, the use of a
h;, of 1,500 is conservative.

5. Determine the boiling coefficient.
Add a “dirt” factor of 0.001 to h,,:

11 1
— =+ .001 = —— + .001 = 0.00167
hy, 1,500

io

h,, = 1/.00167 = 600

Calculate tube wall temperature, t,. In this example:

tyeam = 322°F t. = 262°F
First try:
Assume h, = 300
=262 + ﬂ(%?? — 262)
b 600 + 300
= 262 + 0.667(60) = 262 + 40
= 302°F

At, = 302 — 262 = 40°F
h, for At, of 40°F is greater than 300, Figure 10-103.
Use 300 maximum (Kern’s recommendation).

6. Determine the required unit size.
Add a .001 dirt factor to h,.

11 1 L,
—=——+—+100 +
U 600 300 k

=.00167 + .00333 + .001 + .0018 = .00618

— — C 2\( o
U 00618 162 Btu/hr (ft°)(°F)

1,790,000

ST = 184 £
69 (162)

Area required =

From Figure 10-27B, the equivalent tube length = 31.2 ft
Area available = 30 (31.2) (0.196) = 188 ft®

The originally assumed unit is satisfactory.

It is to be noted that only the steam-condensing coeffi-
cient will change (lower tube loading, increasing h,,).
Because an arbitrary maximum value was used for coeffi-
cients, the overall U will not change nor will the At. There-
fore, only the available area of the new sized unit needs to be
checked against the previously calculated required area. For
a 12-in. shell with 32 tubes available:

Area available = 32 X 31 X .196 = 194 ft?
A 12-in. shell will be satisfactory:

194 — 184 10 . .
SF. = EEETYERETYi 5.44% with .002 dirt factor

Area “safety factor” (which may be interpreted as more
allowance for fouling):

188 — 149
= ""2(100) = 26
a9 (100) = 26%

For a small unit such as this, 26% over surface is not too
uneconomical. A smaller unit might be selected; however, if
the tubes are shortened and the shell diameter is enlarged,
the unit will be more expensive. Note that 24-ft (total
length) tubes will give 146 ft* of surface. The only safety fac-
tor is in the knowledge that the flux selected, Q/A, appears
to be quite low. If it were doubled (and this could be done),
the smaller unit would be a reasonable selection.

Boiling: Nucleate Natural Circulation (Thermosiphon)
Inside Vertical Tubes or Outside Horizontal Tubes

Natural circulation reboilers are effective and convenient
units for process systems operating under pressure. They are
usable in vacuum applications but must be applied with
care, because the effect of pressure head (liquid leg) on the
boiling point of the fluid must be considered. The tempera-
ture difference between the heating medium and boiling
point of the fluid may be so small as to be impractical,
regardless of the tube length in a vertical unit.

The recommended tube length is 8 ft in vertical units,
with 12 ft being a maximum. Of course, some designs oper-
ate with 4- and 6-ft tubes; however, these are usually in
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vacuum service and physically are very large in diameter
when compared to an 8-t tube unit (see Figures 10-96D
and 10-105).

The method presented here requires that the majority of
the heat load be latent, with a reasonably small percentage,
say 10-20%, being sensible load.

Gilmour®-** has presented a boiling film relation, which is
the result of the correlation of data covering a good range of
organic materials and water from subatmospheric to above
atmospheric pressure. This range has been the problem in
most other attempts at correlation. The correlation is
reported to have been successfully used on hundreds of
vaporizers and reboilers by the author. Palen and Small®
have examined data using Gilmour’s equations. It has the
advantage of avoiding trial-and-error approaches.

Gilmour Method?*>® Modified

This process is applicable to vertical tube side vaporiza-
tion only and to vertical and horizontal shell-side vaporiza-
tion.

1. Calculate the heat duty.

2. Estimate a unit based upon suggested values of U from
Tables 10-15 and 10-18A and the known LMTD. Check
to be certain that At, does not exceed critical value
between shell side and tube wall or the tube side tem-
peratures (however expressed).

3. Calculate film coefficient, h,, by

e )

G

h, = boiling side coefficient, Btu/hr (ft?) (°F)

¢ = type metal factor

¢ = 0.001 for copper and steel tubes

& = 0.00059 for stainless steel and chromium-nickel

¢ = 0.0004 for polished surfaces

o = surface condition factor

a = 1.0 for perfectly clean conditions, no pitting or corro-
sion

a = 1.7 for average tube conditions

o = 2.5 for worst tube conditions

(10-165)

Note: This is not fouling correction. Read Figure 10-
106.
a. For shellside vaporization:

(DYL) (&) (10-166)

Gy, =

Note that Gilmour® suggests that the correction for the
number of vertical tube rows given in reference 53 be

omitted due to the generous fouling factor
recommended.

where
G, = mass velocity of liquid, Ib/hr (ft*). For outside hori-

zontal tubes, use projected area (diameter X length)
of the tube, not the outside surface area. This
assumes that only half of the tube is effective for
bubble release. This does not apply to actual heat
transfer area.
V = vapor rate, Ib/hr
T, = saturation temperature of liquid, °R
p. = density of liquid, 1b/ft®
T, = temperature of heating surface, °R
p, = density of vapor, 1b/ft*
o = surface tension of liquid, Ib/ft
¢ = specific heat of liquid, Btu/Ib (°F)
W = viscosity of liquid, Ib/ (hr) (ft)
P = pressure at which fluid is boiling, 1b/ft? abs
D’ = tube diameter, ft (side where boiling takes place)
D, =shell LD, ft
= boiling side film coefficient, Btu/hr (ft?) (°F)
= length of shell, or length of one tube pass, ft
A = surface area of tube, ft®
For outside horizontal tube, use outside tube surface
area. For vertical tubes with inside boiling, use inside
surface area of tube, A,.

¢ = proportionality constant for type of tube material
At, = boiling temperature difference between boiling fluid
and wall surface, on boiling side, °F
x = weight percent vapor in fluid stream, for nucleate
boiling only

b. For tube-side vaporization:

PL

\Y% g
Gy, = A ( o ), mass velocity of liquid, Ib/hr (ft?)

4. For boiling in shell side of horizontal unit, a check
point is
6.665 V/p,D,'L, must not exceed 1.0 (10-166A)
This is concerned with the maximum vapor rate from a
horizontal shell.
5. Check this second factor for condensate flooding in

horizontal units with a condensable heating medium,
such as steam, in the tubes:

w

T = 9.43D;°H
(3,600)pn’ e

ft* condensate/(sec)(tube) =
(10-166B)

n’ = number of tubes per pass
W = condensate rate, Ib/hr
p = density, Ib/ft*

D, = tube diameter, outside, ft

H. = height of segment of circle divided by diameter
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Figure 10-106. Gilmour correlation for nucleate boiling data. (Used by permission: Gilmour, C. H. Chemical Engineering Progress, V. 54, No. 10,

©1958. American Institute of Chemical Engineers. All rights reserved.)

Solve for H, and then calculate the length of subtended
arc. From the total circumference of the tube, the
fraction of surface flooded can be calculated. If this
fraction exceeds 0.3, recalculate the unit.

6. Calculate the film coefficient for fluid on side of tube
opposite from the one associated with the boiling or
vaporizing operation.

7. Use fouling factors for tube and shell side if known;
otherwise use 0.002 for tubes 8-12 ft long and 0.001-
0.002 for shorter tubes.

8. Calculate overall U.

9. Calculate At between boiling fluid and wall surface on
boiling side.

10. Calculate surface area:

__Q
UAt,

11. Compare the calculated and assumed areas. If
acceptable, the design is complete from a thermal
standpoint. If not, reassume the area of step 2 and
repeat until a balance is achieved.

12. Pressure drop
Boiling on shell side: usually negligible unless tubes are
very small and close together. For preferred 45° rotated
square pitch with 1.25 d,,, Ap, will be low.

Boiling in tubes: usually low, 3-9 in. fluid. Evaluate using
two-phase flow.

13. Inlet and outlet nozzles for boiling-side fluid:
a. Vertical thermosiphon units*
Vapor out, D, = d, VN, in. (10-160)
d;, = L.D. of tube, in.

N, = number of tubes (preferable of 1-2 in. size)
Liquid mixture in, D, = '/, (vapor outlet nozzle) size

Note that the liquid inlet must be inline at bottom,
and the vapor out must be inline at top (Figure 10-
105). For a side outlet vapor nozzle, increase the
heat transfer area by 30%.5% %

b. Horizontal or vertical shell-side boiling, size for low
velocities and pressure drops.

Gilmour’s basic correlation has been presented in graphical
form by Chen,? in Figures 10-107A, 10-107B, 10-108, and 10-
109. These charts are based on a metal wall factor, ¢, of
0.001, and if other values are considered, multiply the cal-
culated h value by the ratio of the new factor to 0.001. The
use of the charts follows:

1. For a given fluid condition and assumed size of
reboiler, evaluate physical property factor ¢, from
Figure 10-107A and physical property factor ¢, from
Figure 10-107B.

2. Read boiling coefficient, h, from Figure 10-108 using ¢,
= (d1) (bo).
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Figure 10-107A. First physical property factor for boiling coefficient. (Used by permission: Chen, Ning Hsing. Chemical Engineering, V. 66, No.
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McGraw-Hill, Inc. All rights reserved.)

3. Apply the tube size multiplier from table associated
with Figure 10-108 and also the multiplier for pressure
correction from Figure 10-109. Note that for high pres-
sure systems a pressure can become quite large, and

some designers limit it to an arbitrary value of about
3,000.

[<iv

Suggested Procedure for Vaporization with Sensible
Heat Transfer

1. Follow the general procedure for vaporization only.

2. Determine the sensible heat load separate from vapor-
ization. /

3. For organic liquids, evaluate the natural convection 10 Fig.8
film coefficient from Figure 10-103. Equation 10-29 ! 10 102
may be used for the inside horizontal tube by multiply- Pressure, P, psia.

mg the rlght side of the equation by 2.25 (1 + 0.010 Figure 10-109. Pressure correction factor. (Used by permission:

Gr,'%) /1og Re. Chen, Ning Hsing. Chemical Engineering, V. 66, No. 5, ©1959.
4. Calculate the required area for sensible heat transfer. McGraw-Hill, Inc. All rights reserved.)

Pressure correction factor for boiling coefticient, F
AN
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5. Add area requirements of sensible heat to the area
required for vaporization to obtain the total area.

6. Follow steps 7 (Gilmour method), etc., of the proce-
dure for vaporization only. If baffles are added for sensi-
ble heat (not assumed in free convection), then
pressure drop will be affected accordingly. Gr, is the
Grashof number using properties at average fluid tem-
perature, = DpgB’At/p2

Procedure for Horizontal Natural Circulation
Thermosiphon Reboiler

These units normally do not have a disengaging space but
allow the vapor-liquid mixture to enter the distillation unit
or other similar item of equipment. Feed is from the bottom
with a split flow on the shell side by means of a shell-side baf-
fle in the center being open at each end.

This unit is usually used as the reboiler for the distillation
column and, in this service, operates by the thermosiphon
action of the difference in static head in the column and in
the vaporliquid phase leaving the reboiler. When tied into
the bottom chamber, the liquid is usually recirculated many
times, vaporizing only 10-25% of the reboiler feed per pass;
however, when used as a draw-off from the bottom tray seal
pan, the feed to the reboiler is not recirculated flow. The
basic operation is the same, however.

Kern Method™

1. Follow the procedure for steps 1, 2, 3, 4, and 5 of the ear-
lier section, “Nucleate or Alternate Designs Procedure.”

2. If sensible heat exchange exists, follow steps 2-6 of the
“Suggested Procedure for Vaporization with Sensible
Heat Transfer,” previously in this chapter.

3. Pressure drops must be kept low through the piping to
the reboiler and through the reboiler to avoid
expensive elevation of the distillation equipment. Kern
suggests 0.25 psi as preferable to 0.50 psi; however, the
final economic balance of the system will determine the
allowable pressure drop, because for the same system,
either the piping or the exchanger must become larger
if the pressure drop is to be reduced.

The length of the tubes should not be selected more than
4.5-5.5 times the shell diameter. This performance may be
increased by placing two inlets in the bottom and two vapor
outlets in the top, and at the same time adding shell-side
longitudinal baffling to split the flow into four paths upon
entrance. The paths recombine before leaving.

The recirculation ratio for a unit is the b rate of liquid
leaving the outlet compared to the Ib rate of vapor leaving.
The liquid recirculation flow rate entering the unit is set by
the differential pressure driving the system.

Vaporization Inside Vertical Tubes;
Natural Thermosiphon Action

The vertical thermosiphon reboiler is a popular unit for
heating distillation column bottoms. However, it is indeed
surprising how so many units have been installed with so lit-
tle data available. This indicates that a lot of guessing, usu-
ally on the very conservative side, has created many
uneconomical units. No well-defined understanding of the
performance of these units exists. Kern’s”’ recommended
procedure has been found to be quite conservative on plant
scale units; yet it has undoubtedly been the basis for more
designs than any other single approach. For some systems at
and below atmospheric pressure operation, Kern’s proce-
dure gives inconsistent results. The problem is in the evalu-
ation of the two-phase gas-liquid pressure drop under these
conditions.

For units that are vertical one-pass in tubes with liquid in
the bottom entrance and a top exit of the liquid-vapor mix-
ture, the separation is accomplished in the equipment to
which itis attached, usually a distillation column (Figure 10-
96D).

For services in which fouling is high or in which down-
time cannot be tolerated, two reboilers may be installed on
the same distillation column. These reboilers may each be
half sized so that downtime will be limited to a half-capacity
operation; each may be two-thirds sized; or each may be a
full 100% spare. The latter is, of course, the most expensive
from an equipment investment standpoint but may pay for
itself in uptime.

The tubes are usually 1 '/, -in. O.D. but never smaller
than l-in. O.D. because the flow contains vapor as well as lig-
uid. The recirculation ratio; i.e., liquid-to-vapor ratio in the
outlet, is seldom less than 5 and more often is 10-15, some-
times reaching 50.

Fair’s Method*

This method for vertical thermosiphon reboilers is based
on semi-empirical correlations of experimental data and is
stated to predict heat transfer coefficients £30 percent,
which is about the same range of accuracy for most boiling
coefficient data. The advantage of this method is that it has
had significant design experience in the industry to support
it. It is also adaptable to oth