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Preface

 TOTHE

SECOND EDITION

In the early 1960s Davidson's explanation of the movement of gas around a
rising gas bubble became the seminal concept that guided research and
advanced understanding of dense bubbling fluidized beds. More than anything
else our appreciation of the potentialities of this remarkable analysis was what
led us to write Fluidization Engineering.

In that book we developed a physical-based model to represent the
behavior of fine particle systems based on the Davidson bubble and Rowe’s
finding on bubble wakes. We showed how this model could make sense of a
variety of phenomena in dense bubbling fluidized beds. It was the first of a new
class of models, the hydrodynamic model, and since its introduction many
extensions and variations have been proposed.

Since writing that book, much that is new and exciting has occurred in the
field of fluidization—new insights, new understandings, and new predictive
methods. First we have the Geldart classification of solids, which divides the
behavior of dense beds into four distinct classes. We see the systematic studies
of the freeboard region above the dense bed, and of high-velocity fluidization
with its significant carryover of particles, which requires the replenishment of
bed solids. This regime of operations leads to what is called the circulating
fluidized bed and fast fluidization.

In another direction, the interest in fluidized coal combustion and other
large particle systems has spawned many studies of this regime of gas-solid
contacting. As a result of these developments, today the term fluidization takes
on a broader meaning; consequently new predictive methods are being de-
veloped to cover this wider range of gas-solid contacting. This has led us to
conclude that it is time for a new edition of our book.

In this second edition we expand our original scope to encompass these
new areas, and we also introduce reactor models specifically for these contacting
regimes. With all these changes, this is largely a new book. Again we generously
sprinkle this book with illustrative examples, over 60, plus problems to challenge
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PREFACE

the student. We hope that these exercises will help cement the ideas developed
in the text.

This book does not cover all that is happening in fluidization. Our aim is to
distill from these thousands of studies those developments that are pertinent to
the engineer concerned with predictive methods, for the designer, and for the
user and potential user of fluidized beds. In this sense, ours is an engineering
book. We hope that the researcher and practitioner will find it useful.

Grateful thanks to Misses Yoshimi Kawamata and Peggy Offutt for their
marathon typing efforts, to Bekki Levien who prepared the illustrations for this
volume, to our colleagues at YNU and OSU for their implicit support, and to our
wives, Yoneko and Mary Jo, for their quiet encouragement of this project.

Daizo Kunii
Fall 1990 Octave Levenspiel



FIRSTEDITION

Fluidization has had a rather turbulent history. It hit the industrial scene in a big
way in 1942 with catalytic cracking, and has since moved into many other areas.
Its proud successes and its spectacular flops spurred research efforts so that
there are now thousands of reported studies on the subject. Unfortunately there
is still much confusion and contradiction in the reported literature, countless
recommended correlations, but little in the way of unifying theory. Most of the
research is done in small-scale equipment, even though the designer is well
aware that small and large beds behave so differently that extrapolation up to the
commercial scale can be quite unreliable. This is particularly true with reactor
applications. Consequently, industrial design places much emphasis on previous
practice or on careful scale-up coupled with a liberal sprinkling of safety factors.
Thus the practice of the art dominates, design from first principles is rarely
attempted, and the numerous research findings do not seem to be very pertinent
in this effort. Taken together this represents a rather unsatisfactory state of
affairs.

In 1963 the two of us started corresponding about fluidization. We both
felt that practical design should more closely rely on basic investigations, and we
soon agreed that to bridge this gap what was first needed was a reasonable
representation of gas-solid contacting in the bed. Wé tried a number of
approaches, in all cases testing these with the reported findings in the literature,
and finally settled with a rather simple description that we call the bubbling bed
model. This model is able to explain a variety of observed kinetic and flow
phenomena, its equations are suitable for scale-up and design purposes, and its
predictions have since been tested in commercial applications by Kunii. We
decided to write this book in early 1964, and this model plays a large part in the
book.

As authors, one of our prime responsibilities has been to decide what to
include, but more important still, what to leave out. Our book is not intended to
be encyclopedic, and certain topics receiving much attention in the literature are

xix



PREFACE

barely touched on or are completely ignored. The overriding consideration
governing our choice of material is its relevancy to possible use. This strong
emphasis on utility is the reason we use the word Engineering in the title.

In our presentation we have used theory whenever possible to try to bring
order to the chaos of isolated fact and correlation, to help organize the
information, and to facilitate understanding. As examples of this program we
have a unified representation for bed-wall heat transfer to bring together the
seemingly contradictory theories proposed to date, a model accounting for all
aspects of elutriation and carryover, and numerous kinetic models to describe
the rates of physical and chemical changes, growth and shrinkage of solids, and
deactivation and regeneration of catalysts.

To clarify the text we have given 68 illustrative examples. Problems are
also included. They extend the ideas in the text, they may be used as an aid to
teaching, and of course they may serve as 152 distinct torture devices for
students.

This book has not been written with any particular audience in mind.
Different readers may find different parts of it of interest. First, we expect that
the engineer engaged in design and development of processes requiring gas-
solid contact should find the latter part of the book particularly useful. Next, the
researcher should be interested in probing the conceptual developments that are
presented. These may suggest pertinent questions for further study. In particu-
lar, extensions, modifications, and refinements of the bubbling bed model should
be well worth exploring. This book could also be used as a text for courses in
gas-solid contacting in chemical, metallurgical, and mining engineering pro-
grams. Unfortunately, we expect this type of course to become established in
American chemical engineering curricula only when its educators become as
concerned with the complex and difficult-to-treat multiphase problems as they
are now concerned with the classical problems of fluid mechanics.

We would like to express our appreciation to the following people who in
various ways helped us in our project:

Drs. Kunio Yoshida, Stephen Szepe, Norman Weinstein, and Thomas
Fitzgerald for their critical readings of various parts of the manuscript and for
their helpful comments.

The many graduate students at the University of Tokyo and at Illinois
Institute of Technology who unknowingly influenced the writing of the book by
their questions, discussions, or blank stares.

Miss Kazuko Tanabe of Tokyo, Mrs. Violet Reus, and Miss Diana Aletto of
Chicago, whose nimble typing fingers shuttled up to as many as eight drafts of
certain chapters back and forth across the Pacific.

And finally, our wives, Yoneko and Mary Jo, who so good-naturedly
accepted and cooperated with this project, helped with the typing and in so
many other ways, even though they knew that there were more important things
to be done.

Daizo Kunii
October 1968 Octave Levenspiel



Symbols and constants that are defined and used locally are not included here. SI units are given to
illustrate the dimensions of the various symbols. The equations indicated refer to the location where
the symbol is first used or first defined.

ay

b,B

Cd,or

surface areas of solid per
volume of bed and per
volume of solid, respectively,
m~ 1, Eq. (3.4)

decay constants of clusters in
the freeboard, m 1. Egs.
(7.17) and (12.60)
bubble-emulsion interfacial
area per bed volume, m~ 1
Eq. (10.18)

activity of catalyst,
dimensionless; Eq. (15.9)
gaseous reactant
Archimedes number,
dimensionless; Eq. (3.20)
cross-sectional area of bed, m?2
area of vessel wall or of heat
exchange surface, m2
stoichiometric coefficient; Eq.
(18.1)

constants, appear in various
places in text

solid reactant

orifice coefficient,
dimensionless; Eq. (4.12)

Cp

C,,C

pg Cpl Cps

Cab Cacs Cae

Cais Caos Caex

concentration of vapor in the
gas that is in equilibrium with
the surface of the particle,
mol/m3; Eq. (16.51)

specific heat of gas, liquid, and
solid, respectively, J/kg-K
concentration of tracer solids
in the bed, kg/m3; Eq. (9.4)
time average concentration of
A that a particle encounters,
mol/m3; Eq. (18.43)
concentration of vapor A in
gas that is in equilibrium with
bed solids, mol/m?3; Eq.
(16.28)

concentration of A in the gas
bubble, in the cloud-wake
region, and in the emulsion
phase, respectively, mol/ m3
concentration of A in the
entering gas stream, at the top
of the dense bed, and at the
exit of the vessel, respectively,
mol/m3

drag coefficient, dimensionless;
Eq. (3.28)
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NOTATION

Dy, Dy,

Dy, Dsh

specific heat, J/kg- K
dimensionless measure of
particle diameter; Eq. (3.31)

effective bubble diameter, m;
Eq. (5.2)

maximum bubble diameter, m;
Eq. (6.4)

bubble diameter just above the
distributor, m; Eq. (5.14)
effective diameter of particles
in a bed, m; Eq. (3.3)
diameter of hole of a
multihole tuyere, m; Chap. 4

outer diameter of tubes
inserted into beds, m;:
Example 6.4

orifice diameter, m

particle diameter based on
screen analysis, m; Eq. (3.5)
equivalent spherical diameter
of a particle, m; Eq. (3.1)
bed or tube diameter, m

effective diameter of a bed

that contains internals, m; Eq.
(6.13)

vertical and horizontal
dispersion coefficients of gas,
respectively, m2/s; Egs. (10.1)
and (10.3)

vertical and horizontal
dispersion coefficients of
solids, respectively, m?2/ s; Eqgs.
(9.1) and (9.13)

molecular diffusion coefficient
of gas, m2/s

effective diffusion coefficient
of gas in the emulsion, m2/s;
Eq. (10.29)

diffusion coefficient of
moisture, m?/s; Eq. (16.46)
effective diffusivity of gas
through the product blanket,
m?%/s; Eq. (18.10)

emissivity of solids and of wall,
respectively, dimensionless;
Eq. (13.13)

exit age distribution function,
s~1; Fig. 10.7

o for S

for 15 £

G

si

Gsl > Gs2’ GS3

volume fractions of cloud,
emulsion, and wake region,
respectively, per bubble
volume, dimensionless; Eqgs.
(5.7), (6.32), and (5.11)

friction factors for gas flow,
between dispersed solids and
gas, and for gas-solid mixtures,
respectively, dimensionless;
Egs. (15.37), (15.36), and
(15.35)

flow rate of solids, kg/s; Eq.
(15.15)

feed rate of solids, overflow
rate of solids, and carryover
rate of solids by entrainment,
respectively, kg/s; Eq. (14.1)
output tracer concentration
versus time for a unit step
input of tracer, dimensionless;

Fig. 10.7
=9.8 m/sz, acceleration of

gravity

1 kg-m Ib- ft
= —2— =322
N-s2 Ibf-s2
9.8 kg-m .
= kg-wt'52 , conversion

factor

mass flux of gas, kg/m2~s; Eq.
(15.23)

mass flux of solids, kg/m2's;
Eq. (7.1)

saturated mass flux of solids,
kg/m2-s; Eq. (7.28)
downflow and upflow flux of
solids, respectively, kg/ m2-s;
Eq. (7.1)

mass flux of solids from a bed
of pure i, kg/m2-s; Eq. (7.3)
mass flux of dispersed solids,
of upward-moving clusters and
of downward-moving clusters
in the freeboard, respectively,
kg/m2~s; Eq. (7.20)

height, m

heat transfer coefficient
between wall and bed, W/
m?-K; Eq. (13.1)



h*

Hiotal

AH,

I(R, R;)

k, k'

k

kbc’ kce’ kbe

ke

NOTATION

heat transfer coefficient at a
single sphere falling through a
gas, W/m?2-K; Eq. (11.25)

heat transfer coefficient
between bubble and cloud, W/
m?-K; Eq. (11.33)

apparent heat transfer
coefficient between gas and
bed based upon total surface
area of particles, W/ m?2-K;
after Eq. (11.27)

gas convection heat transfer
coefficient, W/m?-K; Eq.
(13.16)

real heat transfer coefficient
between gas and single
particles, W/ m2-K; Eq.
(11.28)

radiant heat transfer
coefficient, W/m?-K; Eq.
(13.13)

heat transfer coefficient in the
wall region of a ﬁxed bed with
stagnant gas, W/ m?-K; Eq.
(13.5)

enthalpy, J/kg; Eq. (15.17)
height of lower dense bed and
of freeboard, respectively, m;
Eq. (8.10)

= Hy + Hy, height of column,
m

total volumetric heat transfer

coefficient between gas and
bed, W/m? ‘K; Eq. (11.34)

heat of reaction, J/kg; Eq.
(15.17)

integral defined in Eq. (14.32)
solids flux based on open area

of holes, kg/m 's; Eq. (9.18)
rate coefficients of growth or
shrinkage of particles, m/s;
Egs. (14.21) and (14.23)
overall rate coefficient, m/s;
Eq. (18.11)

mass transfer coefficients, m/s;

Eqgs. (10.26), (10.28), and
(10.17)

rate constant for a first-order

kq
k§

k4 bed

ko

ew

K, K,

xxiii

surface reaction, m/s; Eq.

(18.6)
mass transfer coefficient, m/s
mass transfer coefficient at a

single sphere falling through a
gas, m/s; Eq. (11.1)

apparent mass transfer
coefficient between gas and
bed, based on the surface area
of all the bed particles, m/s;
Eq. (11.6)

mass transfer coefficient
between gas and a single
particle, m/s; Eq. (11.3)

rate constant for a first-order
gas-solid reaction, m3/mols;
Eq. (18.5)

effective thermal conductivity
of a fixed bed with a stagnant
gas, W/ m? ‘K; (Eq. (13.2)
effective thermal conductivity
of a thin layer of bed near the
wall surface, W/m?-K; Eq.
(13.4)

thermal conductivity of gas,
W/ m? ‘K; Eq. (11.25)

thermal conductivity of solid,
W/ m? ‘K; Eq. (13.2)
rate constant for the
deactivation of catalyst, s

Egs. (15.10) (17.8)

rate constant for the
regeneration of catalyst, S
Eq. (17.9)

coefficient of gas interchange
between bubble and cloud-
wake region, s Eq. (10.13)
overall coefficient of gas
interchange between bubble
and emulsion phase, s -1 ; Eq.
(10.13)

coefficient of gas interchange
between cloud-wake region
and emulsion phase, s 1, Eq.
(10.13)

interchange coefficient for
mass transfer between bubble
and emulsion, s~ 1, Eq. (11.8)

>
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NOTATION

K. Ky, K3

overall rate constant for a first-
order chemical reaction in a
fluidized bed, s 1, Eq.
(12.13)

rate constant for a first-order
catalytic reaction, s™L Eq.
(12.1)

rate constants for the
interchange of solids in
freeboard, s~ 1; Egs. (7.23-
25)

length of heat exchange tube,
m

tube pitch or center-to-center
distance between adjacent
tubes in a tube bundle, m;
after Eq. (6.13)
center-to-center distance
between neighboring orifices
or tuyeres, m; Eq. (5.16)
length of solid transporting
tube, m; Eq. (15.25)

jet penetration length, m;
before Eq. (4.2)

height of fixed bed, bed at
minimum fluidization, and
bubbling fluidized bed,
respectively, m; Eq. (6.19)
latent heat of vaporization,
J/kg; Eq. (16.44)

equilibrium adsorption
constant, dimensionless; Eq.
(10.6)

solids mixing index,
dimensionless; Eq. (9.16)
molecular weight, kg/mol
bubble frequency of an orifice,
s_l; Eq. (5.12)

seed rate of solids based on
unit volume of entering solids,
m~3; Eq. (14.48)

bubble frequency at an orifice
plate distributor, s1

bubble frequency in the
vicinity of the wall, s 1
number of stages in a
multistage processing unit

Na. Np

Nu

or

Apy,

Apg, Apy

Apg, Apg

p.P

Pe

Po-P1-P2: Pp

Pr

q

Qcr 01 Qoo

Om

number of moles of A and B,
respectively

number of exchanger tubes

= hpdp/kg, Nusselt number
for gas-particle heat transfer,
dimensionless; Fig. 10.6
number of orifices per unit
area of distributor, m_z; Eq.
(4.13)

pressure, Pa

pressure drop across the bed,
Pa; Eq. (3.16)

pressure drop across a
distributor and across a valve,
respectively, Pa; Egs. (4.3)
and (15.4)

frictional pressure drop, Pa;
Egs. (3.6) and (15.35)

size distribution functions; Eq.
(3.9)

size distribution of entrained
particles, m~ 1, Eq. (7.5)
size distribution of feed solids
overflow solids, carryover

solids, and solids in the bed,
respectively, m~ Chap. 14

>

= Cpgu/kg, Prandt] number,
dimensionless

heat transfer rate, W; Eq.
(13.1)

rate of heat loss from
equipment to surroundings,
W; Eq. (16.24)

moisture fraction of particles,
kg of gas or liquid adsorbed/
kg of dry solids; Eq. (16.29)
critical moisture fraction, free
moisture fraction, and
moisture fraction at infinite
time in particles, respectively;
Chap. 16

moisture fraction at position r
in a particle, Eq. (16.46)
distance from the center of a
particle or a bubble, m
radius of unreacted core of
reactant solid, m; Eq. (18.7)



R, R

4 1

Ry, R,

Ry

m»

Rmax

=1}

Re

Ty, Ty, T
T, T

§ Tw

g:

NOTATION

product or intermediate
formed by reaction

radius of particle and initial
radius of a particle of
changing size, respectively, m;
Chap. 18

radius of bubble and radius of
cloud surrounding a bubble,
respectively, m; Eq. (5.6)
smallest and largest particle
size in the feed of a size
distribution of solids,
respectively; above Eq. (14.17)

maximum of the size
distribution of solids, m; Eq.
(14.45)

surface mean particle radius,
m; Eq. (14.41)

= dpuopg//.L, particle
Reynolds number,
dimensionless

= 8.314 ]/mol-K, ideal gas
constant

rate of linear particle growth
or shrinkage, m/s; Eq. (14.21)
a final product in a complex

reaction

surface area of a bubble, m2;

Eq. (10.17)

= /.L/pg@, Schmidt number,
dimensionless

= kd,pdpy/@, Sherwood
number, dimensionless
selectivity, moles of desired
product R formed per mole of
reactant reacted,
dimensionless, Chap. 12

time, s

mean residence time of gas or
solid in a vessel, s

a final product in a complex
reaction

temperature, K or °C

temperature of particle, bed,
gas, solid, and wall,
respectively, K or °C

up

Upr

u

Uch>Ucs

u

Ue up

ug

Uk

XX

transport disengaging height,
m; beginning Chap. 7
velocity and mean velocity of
gas, respectively, m/s
dimensionless measure of
particle velocity; Eq. (3.32)
velocity of a bubble rising
through a bed, m/s; Eq. (6.8)
rise velocity of a bubble with
respect to the emulsion phase,
m/s; Eq. (5.1)

gas velocity at which pressure
fluctuations in a bubbling bed
are maximum, m/s; after
Example 3.3

choking velocity and saltation
velocity, respectively, m/s;
Chap. 15

upward superficial velocity of
gas through the emulsion
phase, m/s; Eq. (6.1)
upward velocity of emulsion
solids, m/s; Eq. (6.10)

= U/ Emp, upward velocity
of gas at minimum fluidizing
conditions, m/s; before Eq.
(5.5)

superficial gas velocity on
entry into the turbulent

regime, m/s; after Example
3.3

minimum bubbling velocity,
m/s; Eq. (3.27)

superficial gas velocity at
minimum fluidizing conditions,
m/s; Eq. (3.18)

superficial gas velocity
(measured on an empty vessel
basis) through a bed of solids,
m/s

velocity of gas through an
orifice, m/s; Eq. (4.12)

slip velocity between gas and
solid, m/s; Eq. (8.3)

mean downward velocity of
solids, m/s
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NOTATION

Uy

uyp,ug,uy

Ws actual

Ws ideal

Ws ideal

zZ, Zf

Greek Symbols

a

terminal velocity of a falling
particle, m/s; Eq. (3.28)
mean velocity of dispersed
solids, of upward-moving
cluster, and of downward-
moving cluster, respectively,
m/s; Eqgs. (7.23)-(7.25)
volumetric flow rate of gas,
m%/s

volumetric flow rate of gas
through an orifice, m3/s; Eq.
(4.1)

volume of a gas bubble, m3;
Eq. (4.1)

volume of solids in a fluidized
reactor, m°; Eq. (12.1)
volume of wake following a
rising gas bubble, m3; Eq.
(5.11)

pumping power, W; Eq. (4.20)
ideal work of compression, J/

kg Eq. (4.17)

ideal pumping power, W; Eq.
(4.18)

mass of solids, kg

weight fraction of solids of size
i, dimensionless; Eq. (7.3)

conversion of reactant A and
of reactant B, respectively,
dimensionless; Eqs. (12.2) and
(18.7)

= t/7, time ratio,
dimensionless; Eq. (14.40)
distance above the distributor
and distance above the mean
surface of the fluidized bed,
respectively, m; Eq. (7.23)
symmetrical point in the
freeboard, m; Fig. 8.6;
injection level, m; Eq. (10.2)

measure of kinetic energy of
an orifice jet, dimensionless;

Eq. (4.15)

o> Yoo Ye

=]

€es &f, Em, Ef

£¢d

se

ratio of effective diameter of
the wake to diameter of the
bubble, dimensionless; Eq.
(9.14)

constant representing the
mixing of gas in the vicinity of
wall, dimensionless; Eq. (13.6)
weight ratio of product solids
referred to the feed solids,
dimensionless; Eq. (14.20)

= Cpg /Cvg, ratio of specific
heats of gas, dimensionless;
Eq. (4.18)

volume of solids dispersed in
bubbles, in the cloud-wake
regions, and in the emulsion
phase, respectively, divided by
the volume of the bubbles,
dimensionless; Eq. (6.33)

bubble fraction in a fluidized
bed, dimensionless; Eq. (6.20)

void fraction, dimensionless;
Eq. (3.6)

void fraction in the emulsion
phase of a fluidized bed, in a
fluidized bed as a whole, in a
fixed bed, and in a bed at
minimum fluidizing conditions,
respectively

=1 — &, volume fraction of
solids, dimensionless; Eq. (8.1)
saturated carrying capacity of a
gas, or maximum volume
fraction of solids that can be
pneumatically conveyed by a
gas; Eq. (8.6)

volume fraction of solids in
the lower dense region of a
fast fluidized bed,
dimensionless; Chap. 8
volume fraction of solids at the
column exit, dimensionless;
Chap. 8

mean void fraction in the
vicinity of wall, dimensionless;
Eq. (13.4)

various measures of efficiency,
dimensionless



Mhed

Nd

of > or

PB

pgr Pmfs Pss ﬁ

NOTATION

conversion efficiency of a

fluidized bed; Eq. (12.21)
adsorption efficiency factor;
Eq. (11.23)

efficiency of heat utilization of
gas; Eq. (16.14)

efficiency of solute removal
from gas; Eq. (16.41)

heat transfer efficiency factor;
Eq. (11.34)

efficiency of heat utilization of
solids; Eq. (16.15)

adsorption efficiency of solids;
Eq. (16.42)

cyclone or separator efficiency
for particles of size R,
dimensionless; above Eq.
(14.19)

angle, degrees

angle of internal friction of a
mound of solids and angle of
repose, respectively, degrees;
Eq. (15.21); Fig. 15.7
elutriation rate constant, s 1
Eq. (7.7)

elutriation rate constant, kg/
m2-s; Eq. (7.6)

viscosity of gas, kg/m-s

molar density of solids, mol/
m

gas density, bulk density of a

b
b

XXVl

bed at minimum fluidizing
conditions, density of solids,
and mean density of a gas-
solid mixture, respectively, kg/

m3

variance of a residence time
distribution curve, sZ; Eq.
(10.10)

reactor ability measure, m3
cat/(m? feed/s); Eq. (12.4)
time needed for complete
drying or for complete
reaction of a feed particle, s;
Egs. (16.56) and (18.9)

ratio of heat carrying capacity
of a stream of gas and a
stream of solids,
dimensionless; Eq. (16.13)
ratio of an equivalent thickness
of gas film referring to particle
diameter, dimensionless; Eq.
(13.3)

sphericity of a particle,
dimensionless; Eq. (3.2)

ratio of an equivalent thickness
of gas film referring to particle
diameter in the vicinity of
wall, dimensionless; Eq. (13.4)
ratio of observed bubble flow
to that expected from two-

phase theory, dimensionless;
Eq. (6.3)



CHAPTER

Introduction

Fluidization is the operation by which solid particles are transformed into a
fluidlike state through suspension in a gas or liquid. This method of contacting
has some unusual characteristics, and fluidization engineering puts them to good
use.

The Phenomenon of Fluidization

If a fluid is passed upward through a bed of fine particles, as shown in Fig. 1(a),
at a low flow rate, the fluid merely percolates through the void spaces between
stationary particles. This is a fixed bed. With an increase in flow rate, particles
move apart and a few vibrate and move in restricted regions. This is the
expanded bed.

At a still higher velocity, a point is reached where all the particles are just
suspended by the upward-flowing gas or liquid. At this point the frictional force
between particle and fluid just counterbalances the weight of the particles, the
vertical component of the compressive force between adjacent particles dis-
appears, and the pressure drop through any section of the bed about equals the
weight of fluid and particles in that section. The bed is considered to be just
fluidized and is referred to as an incipiently fluidized bed or a bed at minimum
fluidization; see Fig. 1(b).

In liquid-solid systems, an increase in flow rate above minimum fluidiza-
tion usually results in a smooth, progressive expansion of the bed. Gross flow
instabilities are damped and remain small, and heterogeneity, or large-scale
voids of liquid, are not observed under normal conditions. A bed such as this is
called a particulately fluidized bed, a homogeneously fluidized bed, or a smoothly
fluidized bed; see Fig. 1(c). In gas-solid systems, such beds can be observed only
under special conditions of fine light particles with dense gas at high pressure.

Generally, gas-solid systems behave quite differently. With an increase in
flow rate beyond minimum fluidization, large instabilities with bubbling and

1
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FIGURE 1
Various forms of contacting of a batch of solids by fluid.

channeling of gas are observed. At higher flow rates, agitation becomes more
violent and the movement of solids becomes more vigorous. In addition, the bed
does not expand much beyond its volume at minimum fluidization. Such a bed is
called an aggregative fluidized bed, a heterogeneous fluidized bed, or a bubbling
Sfluidized bed; see Fig. 1(d). In a few rare cases, liquid-solid systems also behave
as bubbling beds. This occurs only with very dense solids fluidized by low-
density liquids.

Both gas and liquid fluidized beds are considered to be dense-phase
Sfluidized beds as long as there is a fairly clearly defined upper limit or surface to
the bed.

In gas-solid systems, gas bubbles coalesce and grow as they rise, and in a
deep enough bed of small diameter they may eventually become large enough to
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spread across the vessel. In the case of fine particles, they flow smoothly down
by the wall around the rising void of gas. This is called slugging, with axial slugs,
as shown in Fig. 1(e). For coarse particles, the portion of the bed above the
bubble is pushed upward, as by a piston. Particles rain down from the slug,
which finally disintegrates. At about this time another slug forms, and this
unstable oscillatory motion is repeated. This is called a flat slug; see Fig. 1(f).
Slugging is especially serious in long, narrow fluidized beds.

When fine particles are fluidized at a sufficiently high gas flow rate, the
terminal velocity of the solids is exceeded, the upper surface of the bed
disappears, entrainment becomes appreciable, and, instead of bubbles, one
observes a turbulent motion of solid clusters and voids of gas of various sizes and
shapes. This is the turbulent fluidized bed, shown in Fig. 1(g). With a further
increase in gas velocity, solids are carried out of the bed with the gas. In this
state we have a disperse-, dilute-, or lean-phase fluidized bed with pneumatic
transport of solids; see Fig. 1(h).

In both turbulent and lean-phase fluidization, large amounts of particles
are entrained, precluding steady state operations. For steady state operation in
these contacting modes, entrained particles have to be collected by cyclones and
returned to the beds. In turbulent fluidized beds, inner cyclones can deal with
the moderate rate of'entrainment, as shown in Fig. 2(a), and this system is

Bubbling,
turbulent Fast
or fluid bed fluidized

bed

Fairly high Very high
gas velocity gas velocity

(a) (b)

FIGURE 2
Circulating fluidized beds.
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Gas

FIGURE 3
Spouted bed.

sometimes called a fluid bed. On the other hand, the rate of entrainment is far
larger in lean-phase fluidized beds, which usually necessitates the use of big
cyclone collectors outside the bed, as shown in Fig. 2(b). This system is called
the fast fluidized bed.

In fluid beds and fast fluidized beds, smooth and steady recirculation of
solids through the dipleg or other solid trapping device is crucial to good
operations. These beds are called circulating fluidized beds.

The spouted bed, sketched in Fig. 3, represents a somewhat related
contacting mode wherein comparatively coarse uniformly sized solids are con-
tacted by gas. In this operation, a high-velocity spout of gas punches through the
bed of solids, thereby transporting particles to the top of the bed. The rest of the
solids move downward slowly around the spout and through gently upward-
percolating gas. Behavior somewhere between bubbling and spouting is also
seen, and this may be called spouted fluidized bed behavior.

Compared to other methods of gas-solid contacting, fluidized beds have
some rather unusual and useful properties. This is not the case with liquid-solid
fluidized beds. Thus, most of the important industrial applications of fluidization
to date are with gas-solid systems, and for this reason this book deals primarily
with these systems. It describes their characteristics and shows how they can be
used.

Liquidlike Behavior of a
Fluidized Bed

A dense-phase gas fluidized bed looks very much like a boiling liquid and in
many ways exhibits liquidlike behavior. This is shown in Fig. 4. For example, a
large, light object is easily pushed into a bed and, on release, will pop up and
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FIGURE 4
Liquidlike behavior of gas fluidized beds.

float on the surface. When the container is tipped, the upper surface of the bed
remains horizontal, and when two beds are connected their levels equalize. Also,
the difference in pressure between any two points in a bed is roughly equal to
the static head of bed between these points. The bed also has liquidlike flow
properties. Solids will gush in a jet from a hole in the side of a container and can
be made to flow like a liquid from vessel to vessel.

This liquidlike behavior allows various contacting schemes to be devised.
As shown in Fig. 5, these schemes include staged countercurrent contacting in a

Gas out

— Gas out Solids in

Solids in |:<} C

Gas out Gas out

[ =

< Gas in Bed 1 Bed 2

Solids out <‘r‘—r]

Gas in Gas in

(a) (c)

FIGURE 5
Contacting schemes with gas fluidized beds: (a) countercurrent; (b) crosscurrent: (c) solid
circulation between two beds.
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vessel containing perforated plates and downcomers, crosscurrent contacting in
a sectioned bed, and solid circulation between two beds.

To give some insight into the workings of a contacting scheme, consider a
solids circulation system between two fluidized beds, as shown in Fig. 6. If gas is
injected into U-tube C connecting fluidized beds A and B and if the solids
everywhere are fluidized, then it can be shown that the difference in static
pressure in the two arms of the U-tube will be the driving force causing particles
to flow from A to B. A combination of two such U-tubes will then allow
complete circulation of solids. The faster the flow, the higher the frictional
resistance, and so, as in any hydraulic system of this kind, the rate of circulation
is determined by a balance between this frictional resistance and the previously
mentioned pressure differences. The circulation is controlled by changing the
frictional resistance of the system to flow, say, by slide valves or by varying the
average densities of the flowing mixtures in the various portions of the connect-
ing circuit, a procedure that modifies the pressure differences.

For proper operation of circulation and other solids flow systems, the
solids must be maintained in dynamic suspension throughout, because any
settling of particles can clog the lines and cause a complete shutdown of
operations. Thus, special care is needed in the design of such systems: gas
injectors must be properly sized, piping liable to settling and clogging should be

avoided, and reliable start-up and shutdown procedures must be used.

Gas
—_—

Dilute phase

Dense phase

FIGURE 6
Operating principie for stable circulation between two beds.
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Circulation systems such as shown in Fig. 6 are used primarily for
solid-catalyzed gas-phase reactions. Here, catalyst flows smoothly and continu-
ously between reactor and regenerator. Because of the large specific heat of the
solids, their rapid flow between reactor and regenerator can transport vast
quantities of heat from one to the other and thus effectively control the
temperature of the system. Actually, in highly endothermic or exothermic
reactions, the circulation rate of the solids is chosen not only on the basis of the
rate of solids deactivation but also as a means of achieving favorable temperature
levels in reactor and regenerator. Automatic control of such operations is the
rule.

This fluidlike behavior of solids with its rapid, easy transport and its
intimate gas contacting is often the most important property recommending
fluidization for industrial operations.

Comparison with Other Contacting
Methods

Figure 7 sketches the different ways of contacting solids and gas streams, and
shows how fluidized beds and pneumatic conveying lines (or fast fluidized beds)
compare with the other contacting modes.

In many of the conventional contacting modes, such as fixed beds, moving
beds, and rotary cylinders, the gas flow or solid flow closely approximates the
ideal of plug flow. Unfortunately, this is not so for single fluidized beds where
solids are best represented by well-mixed flow and the gas follows some
intermediate and difficult-to-describe flow pattern. Nevertheless, with proper
baffling and staging of units and negligible entrainment of solids, contacting in
fluidized beds can approach the usually desirable extreme of countercurrent

plug flow.

m@rﬁ‘m
‘u\‘},’
: Vertical Horizontal or -
Fixed bed moving bed inclined moving bed Fluidized bed
(a) (b) (c) (d)
- —
A+ B T
;T:i_ <=
Pneumatic Rotary
conveying cylinder Flat hearth
(e) f (@
FIGURE 7

Contacting modes for gas-solid reactors.
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TABLE 1 Comparison of Types of Contacting for Reacting Gas-Solid Systems.

Solid-Catalyzed
Gas-Phase Reaction

Gas-Solid Reaction

Temperature
Distribution
in the Bed

Fixed Bed

Moving Bed

Bubbling
and
Turbulent
Fluidized
Bed

Fast
Fluidized
Bed and
Cocurrent
Pneumatic
Transport

Rotary
Cylinder
(Kiln)

Flat Hearth

Only for very slow
or nondeactivating
catalyst. Serious
temperature con-
trol problems
limit the size of
units.

For large granular
rapidly deacti-
vated catalyst.
Fairly large-scale
operations

possible.

For small granular
or powdery non-
friable catalyst.
Can handle rapid
deactivation of
solids. Excellent
temperature con-
trol allows large-
scale operations.

Suitable for rapid
reactions. Attri-
tion of catalyst

is serious.

Not used

Not used

Unsuited for con-
tinuous opera-
tions, while batch
operations yield
nonuniform
product.

For fairly uniform
sized feed with
little or no

fines. Large-
scale operations

possible.

Can use wide range
of solids with

much fines. Large-
scale operations

at uniform temper-
ature possible.
Excellent for
continuous oper-
ations, yielding a
uniform product.

Suitable for rapid
reactions. Recir-
culation of fines
is crucial.

Widely used, suit-
able for solids
which may sinter
or agglomerate.

Suitable for
solids liable
to sinter or
melt.

Where much heat is
involved large
temperature gra-
dients occur.

Temperature gra-
dients can be con-
trolled by proper
gas flow or can be
minimized with
sufficiently large
solid circulation.

Temperature is
almost constant
throughout. This
is controlled by
heat exchange or
by proper continu-
ous feed and
removal of solids.

Temperature gradi-
ents in direction
of solids flow can
be minimized by
sufficient circu-
lation of solid.

Temperature gradi-
ents in direction
of solids flow may
be severe and dif-
ficult to control.

Temperature gradi-
ents are severe
and difficult to

control.
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Particles

Pressure Drop

Heat Exchange and
Heat Transport

Conversion

Must be fairly
large and uni-
form. With poor
temperature con-
trol these may
sinter and clog
the reactor.

Fairly large and
uniform; top size
fixed by the
kinetics of the
solid recircula-
tion system,
bottom size by the
fluidizing veloc-
ity in reactor.

Wide size distri-
bution and much
fines possible.
Erosion of vessel
and pipelines,
attrition of par-
ticles and their

entrainment may be

serious.

Fine solids, top
size governed by
minimum transport
velocity. Severe
equipment erosion
and particle
attrition.

Any size, from

fines to large
lumps

Both big and small

Because of large
particle size
pressure drop is
not a serious

problem.

Intermediate be-
tween fixed and
fluidized beds.

For deep beds
pressure drop is
high, resulting
in large power
consumption.

Low for fine par-
ticles, but can be
considerable for
larger particles.

Very low

Very low

Inefficient ex-
change, hence
large exchanger
surface needed.
This is often the
limiting factor
in scale-up.

Inefficient ex-
change but be-
cause of high
heat capacity of
solids, the heat
transported by
circulating
solids can be

fairly large.

Efficient heat
exchange and
large heat trans-
port by circulat-
ing solids so
that heat prob-
lems are seldom
limiting in scale-

up.

Intermediate be-
tween fluidized
and moving bed.

Poor exchange,

hence very long
cylinders often

needed.

Poor exchange

With plug flow of
gas and proper
temperature con-
trol (which is
difficult) close

to 100% of the
theoretical
conversion is

possible.

Flexible and
close to ideal
countercurrent
and cocurrent
contacting allows
close to 100% of
the theoretical
conversion.

For continuous
operations, mix-
ing of solids
and gas bypass-
ing result in
poorer perform-
ance than other
reactor types.
For high conver-
sion, staging or
other special
design is

necessary.

Flow of gas and
solid both close
to cocurrent plug
flow, hence high
conversion pos-

sible.

Close to counter-
current plug
flows, hence
conversions can

be high.

Fair, scrapers or
agitators are
needed.
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For good design, proper contacting of phases is essential. In any case, we
should be able to describe the real contacting pattern. In fluidized systems, this
can be one of the major problems; consequently, the development of satisfactory
methods for predicting contacting patterns is an important consideration in this

book.

Advantages and Disadvantages of
Fluidized Beds for Industrial
Operations

The fluidized bed has desirable and undesirable characteristics. Table 1 com-
pares its behavior as a chemical reactor with other reactors. Its advantages are

1. The smooth, liquidlike flow of particles allows continuous automatically
controlled operations with easy handling.

2. The rapid mixing of solids leads to close to isothermal conditions
throughout the reactor; hence the operation can be controlled simply and
reliably.

3. In addition, the whole vessel of well-mixed solids represents a large
thermal flywheel that resists rapid temperature changes, responds slowly to
abrupt changes in operating conditions, and gives a large margin of safety in
avoiding temperature runaways for highly exothermic reactions.

4. The circulation of solids between two fluidized beds makes it possible
to remove (or add) the vast quantities of heat produced (or needed) in large
reactors.

5. It is suitable for large-scale operations.

6. Heat and mass transfer rates between gas and particles are high when
compared with other modes of contacting.

7. The rate of heat transfer between a fluidized bed and an immersed
object is high; hence heat exchangers within fluidized beds require relatively
small surface areas.

Its disadvantages are

1. For bubbling beds of fine particles, the difficult-to-describe flow of gas,
with its large deviations from plug flow, represents inefficient contacting. This
becomes especially serious when high conversion of gaseous reactant or high
selectivity of a reaction intermediate is required.

2. The rapid mixing of solids in the bed leads to nonuniform residence
times of solids in the reactor. For continuous treatment of solids, this gives a
nonuniform product and poorer performance, especially at high conversion
levels. For catalytic reactions, the movement of porous catalyst particles, which
continually capture and release reactant gas molecules, contributes to the
backmixing of gaseous reactant, thereby reducing yield and performance.

3. Friable solids are pulverized and entrained by the gas and must be
replaced.

4. Erosion of pipes and vessels from abrasion by particles can be serious.

5. For noncatalytic operations at high temperature, the agglomeration and
sintering of fine particles can require a lowering in temperature of operations,
thereby reducing the reaction rate considerably.
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The compelling advantage of overall economy of fluidized contacting has
been responsible for its successful use in industrial operations. But such success
depends on understanding and overcoming its disadvantages. This book, treating
as it does the present and possible uses of fluidized beds, considers how such
disadvantages can be overcome.

Fluidization Quality

The term fluidization has been used in the literature to refer to dense-phase and
lean-phase systems, as well as circulation systems involving pneumatic transport
or moving beds. The broad field of fluidization engineering thus deals with all
these methods of contacting, but the main focus is on dense-phase systems.

The ease with which particles fluidize and the range of operating condi-
tions that sustain fluidization vary greatly among gas-solid systems and numerous
factors affect this. First is the size and size distribution of solids. In general, fine
particles tend to clump and agglomerate if they are moist or tacky; thus, the bed
must be agitated to maintain satisfactory fluidizing conditions. This can be done
with a mechanical stirrer or by operating at relatively high gas velocities and
using the kinetic energy of the entering gas jets to agitate the solids. Fine
particles of wide size distribution can be fluidized in a wide range of gas flow
rates, permitting flexible operations with deep, large beds.

On the contrary, beds of large uniformly sized solids often fluidize poorly,
with bumping, spouting, and slugging, which may cause serious structural
damage in large beds. The quality of fluidization of these beds can often be
spectacularly improved by adding a small amount of fines to act as lubricant.
Also, large particles fluidize in a much narrower range of gas flow rates: hence,
shallower beds must be used.

A second factor is the fluid-solid density ratio. Normally, liquid-solid
systems fluidize homogeneously, whereas gas-solids exhibit heterogeneity. How-
ever, as mentioned earlier, one may have deviations from the norm with
low-density particles in dense gas or high-density particles in low-density liquid.

Numerous other factors may affect the quality of fluidizations, such as
vessel geometry, gas inlet arrangement, type of solids used, and whether the
solids are free-flowing or liable to agglomerate.

Selection of a Contacting Mode for
a Given Application

When a new commercial-scale physical or chemical process is planned, proper
selection of a contacting mode is crucial. For catalytic reactions the choice is
usually between the fixed bed and the fluidized bed in its various forms. For
noncatalytic fluid-solid reactions, the choice is somewhat different, usually
between moving beds, shaft kilns, and fluidized, but not fixed, beds. For physical
operations such as heating, cooling, and drying of solids or adsorption and
desorption of volatiles from solids, one may also want to consider spouted beds.
Whatever the final design chosen, one need not use that particular contacting
pattern in the initial small-scale experiments.

For example, consider the design for a solid-catalyzed reaction system.
Thermodynamic information and laboratory experiments with a batch of solids
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in a small fixed bed or in a Berty- or Carberry-type mixed flow of gas reactor
give the following information:

e The kinetics, whether fast or slow

¢ The desirable catalyst size range to use

e The extent of heat effects and its expected importance in the large unit
o Whether catalyst deactivation is rapid and regeneration is feasible

If these findings point toward the fluidized bed, additional hydrodynamic tests
might be needed to evaluate the friability of the catalyst.

The development strategy differs for different kinds of applications, and
later chapters discuss this in more detail.

Some process designers feel that fluidization is an interesting operation but
is not for them because it is still too much of an art requiring practical
experience and know-how, and because too much uncertainty is involved,
particularly in scale-up, at which stage the cost of failure is serious. They point
to well-known commercial disasters involving fluidized beds and conclude that it
is best to leave the development of such processes to larger companies that have
experience with fluidized beds and that, in any case, can absorb the cost of
possible failure.

The design of fluidized bed processes is often more complex than other
modes of contacting, but not always. It all depends on the operation at hand,
whether catalytic reaction, gas-solid reaction, physical operation, or the genera-
tion of solids from gas, such as the production of polyethylene. In any case,
when technical and economic considerations both point strongly to the fluidized
bed, then one must put up with possible difficulties and complications.

In conclusion, we note that our knowledge of what is happening within a
fluidized bed, our scale-up methods, and our confidence in these methods have
increased significantly in the last 20 years. Fluidization is not such a black art,
and if we keep careful tab of our uncertainties and get the needed information
for scale-up, we should be able to design fluidized beds successfully.

Overall Plan

Chapter 2 surveys industrial applications of fluidization, showing the many ways
that fluidization can be used in various applications.

Chapter 3 follows with some basics and a road map of the various regimes
in gas-solid contacting. It is the framework for the rest of the book.

The next group of chapters lays out the state of knowledge in various
contacting regimes: pumping power and the distributor zone of a fluidized bed
(Chap. 4), bubbles in dense beds (Chap. 5), bubbling beds (Chap. 6), the lean
zone above the dense bed (Chap. 7), high-velocity fluidization (Chap. 8), mixing
and movement of solids (Chap. 9), and gas dynamics (Chap. 10).

We then consider kinetic phenomena in beds: gas-particle heat and mass
transfer (Chap. 11), catalytic reactions in all contacting regimes (Chap. 12), heat
transfer at wall surfaces (Chap. 13), and RTD, size distribution of solids, and
growth and shrinkage of solids (Chap. 14).

The last section is concerned primarily with design: special problems
related to systems of circulating solids (Chap. 15), design for the physical
operations of heat transfer, mass transfer and drying (Chap. 16), catalytic
reactors (Chap. 17), and noncatalytic gas-solid reactors (Chap. 18).
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Historical

Highlights

Industrial
Applications of
Fluidized Beds

This chapter discusses uses of the fluidized bed, the diverse designs that have
been developed, their weak and strong points, and the reason for choosing them
over other designs. The presentation is not exhaustive, and additional applica-
tions can be found in other texts on the subject (see “Related Readings” in
Chap. 1), in the technical literature, and in patent disclosures.

Coal Gasification

Winkler's coal gasifier represents the first large-scale, commercially significant
use of the fluidized bed. This unit was fed powdered coal, was 13 m high and
12m?2 in cross section, and went into smooth operation in 1926. The desired
reaction, simply represented, is as follows:

+02, steam
coal ————— CO+ H,
synthesis gas

A number of such units were constructed, primarily in Germany and
Japan, to supply raw gas for the synthetic chemicals industries. A typical Winkler
gas producer (Fig. 1(a)) shows that considerable space is needed for secondary
injection of oxygen above the bed. The resulting temperature rise furthers the
decomposition of produced methane to the desired CO and H,.

Compared to modern technology, the Winkler gas producer is inefficient
because of its high oxygen consumption and its large (over 20%) carbon loss by
entrainment. With the increased use of petroleum throughout the world,
Winkler generators have gradually been replaced by generators that use pet-
roleum feedstocks.

Gasoline from Other Petroleum Fractions

With war threatening in Europe and the Far East around 1940, the United
States anticipated a need for vast quantities of high-octane aviation gasoline, so it

15
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Two pioneering fluidized bed reactors: (a) the Winkler gas generator; (b) the first large-scale
pilot plant for fluid catalytic cracking.

urged its chemical engineering community to find new ways of transforming
kerosene and gas oil into this critical fuel. The Houdry process, in operation
since 1937, was already available. However, because it used fixed beds of
alumina catalyst requiring intermittent operations to regenerate deactivated
catalyst, and because of the complicated arrangements for controlling bed
temperatures, this process was unsuited for large-scale production.

One extension of the Houdry process led to the Thermofor catalytic
cracking (TCC) process, a reactor-regenerator circuit using two moving beds of
relatively large catalyst pellets that are transported from unit to unit by bucket
elevator (earlier models) or gas lift (later models). Another variation of the
Houdry process was the Hyperforming process, a circuit consisting of a single
moving bed of large (4-mm) pellets and a gas lift. The upper part of the bed was
used for reaction, the lower part for regeneration.

In parallel with these efforts, research engineers at the Standard Oil
Development Company (now Exxon) were trying to develop a pneumatic
conveying system for the catalytic cracking of kerosene. However, they were
plagued with mechanical problems and problems due to excessive pressure drop
in long tubes. At this time, Professors Lewis and Gilliland, on the basis of
experiments carried out at the Massachusetts Institute of Technology, confirmed
that a completely pneumatic circuit of fluidized beds and transport lines could
operate stably, and suggested that one be used. Exxon engineers concentrated
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on this idea, verified that a standpipe was crucial for smooth circulation, and
came up with a large upflow pilot plant (Fig. 1(b)). This was the start of fluid
catalytic cracking (FCC). Jahnig et al. [1] and Squires [2] relate these exciting
early developments.

In the urgent rush to full-scale commercial operations, Exxon engineers
cooperated with engineers at the MW. Kellogg Company and the Standard Oil
Company of Indiana (now Amoco) to overcome difficulties with the collection of
catalyst fines entrained by the gases, aeration, erosion of transport lines, attrition
of catalyst, and overall instrumentation. This concentrated effort culminated in
the first commercial FCC unit, the SOD Model I, being built at Exxon’s Baton
Rouge refinery. It had a capacity of 13,000 barrels of feed per day, and it went
into remarkably smooth operation in 1942, less than two years after the principle
of solid circulation was confirmed in the large-scale pilot plant.

To reduce the heavy load on dust collectors, solid upflow beds were soon
replaced by downflow fluidized beds, leading to SOD Model II units. More than
30 FCC units of this type were built to produce aviation gasoline during World
War II. Successive modifications led to the construction, year after year, of units
of improved design and with capabilities increased to about 100,000 barrels/day
(16,000 m3/day).

At this middle stage of development of FCC units, an amorphous
silica-alumina catalyst was being used. However, in 1962, Socony-Mobil Com-
pany (now Mobil) developed a new type of catalyst, high-activity zeolite. First
tried in FCC units in 1964, zeolite gave higher gasoline yields and better
selectivity, and as a result has been widely used in catalytic cracking ever since.

Taking advantage of this remarkable catalyst, reactor designers promptly
introduced the riser cracker in which feed is introduced into the upflow
pneumatic transport line that carries catalyst from regenerator to reactor.
Because of the high activity of the catalyst, close to 90% of the feed is cracked
within the transport line itself, resulting in a higher gasoline yield, higher C5-Cj5
olefin content, and less carbon formation.

Because of the giant scale and the worldwide importance of FCC oper-
ations, continual efforts are being made to improve these processes.

Gasoline from Natural and Synthesis
Gases

In the mid-1940s, vigorous attempts were made in the United States to use the
fluidized bed for the Fischer-Tropsch reaction. The driving force for these
efforts was the desire to produce high-grade gasoline from cheap and plentiful
natural gas. Based on the low cost of natural gas at that time and on the results
of laboratory experiments that gave almost 90% conversion, Hydrocarbon
Corporation constructed their dense-phase fluidized bed reactor, the Hydrocol
unit, at Carthage, Texas.

Unfortunately, conversion in the commercial unit was far below that
anticipated, being more in the range of catalytic cracking reactions. Beset with
scale-up problems, required modifications, and the rising cost of natural gas,
operations on this unit were finally suspended in 1957. Squires [3] tells this sad
story in detail and gives a diagram of the reactor.

As an alternative to the Hydrocol process, Kellogg and Sasol (South
African Synthetic Oil Limited) jointly developed a synthetic gasoline process
based on dilute transfer line contacting—in other words, a fast fluidized bed
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system. This process was very successful, and has been expanded on a giant scale
to meet most of the liquid fuel needs of South Africa. Overall, the gasoline
produced comes from synthesis gas, which in turn is produced in Lurgi-designed
moving bed gasifiers. Thus,

+0,, steam catalyst,

CO+H, o
synthesis gas fast fluidized bed

coal gasoline

moving bed

Synthesis Reactions

The remarkable temperature uniformity of the fluidized bed has strongly
recommended it as a vehicle for effecting catalytic reactions, especially highly
exothermic and temperature-sensitive reactions. Successful applications in this
area include the production of phthalic anhydride by the catalytic oxidation of
naphthalene or ortho-xylene, the production of alkyl chloride, and the Sohio
process for producing acrylonitrile. Although few details are reported in the
open literature, one can imagine the enormous effort to develop such processes.

Metallurgical and Other Processes

In 1944, Dorr-Oliver Company acquired rights to Exxon’s fluidization know-how
for use in fields outside the petroleum industry. Concentrating on noncatalytic
gas-solid reactions, they soon developed the FluoSolids system for roasting
sulfide ores. The first unit was constructed in 1947 in Ontario, Canada, to roast
arsenopyrite and to obtain a cinder suitable for gold production by cyanidation.
In 1952 at Berlin, New Hampshire, Dorr-Oliver used the FluoSolids roaster to
produce SO, from sulfide ores.

Independently, and as early as 1945, the German company Badische
Anilin und Soda-Fabrik (BASF) had begun to develop fluidized bed roasters
based on experience acquired with the Winkler gas producer. In 1950, their first
commercial roaster went on stream at Ludwigshafen with a capacity of 30 tons
of ore per day. Scale-up was rapid, and a unit with capacity of 120 tons/day was
constructed in 1952.

From the time of their introduction, these remarkable roasters progres-
sively replaced existing technology centering about multihearth roasters and
rotary kilns, both in the sulfuric acid industry and for the preparation of a wide
variety of solid materials needed in metallurgical industries.

Dorr-Oliver engineers pioneered two additional important uses of fluidized
beds: one for drying powdery materials, the other for calcining limestone. Thus,
in 1948 the first FluoSolids unit (1.7 m ID) for the drying and sizing of dolomite
particles <4 mesh, and having a capacity of 50 tons/day, was put in operation in
the Canaan plant of the New England Lime Company. The following year they
constructed a large multistage unit for calcining powdery limestone (multistaging
was used primarily to reduce the otherwise high fuel consumption for this
process).

These initial successes spawned much interest in fluidization, and a variety
of new processes have been reported in the literature and in patents. Although
we consider examples of these later, we single out three of them now because of
their potential influence on three different major industries: polymers, semicon-
ductors, and biotechnology.

First, we have the production of granular polyethylene, today’s largest
volume plastic, by polymerization of its gaseous monomer in fluidized beds. This
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process is rapidly replacing liquid-phase technology. Second, the fluidized bed is
finding its niche in the expanding semiconductor industry to produce ultrapure
silicon and its precursors. Third, it is used in the food and pharmacetitical
industries, particularly for efficient cultivation of microorganisms.

On looking back, it seems that the path to commercial success with
fluidized processes has been unusually painful and complex, with many stages of
scale-up and more than its expected share of embarrassing failures. These
difficulties stem largely from the lack of satisfactory answers to the many
questions on which design decisions should be based, and this in turn stems
from a lack of reliable predictive knowledge about what goes on in these beds.
Such design uncertainties, coupled with the large investment involved, have led
to a general conservatism and caution in many of these developments. However,
the large payoffs that have accompanied successful processes continue to spur
research and development efforts on fluidization in numerous applications.

We now look more closely at the use of fluidization in industry.

Heat Exchange

Fluidized beds have been used extensively for heat exchange because of their
unique ability to rapidly transport heat and maintain a uniform temperature.
Figure 2(a) illustrates a fluidized bed for the rapid quenching and tempering of
hot metalware to a definite temperature so as to obtain the desired properties of
an alloy. This kind of operation requires a high heat transfer rate, which is
provided by a fluidized bed of fine solids.

An example of a practical noncontacting gas-solid heat exchanger is shown
in Fig. 2(b). Here the thermal energy of hot solids is recovered by coolant gas.
Figure 2(c) is a sketch of a heat exchanger used for heat recovery and steam
generation from hot particles coming from a fluidized bed reactor.

Water Hot air Steam

Hot
particles

Hot ash

Cool

particles ; ;‘ - w
e ﬂ\ | T
Cold air gas™ Flugdalzmg Fluiadiirzing
(a) (b) ©
FIGURE 2

Examples of heat exchangers: (a) for rapid quenching of metalware; (b) for indirect heat
exchange between coarse particles and gas; (c) for steam generation from hot ash particles.
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Solidification of a Melt to Make Granules

To spread urea on fields from the air requires coarse granules in a narrow size
range. For this purpose, Mitsui-Toatsu engineers developed the solidification
process sketched in Fig. 3(a). Sprayed molten urea falls as droplets through a tall
tower while cold air passes upward through the tower, cooling and solidifying
the droplets. The few big droplets still needing to be frozen fall into a fluidized
bed of urea particles at the base of the tower; they are quickly covered by a layer
of smaller solids, move around the bed, and then solidify.

Requirements for better control of particle size then led to the process
shown in Fig. 3(b), which combines a shallow fluidized bed with several spouted
beds. Molten urea is fed to the nozzle at the bottom of each spout, and air is
used for spouting and as the fluidizing gas. Product solid is removed from one
end of the unit, and the undersized fines are returned to the other side. This
type of operation gives a much narrower size distribution of solids than does the
conventional granulation unit.

Coating Metal Objects with Plastic
Looking at Fig. 2(a) again, consider a bed of fine plastic particles fluidized by

ambient air. Then metalware, heated to a temperature somewhat higher than
the melting point of the plastic, is dipped for a short time (2-12s) into the bed.
Particles impinging on the surface of the metal fuse and adhere to it to form a
thin layer. To smooth the coating, the metalware may have to be reheated in hot
air. According to Gaynor [4], the thickness of the coating film varies exponential-
ly with time because its deposition rate is proportional to the heat transfer rate,

which depends on the film thickness.
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FIGURE 3
Solidification and granulation of molten urea.
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This process can be used for objects with uneven or highly concave
surfaces, such as metal lawn furniture, and its coating is much thicker than
paint. It is economically attractive and widely used in industry because it needs
no solvent and utilization' of material is complete.

Drying of Solids

The fluidized bed dryer is used extensively in a wide variety of industries
because of its large capacity, low construction cost, easy operability, and high
thermal efficiency. It is suited to any kind of wet solid as long as the solid can be
fluidized by hot gas. Iron and steel companies are using huge driers to dry coal
before feeding it to their coke ovens, whereas tiny but efficient driers serve the
pharmaceutical and other fine chemical industries. Figure 4 shows several
designs of conventional fluidized bed driers.

Inorganic materials, such as dolomite or blast furnace slag, are usually
dried in single-bed driers illustrated in Fig. 4(a), because the residence time
characteristics of the particles to be dried are not important. Since the water in
the particles vaporizes in the bed, the bed temperature need not be high, and
60°-90°C is usually sufficient. Thus, the energy content of hot air or flue gas,
often wasted, can be efficiently used in this type of operation.

When the particles require nearly equal drying times, the residence time
characteristics of solids in the fluidized beds must be considered. Single-stage
operations, as in Fig. 4(a), approximate mixed flow, wherein a large fraction of
the solids stay only a short time in the vessel, in effect bypassing it. Multistaging
for the flowing solid greatly narrows its residence time distribution and elimi-
nates bypassing. Figures 4(b) and (c) show multistage driers that are formed
from vertical partition plates placed in the bed.

Figure 4(d) illustrates a simple design wherein counterflow contacting of
gas and solid is achieved. Perforated plates or large screens act as gas redistri-
butors and stage separators, thus eliminating overflow pipes and downcomers.

Very delicate materials, such as some pharmaceuticals, may require identi-
cal drying times for all particles. Figure 4(e) is a design for such operations. The
distributors rotate on schedule to drop a batch of particles from bed to bed, and
this ensures an ideal batch-continuous treatment of the particles.

For certain temperature-sensitive materials, the inlet gas temperature
must be kept low. To counter the resulting reduction in thermal efficiency, heat
can be recovered from the exiting dry solids. An example of such an operation is
shown in the two-stage salt drier of Fig. 4(f).

When the feedstock is very wet, particles are likely to agglomerate and not
fluidize at the feed location in the designs of Figs. 4(b), (c), or (d). A possible
solution is to first use a backmix dryer, like Fig. 4(a), followed by a plug flow
dryer such as 4(b), (c), or (d).

In the designs of Figs. 4(a)—(f), the heat content of the fluidizing gas is the
energy source for the drying particles. However, heat can be supplied by heat
exchange tubes or plates within the fluidized bed, as shown in Fig. 4(g). With
this design, the volume of fluidizing gas needed can be greatly reduced,
resulting in smaller pumping cost, less particle attrition, and lower construction
cost of the exhaust gas cleaning system.

The design of Fig. 4(g) is suitable for drying very wet feedstock. By
operating at high pressure and fluidizing with superheated steam, one can obtain
thermal efficiencies far higher than from ordinary dryers. In addition, medium-
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FIGURE 4
Various designs of driers.

or low-pressure steam is produced, which can be used for the next dryer or for
some other operation. Alternatively, the fluidizing steam can be recirculated to
give a closed system, which may be environmentally attractive if the feedstock
gives off undesirable volatiles. The higher the water content, the more advan-
tageous is this drying system; see Jensen [5].

In general, when the wet solids contain considerable amounts of solvent,
such as methanol or toluene, one should be alert for possible explosions. One
may want to fluidize with an inert gas, or steam, or the vapor of the solvent itself
in a completely closed solvent recovery system; see Kjaergaard et al. [6].

Certain materials are not suited to the ordinary fluidized bed drier and
need special treatment—for example, cohesive and sticky solids that agglomer-
ate or stick to metal surfaces. For these materials, the vibrofluidized bed may
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work well. Here, the hot air distributor vibrates in such a way as to convey
particles across a shallow bed from entrance to exit without agglomeration.
Pesticide granules, ammonium bromide, pharmaceuticals, foodstuffs such as
wheat and soy beans, and plastics such as PVC and nylon, are all being dried in
such units.

Large uniformly sized particles, such as beans, peas, and other agricultural
products, are often awkward to fluidize. For these solids spouted bed driers are
sometimes used; see Fig. 1.3.

Finally, comparatively small particles of minerals or salts that are only
surface-wetted require very short drying times. Such materials can be effectively
dried in lean-phase fluidized beds or in pneumatic transport lines. These units
are called flash driers.

In some industries, a low-temperature chemical treatment of the solids,
such as calcination or roasting, is needed after drying. These situations call for
multistage operations where the last stage or last few stages can be used for such
heat treatment. Somewhat related to this, the low-temperature roasting of
agricultural products, such as coffee beans, has been commercialized in spouted
beds; see Sivetz [7].

Two-solid drier-roasters are finding increased use today, particularly in the
food industry. Here, small dense particles are fluidized by the hot gas, as shown
in Fig. 5. Then large, less dense solids, such as peanuts, are fed in at one end of
the unit, float on the surface of the fluidized bed, and leave at the other end. In
such operations it is important to select harmless fine particles and to have an
efficient means for separating the coarse particles from the fines.

Coating of Objects and Growth of
Particles

When a salt solution, such as sodium glutamate, is injected or sprayed into a hot
fluidized bed of dry particles, such as sodium chloride, the surfaces of the
particles become wet. Subsequent drying of the liquid layer then gives an
efficient coating process. Some free-flowing table salt is prepared this way.
This type of operation is also used for growing particles from salt solutions

FIGURE 5
Heater for coarse solids.
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FIGURE 6
Designs for particle coating and/or particle growth.

or from slurries of fine solids. Here, growth proceeds by successive wetting of
the fluidized solids with sprayed liquid followed by solidification through drying.
The product size and size distribution can be controlled by the size of the seed
particles, by adjusting the liquid-to-solid feed ratio and by a proper choice of the
ratio of sprayed volume to bed volume. In addition, the feed liquid sometimes
has to act as a binder for the fine particles, which then agglomerate to give
coarser particles through drying. In these operations, it is important to know the
mechanism(s) of agglomeration. F igure 6 illustrates several design features of
such processes. Proper location of the spray is essential to avoid unplanned
agglomeration of solids and to keep the walls of the vessel from being
progressively coated with solid.

A possible related application is the condensation on a sublimable solid of
its own vapor, which is present in an inert carrier gas. There is little in the
literature on this type of operation, but it may find use for separating the
products obtained from high-temperature synthetic gas-phase reactions. Accord-
ing to Ciborowski and Wronski [8], who performed experiments with
naphthalene, the efficiency of condensation decreases from 100% to 80-90%
with increased gas velocity and increased concentration driving force for the
separation.

Adsorption

When very dilute components are to be removed from large flows of carrier gas,
then continuous multistage fluidized adsorption processes can become superior
to conventional fixed bed processes in which the components are periodically
adsorbed onto activated carbon particles and then stripped by steam. This is the
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case for the separation and concentration of solvents such as carbon disulfide,
acetone, methylene chloride, ethanol, and ethyl acetate and for the removal of
trace pollutants from flue gas. Figure 7 illustrates some of the designs reported
in the open literature.

Figure 7(a), adapted from Avery and Tracey [9], shows the multi-
stage process developed by engineers at Courtaulds Ltd. for the recovery of
dilute carbon disulfide (~0.1%) from air. To reduce the power consumption
needed to handle the very large volume of air to be treated, each stage is very
shallow (5-8 cm) and rests on a simple perforated steel plate. Designing the
holes in the plate for a pressure drop somewhat smaller than that of the bed
itself gives satisfactory fluidization, even in columns up to 16 m ID. The
downcomers have no moving parts and are flexible enough to handle a wide
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FIGURE 7
Adsorption processes, all using activated carbon solids.
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range of air and solid flow rates. The initial particle size of the carbon is
2-3 mm, but with continuous attrition and makeup the size reduces to 0.1-
3 mm after a few months, according to Avery and Tracey [9]. The circulation
rate of carbon around the plant is controlled by variable orifice valves at two
locations, as shown in Fig. 7(a), and conventional bucket elevators are used to
circulate the solids.

The first plant of this type was commissioned in 1959 to recover 1.2 tons/
hr of CSg from 400,000 m®/hr of air. Its five-stage adsorber had a bed diameter
of 11.6 m, and its upper dual-purpose moving bed stripper-drier was 5.5 m ID.
Circulation of carbon was 23 tons/hr, power consumption of the blower was
760 kW, and 90-95% of the entering CSy was removed from the air stream,
according to Rowson [10]. Following this successful operation, similar plants
were constructed to recover acetone, ethanol, and ethyl acetate.

In these multistage units it is important to minimize the attrition of the
fragile adsorbent solids, since the cost of makeup solids can well be the
dominant operating cost. To prevent mechanical attrition of these solids, it may
be preferable to circulate the particles hydraulically. Figure 7(b) is an example
of a unit, designed by Chinese engineers and reported by Wang et al. [11], to
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remove dichloroethane, CoH4Cly, from foul gas. Here, no mechanical device is
used to control the circulation rate of solids.

Figure 7(c) shows a process that combines a multistage fluidized adsorber
with an indirectly heated desorber. This process was developed by Taiyo
Chemical Laboratory to remove solvents and odorous materials from 4000
60,000 m>/hr of foul air. The adsorbent material is spherical active carbon
particles manufactured from petroleum pitch, 0.7 mm in diameter and having a
bulk density of 580-650 kg/ m?. The activation process for these solids is shown
in Fig. 20(d).

In each stage, the height of the fluidized bed is 2—4 cm (static height
~2cm), and the solids rest on a flat tray perforated with 3-5 mm holes. This
gives a pressure drop for each stage of 0.08-0.15kPa for superficial gas
velocities as high as 1m/s. Carbon beads flow into the downcomer section
whose bed height is somewhat larger than that of the tray itself. By appropriate
selection of the open fraction in the tray and downcomer sections, one can
obtain stable continuous countercurrent gas-solid contacting in this multistage
unit.

Carbon beads are pneumatically and gently transported to the top of the
adsorber with very little attrition, such that the adsorbent loss, reported by
Amagi et al. [12], is claimed to be an order of magnitude smaller than for other
similar processes (0.001-0.002% loss per circulation of solid). Indirect heating
in the desorber section recovers solvent at high concentration. This process,
named Gastak, has been used commercially to remove perchloroethylene,
toluene, carbon tetrachloride, and trichloroethylene from foul gas.

The main reason for choosing the fluidized bed rather than the fixed bed for
these solid-catalyzed gas-phase reactions is the demand for strict temperature
control of the reaction zone. There are several possible reasons for this demand:
the reaction may be explosive outside a narrow temperature range, the yield of
desired product to side products may be sensitive to the temperature level of
operations, or hot spots in the catalyst may lead to the rapid deterioration and
deactivation of an otherwise stable catalyst that normally does not require
regeneration. And to make temperature control difficult, these reactions are

generally highly exothermic.

TABLE1 Examples of Fluidized Bed Catalytic Reactors Commercialized for Chemi-
cal Synthesis.

Year Product or Reaction Process Type*
1945 Phthalic anhydride Sherwin-Williams—Badger FB
1955 Fischer-Tropsch synthesis Kellogg, Sasol FFB
1956 Vinyl acetate Nihon Gosei FB
1960 Acrylonitrile Sohio FB
1961 Ethylene dichloride Monsanto FB
1965 Chloromethane Asahi Chemical FB
1970 Maleic anhydride Mitsubishi Chemical FB
1977 Polyethylene (low density) Union Carbide BB
1984 Polypropylene Mitsui Petrochemical BB
1984 o-cresol and 2,6-xylenol Ashai Chemical FB

*FB = fluidized bed of fine particles; FFB = fast fluidized bed; BB = bubbling fluidized bed of
coarse particles.
In part from Ikeda [13].
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Because gases have poor heat transfer characteristics and very low heat
capacities compared to their heats of reaction, it is difficult to achieve the
necessary positive temperature control in fixed beds. Consequently, extensive
heat exchanger surfaces and large dilution of reactant gases are often required.
This control is much easier to obtain in fluidized beds because the rapid
circulation of solids of relatively high heat capacity efficiently distributes the heat
and helps eliminate potential hot spots.

Table 1 shows some noteworthy uses of fluidized beds for synthesis
reactions. We discuss their difficulties and the designs that have overcome them.

Phthalic Anhydride

In the presence of a suitable catalyst and excess air, naphthalene is oxidized to

produce phthalic anhydride as follows:

o) co
+[0]
C@ @( >0 —5 €O, + H,0
N +[0]  +[0]
\ / CO

naphthaquinone

Side reactions produce small quantities of naphthaquinone and maleic anhyd-
ride, and no naphthalene appears in the effluent stream.

The problem with this reaction is that it is highly exothermic. Neverthe-
less, in fluidized operations the bed temperature is very easily controlled within
narrow temperature limits, and even with naphthalene or naphthoquinone
concentrations well within the flammable region a temperature runaway does
not occur because the catalyst bed functions as an extremely efficient heat
dispersal medium. The catalyst would prevent an explosion even if the
naphthalene were all oxidized to carbon dioxide. In addition, the entrainment of
fines into the freeboard is encouraged because these fine particles act as a heat
sink to prevent any temperature runaway there.

The naphthalene is not premixed with air but is injected directly into the
bed. Thus a high naphthalene-to-air ratio can be used, which would be
flammable if premixed. (A low naphthalene-to-air ratio is used in fixed bed
operations because the feed has to be premixed. Occasionally explosions still
occur in fixed bed reactor inlet chambers; presumably they are caused by
deposits of nonvolatile pyrophors from the vaporized naphthalene.)

The intermediate oxidation compound, naphthaquinone, would be minim-
ized if a plug flow reactor (fixed bed) were used. However, the overriding
demand for strict temperature control for safe operation with a minimum air
usage leads to the use of a fluidized bed.

Figure 8 illustrates one of the reactors used in this process. Here liquid
naphthalene is fed through nozzles directly to the bottom of the reactor, which
is at about 2.7 atm. According to Graham et al. [14], this liquid is immediately
vaporized and dispersed in the bed, whose temperature is easily but carefully
controlled between 340° and 380°C. The exothermic heat of reaction is removed
by direct generation of steam at 7-28 atm in the reactor cooling coils.

To maintain catalyst activity, 1kg of fresh VOg catalyst (~200 pm) is
added to the bed for each 1000kg of naphthalene treated. The reactor is
designed for a contact time of 10-20s, again carefully controlled, and uses a
superficial gas velocity of 30-60 cm/s.
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FIGURE 8
Reactor for producing phthalic anhydride from naphthalene (from Graham et al. [14]).

This type of operation was successfully and safely used as early as 1945 by
the Sherwin-Williams Company. Other companies have similar operations, and
large reactors producing up to 275 tons/day of product have been constructed.
Conversion in this process is estimated to be nearly 100%, and yields of
anhydride are about 105 kg/100 kg of petroleum naphthalene and about 85 kg/
100 kg of coal tar naphthalene.

Even though the reactor operates well within the flammability limits,
accumulated operating experience from many plants testifies to the relative

safety of the fluidized bed process.

Fischer-Tropsch Synthesis

The synthesis of hydrocarbons from Hy and CO gases is strongly exothermic and
proceeds in a narrow temperature range, around 340°C, as follows:

iron

nCO + 2nH, (CHy), + nH,0, exothermic

catalyst

As mentioned earlier in this chapter, Hydrocarbon’s ambitious effort in the
1950s to develop a dense-phase fluidized process for producing synthetic
gasoline, the Hydrocol process, was not successful. Kellogg took a different
route. Their scheme utilized a lean-phase or fast fluidized bed reactor in a solid
recirculation system. According to Shingles et al. [15], they carried out pilot-
plant studies between 1946 and 1948 in a 14-m-long vertical lean-phase solids
upflow reactor connected to a catalyst-disengaging hopper and a 7-cm ID
standpipe.

Sasol adopted Kellogg’s scheme for commercialization and constructed two



30

CHAPTER 2 — Industrial Applications of Fluidized Beds

such production units for their Synthol process. Not until the early 1960s were
reactor operations for their circulating fluidized beds (CFB) firmly established,
even though operations started in 1955.

In 1974 Sasol decided to build a second oil-from-coal plant, and selected
the Badger Company to assist in the development of their second generation of
Synthol CFB reactors. Problems in the first-generation reactors were overcome
by the improved design in Fig. 9. In the dilute side of the circuit (voidage 85%),
reactant gases, Hy and CO, carry suspended catalyst upward at 3—12 m/s, and
the fluidized bed and standpipe on the other side of the circuit provide the
driving force for the smooth circulation of the powdery catalyst. For the removal
of reaction heat, tube coolers are positioned in the reactor. This second-
generation design has been in operation at Sasol II and, recently, in Sasol III.

Although the CFB has been successfully commercialized in Sasol I, II, and
I11, Sasol and Badger engineers, in a joint project, turned their attention back to
the dense-phase fluidized bed reactor because, if successful, it promised
reduced capital, maintenance, and operating costs. Based on experimental
findings in cold models (up to 0.64 m ID), they designed a 1-m ID demonstra-
tion reactor that incorporated a very close positioning of cooling tubes and
internals and used smaller catalyst particles than in the Hydrocol process.
Operations of this unit have shown that conversions and selectivities are in line
with those obtained in the commercial CFB reactors of Sasol II and III.
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FIGURE 9
Synthol circulating solids reactor (modified from Shingles [15]).
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Silverman et al. [16] estimate that on the same production basis the
dense-phase fluidized bed reactor should be much smaller, less complex, and
cost less than 75% of the CFB unit. Furthermore, the up to 50% lower pressure
drop across the unit should result in a significant saving in capital and operating
cost of the gas compressors.

At present a commercial dense-phase unit the size of a Sasol I unit is being

designed.

Acrylonitrile by the Sohio Process

The Sohio process is considered to be one of the most successful applications of
the fluidized bed to synthesis reactions. It produces acrylonitrile by the strongly
exothermic catalytic oxidation of propylene and ammonia:

CH,:CH-CH + NH; + 50,— CH,:CH-CN + 3H,0,  AH.= —515k]/mol
2 3 3 22 2 2 r

This process uses a catalyst of high selectivity and weak activity that deactivates
slowly but, unfortunately, is easily poisoned by sulfur compounds in the reactant
gases. In addition to the above main reaction, side reactions form HCN,
acetonitrile, CO, and COy. Because of these, the overall heat of reaction can be
as high as 670-750 k] /mol. It is crucial therefore to remove this exothermic heat
and keep good temperature control between 400° and 500°C.

After inventing their catalyst, Sohio engineers started research and de-
velopment for this process in fluidized reactors 7.6 cm and 46 cm ID. The
kinetic data needed for designing the commercial unit were obtained in the
smaller unit, and catalyst life data and production of small quantities of product
for market research were obtained in the larger unit.

The first plant using this process was constructed by Sohio in 1960 with a
20,000-tons/yr capacity. Since then many additional plants using this process
have been built worldwide. Presently, close to 90% of the acrylonitrile in the
world is being produced by the Sohio process (~2,400,000 tons/yr). The Sohio
process reactor is shown in Fig. 10(a). Today’s catalysts are multicomponent,
composed of Mo, Bi, Fe, and other chemicals impregnated into microspherical
silica carrier of the following physical properties:

Size range: 10-200 pm
Mean size: 50-80 pum
Bulk density: ~1g/cm®
Fines (—44 pm): 20-40%
Coarse (+88 um): 10-30%

The reactor diameter ranges from 3 to 8 m, depending on the design capacity.
As an example, Nakamura and Ito [17] give a reactor height of 15.2m, a bed
diameter of 3.35 m, and the following range of operating conditions:

Composition of feed: C3Hg:NHjz:air=1:1-1.2:10-12
Temperature and pressure:  400°-500°C, 1.5-3 atm
Superficial gas velocity: 0.4-0.7m/s

Contact time: 5-20s

Air is fed uniformly to the fluidized bed through a bottom distributor, whereas
the mixture of propylene and ammonia is blown into the bed through a carefully
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FIGURE 10
Reactors for highly exothermic reactions (adapted and modified from Nakamura and lto [17]).
(a) Sohio, acrylonitrile production; (b) Mitsubishi Chemical, maleic anhydride production.

designed upper distributor to ensure a uniform distribution of feed gas across
the bed. The lower portion of the bed between distributors, being oxygen-rich,
serves as a zone for carbon burn-off and catalyst regeneration. To keep the
reaction and regeneration zones more distinct and separated, a horizontal
perforated plate is sometimes located just below the upper distributor.

In order to maintain good bed fluidity, particles less than 44 wm must be
almost completely collected and returned to the bed, emphasizing the impor-
tance of proper design of cyclones, not only on collection efficiency but also for
easy operation of diplegs.

Water passes through the in-bed cooling tubes to produce high-pressure
steam, which is then used to drive the air compressor and to produce process
heat for the downstream rectification operations. In addition to the bundle of
vertical cooling tubes, vertical internals are located in the reactor to control the
fluid dynamic behavior of the bed. Usually, such internals are designed to give
an equivalent bed diameter of 1-1.5 m.

In a similar process chemists and engineers of Asahi Chemical Industries
aimed at producing metacrylonitrile by ammoxidation of isobutene. Their
reaction required more precise control of the reactant feedstream so as to
prevent unfavorable carbon deposits on the catalyst. With their new catalyst and
a fluidized bed reactor, which prevents hot spots in the reaction zone, they went
on stream in 1984 with a 35,000-tons/yr plant.
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Maleic Anhydride

Maleic anhydride is normally produced by the catalytic oxidation of benzene in
fixed bed reactors. However, Mitsubishi Chemical Industries Co. wanted to use
a mixture of butadiene and butene as feedstock because of its availability. A
suitable V05 HoPO4SiOy catalyst was first developed, and in 1967 Mitsubishi
started research and development on the reactor.

The kinetics of this reaction can reasonably be represented by [17]

/_\
C4H8, C4H6 + 02 e C4H203 — H20, C02, CO . AH,. =—1420 k]/mol
maleic

anhydride

This exothermic heat of reaction is enormous, more than three times that for the
combustion of carbon or hydrogen on a molar basis. Considering all factors, the
engineers chose the fluidized bed primarily because the reaction could be
carried out in the flammability region with a high concentration of reactants.

After bench-scale and pilot-plant studies, a commercial reactor having a
capacity of 18,000 tons/yr was constructed and put on stream in 1970. Figure
10(b) shows this reactor, which is 6m ID and 16 m high. In this design,
hydrocarbon feed is vaporized and sent to the specially designed distributor
having hundreds of nozzles while the fluidizing air is sent to the bottom of the
reactor. Operating conditions are as follows:

Catalyst size: 60-200 wm
Temperature and pressure: 400-500°C, 4 atm
Conversion of hydrocarbon: >95%

Selectivity of C4H303: ~60%

The bed contains a bundle of vertical 10-cm cooling tubes to remove the
reaction heat. These tubes are also thought to be very effective in hindering the
backmixing of gas in the bed and, hence, raising selectivity of the desired
intermediate of the reaction.

Other Catalytic Reactions

Vinyl Acetate Monomer. Vinyl acetate monomer is an important starting
material for a host of polymeric materials such as vinyl plastic and synthetic
leather. It is formed by the exothermic reaction of acetylene with acetic acid, as
follows:

CyH, + CH3-COOH — CHy:CH-OCOOH,,  AH, = —117k]/mol

In the 1950s and 1960s, Nihon Gosei Co. and Denka Co. independently
developed fluidized bed processes to make this monomer, Denka going directly
from bench scale to the commercial reactor by using an acetylene feed derived
from calcium carbide. These reactor designs are similar to those illustrated in
Fig. 10, although with simpler distributors and a simpler arrangement of
internals and cyclone collectors.

Ethylene Dichloride. Ethylene dichloride (CHyCl)y is made by the
oxychlorination of ethylene. Mitsui Toatsu developed an active catalyst for this
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reaction by spray-drying a gel of mixed CuCly and AlyO5 and then calcinating it.
They then selected the fluidized bed route. Several steps of scale-up were used
in developing this process, and the final reactor made extensive use of baffles to
get high contact efficiency. The final reactor was put on stream in 1969 and gave
an overall yield of 97%; see Miyauchi et al. [18].

Chlorination of Methane. Chemists and engineers at Asahi Glass started
work on methane chlorination in 1962. The main reactions are

+Cl, +Cly +Cl, +Cl,
CH, CH;CI CH,Cly CHCI, ccl,

with an exothermic heat of reaction of close to 100 kJ/mol for each of these
reaction steps.

Data in 1962 from a 7.6-cm ID bench-scale unit and in 1963 from a 49-cm
ID pilot-scale unit led to a 10,000-tons/yr commercial plant in 1965, whose
capacity was doubled in 1969. Bed temperature was kept =5°C, somewhere
between 350°-400°C, by cooling jackets about the reactors; a concern about
possible explosions led to the decision to operate outside the flammability range
(chloromethanes > 23%, HCl > 29%, Ny > 44%); see Seya [19].

Cresol and 2,6-Xylenol. Asahi Chemical Industries recently developed a
fluidized catalytic reactor system to produce cresol and 2,6-xylenol from phenol
and methanol:

OH OH

OH
CH;4 CHj4 CH;4
+ CH,0H + CH,OH
_— Em——

With their FeV catalyst they chose the fluidized bed because of its higher
selectivity, slower deactivation, and easy regeneration of catalyst. They designed
and constructed the commercial plant directly, without first building a pilot
plant, and started commercial production in 1984 [20].

Comments

This discussion on synthesis reactions shows that in most cases the fluidized bed
is the reactor of choice whenever the exothermic heat is great, when there is a
danger of a temperature runaway or explosion, and thus when strict and reliable
temperature control is of paramount importance. Also, because of its large
temperature flywheel effect, one can use much higher concentrations of feed in
fluidized beds, well within the flammability region, resulting in significant cost
savings.

Polymerization of Olefins

Polyethylene, the world’s largest-volume plastic today, achieves its preeminent
position largely due to a remarkable catalyst in concert with a remarkable
fluidized bed process. On coming up with this catalyst, which operates at
relatively low pressure and temperature, Union Carbide developed a unique and
versatile fluidized bed process, called Unipol, for producing linear low-density
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polyethylene, which is rapidly replacing conventional processes throughout the
world.

In this process (see Fig. 11), reactant gas (ethylene with its comonomers,
butene and higher) is fed at a rate of three to six times the minimum fluidizing
velocity into a bed of polyethylene particles kept at 75°~100°C and ~20 atm.
Extremely small silica-supported catalyst particles are also fed into the bed
continuously. Polymerization occurs on the catalyst surface, causing the particles
to grow into large granules of 250-1000 wm; see Karol [21] for the mechanism
of particle growth. The height of the reactor is reported to be 2.6-4.7 times the
bed diameter. One-pass conversion of ethylene is rather low, about 2%, so large
recycle flows are needed. Since the reaction is highly exothermic (~3300 kJ/kg
of ethylene converted), it is important to avoid hot spots and local accumulation
of catalyst at the walls of the reactor [22]. From the engineering point of view
this process can be analyzed as a gas—solid reaction with growing solids.

In the Unipol process, two types of catalyst are used: chromium-titanium
(or fluorine) compounds on a silica carrier, and Ziegler. These catalysts are so
active that more than 10° volumes of polymer can be produced by unit mass of
active ingredient in the catalyst. Because of the great dilution of catalyst in the
granules formed and their large size, the raw product is ready for use without
pelletizing it or removing the catalyst. In addition, no solvent is used in the
process, and one can make the whole range of product from low- to high-density
polymers. All these factors contribute to make this a remarkably efficient,
attractive, and economical process.

Following the debut of the Unipol process, fluidized bed polymerization
has been extensively investigated by many companies. For example, copolymeri-
zation of ethylene with hexene-1 and octene-1 has been developed by Exxon and
by Union Carbide; Mitsui Petrochemical and Montedison have developed an
ultrahigh performance MgCly/TiCly catalyst for the gas-phase polymerization of

Compressor

Reactor

Separator

Catalyst
feed hopper
Ethylene
R
Granular
. polyethylene
Comonomer

FIGURE 11
Sketch of Unipol process for making polyethylene.,
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propylene. A commercial plant using this technology went into operation in
1984, according to Koda and Kurisaka [23]. It is also reported that Union
Carbide has already developed its own fluidized bed polypropylene process.

The catalytic or thermal breakdown of hydrocarbons into lower-molecular-
weight materials (cracking reactions) is dominated by two features: the reactions
are endothermic and accompanied by carbon deposition on nearby solid sur-
faces. These features and the large quantities of material to be treated dictate
the type of process used industrially for these reactions. Basically, these
processes have one location for the absorption of heat, for reaction, and for
carbon deposition, and a second location where the deposited carbon is burned
off and heat is released. This heat is then returned to the first location to feed
the reaction, and the circulating solids are the means for this heat transport. The
only way that all of this can be done efficiently is with a solids circulation system
employing one or more fluidized beds, and practically all processes today are
based on this principle of operation.

Fluid Catalytic Cracking (FCC)

On contact with a suitable catalyst, vaporized heavy hydrocarbons crack into
lower-molecular-weight compounds. Numerous compounds are involved, and
the key to a successful cracking process is a method for supplying the large
amount of heat needed for the endothermic reaction and an effective way to
rapidly regenerate tens of tons of catalyst per minute. The FCC process does
this efficiently and simply by making the catalyst regeneration step supply the
heat for the reaction.

The essential feature of this process is a two-unit assembly: first, a reactor
at 480°-540°C, where vaporized petroleum feed is cracked on contact with hot
catalyst particles. After a certain residence time, these particles are transported
to the regenerator, which is at 570°-590°C, where the carbon deposit is reduced
from 1-2% to 0.4-0.8% by burning in air. These heated particles, after a mean
stay of 5-10 min, are returned to the reactor. The arrangement of reactor and
regenerator, the type and size of catalyst, and the transport lines used vary from
process to process; however, the essentials are the same and in all cases involve
the use of fluidized beds.

As mentioned at the beginning of this chapter, Exxon’s Model II was the
first successful FCC unit, and successive improvements and modifications led to
advanced designs of high capacity. Figure 12(a) shows Exxon’s Model TV, which
features a pair of U-tubes for circulating the fine powdery catalyst. Liquid oil is
fed to the riser under the reactor, and on vaporization it reduces the bulk
density of the upflowing mixture and promotes the circulation of catalyst.

The stacked unit in Fig. 12(b) is an alternative design by Universal Oil
Products Company (UOP). It uses a higher pressure in the regenerator than in
the reactor, a single riser, and a microspherical catalyst.

Although many variations and sizes of these units have been constructed
by UOP, Exxon, Gulf, Texaco, and Kellogg, the reactor is usually 4-12m ID,
10-20 m high, and constructed of mild steel; for a feedstock with a high sulfur
content the inner wall is lined with a resistive alloy. The superficial gas velocity
is 31-76 cm/s, and the perforated plate distributor has 3.8-5.1 cm holes. The
number of holes is calculated to keep the pressure drop across the plate at
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FIGURE 12

FCC units in their middle stage of development: (a) Exxon model 1V; (b) UOP stacked unit.

3.5—7.0 kPa; since flat plates buckle easily under normal stresses, concave plates,

both upward and downward, are used as distributors.

As mentioned, in the 1960s the highly active zeolite catalyst was created
[24], and this gave designers the freedom to develop a new type of FCC, the
riser-cracker, in which feed oil is sprayed into the fast upflowing lean-phase
stream of regenerated catalyst. Practically all reaction occurs in this upflow riser,
plug flow is closely approximated, and selectivity of desired hydrocarbon
fractions is thereby markedly improved. Figure 13(a) shows one such design.
Catalyst circulates smoothly between the regenerator with its ordinary fluidized

bed and the riser reactor with its fast fluidized contacting.
The advantages claimed for the riser-cracker are as follows [25]:

* High conversion in very short contact times.

* Because of closeness to plug flow, overcracking is avoided, resulting in

higher yields of gasoline.

* The high activity of the zeolite catalyst can be effectively utilized.

e Formation of liquid products is enhanced and formation of coke is

reduced.

Operating conditions for modern riser-crackers are

Reactor:

Regenerator:

Coke content in catalyst
leaving the reactor:

Coke content in catalyst
leaving the regenerator:

1.7-3.5 atm, 470°-550°C
2.0-4.0 atm, 580°-700°C

0.5-1.5 wt%

0.15-0.35 wt%
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FIGURE 13
Riser cracking FCC units: (a) UOP unit; (b) Kellogg's HOC unit for upgrading heavy oil.

Approximate dimensions for a 30,000-bbl/day unit (4770 m3/ day) are

Reactor: 5m ID, 13 m high
Regenerator: 8m ID, 15m high
Riser: 1.5m ID

Catalyst circulation rate: 15-30 tons/min

Figure 13(b) shows a riser-reactor FCC unit designed by Kellogg en-
gineers for upgrading heavy oil (atmospheric residue) [26]. Note that the riser is
fed both feed oil and steam. Because this feedstock has a high Conradson
carbon index (4-9%) and contains much sulfur and heavy metals (S: 0.2-3%, V
and Ni: 6-170 ppm), its upgrading in FCC units encounters the following
problems:

* The catalyst is rapidly poisoned by vanadium and nickel, lowering the yield
of liquid products.

* Increased coke deposition on the catalyst. Its removal involves the release
of excess heat that must be removed from the regenerator.

* Additional flue gas cleaning is required to remove the SOy formed.

Because of the first problem, catalyst consumption of this so-called Heavy Oil
Cracking (HOC) process is more than 10 times that of ordinary FCC units; to
counter the poisoning effect of nickel, an additive liquid containing antimony is
mixed with the feed oil. It is claimed that this antimony deposits on the catalyst
to effectively remove the nickel.
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Exxon’s fluid coker and flexi-coker process (simplified from Matsen [27]).

Fluid Coking and Flexi-Coking

By drawing on their experience with circulating solid systems, Exxon researchers
developed a process called Fluid Coking to produce both gas oil and close to
spherical coke particles between 20 and 100 mesh from a pitch feed (heavy
residuum). Figure 14(a) shows the principle of this process.

In this operation [27] heated pitch is sprayed through nozzles into a
coke-containing reactor (480°-570°C) fluidized by steam. Gas oil is formed,
coke particles grow, and heat for this endothermic reaction is supplied by a hot
coke stream (590°-690°C) coming from a heater. There roughly 5-7% of the
feed, or 12-30% of the solids formed is burned to heat the circulating solids.
Finally, to control the size distribution of the growing solids, an elutriator is
located in the solid circulation stream to remove some of the coarser solids.
Since its commercialization in 1954 about 10 such units have been constructed,
the largest of these for upgrading bitumen from the Athabasca tar sands in
Canada.

For efficient utilization of the by-product coke particles, Exxon combined
its fluid coking unit with a giant gasification reactor to develop a process called
Flexi-Coking. Figure 14(b) shows the gasifier, which is connected to the heater
of the fluid coker to make a giant double-loop circulation system [27, 28]. The
first unit was built in Kawasaki, Japan, in 1976, and today this type of unit
processes about 3400 tons of vacuum residue per day. Operating conditions are
estimated to be as follows:

Reactor Heater Gasifier

pressure, atm 2 3.3 3.9
temperature, °C 510 620 980
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Although the inorganic content (V, Ni) of the feed is small, it concentrates
in the coke particles, lowering its sintering temperature. This may result in
agglomeration of particles in the vicinity of the air distributor where the local
temperature can be very high.

Thermal Cracking

In contact with a hot surface, naphtha petroleum fractions crack to produce
ethylene and propylene, which are useful starting materials for organic syntheses
and polymerizations. The cracking reaction is highly endothermic and proceeds
as follows:

CS’S e H2, CH4, C2’S, CS’S, N
naphtha

In the early 1950s, Lurgi and Fujinagata independently developed thermal
cracking processes to produce olefins from naphtha vapor, using a circulation
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FIGURE 15
Thermal cracking of hydrocarbons to produce olefins: (a) Lurgi sandcracking unit; (b) BASF
fluidized coke unit.
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system of coarse sand particles (~1 mm) as the heat carrier; see F ig. 15(a). A
commercial unit producing 40,000 tons per year of ethyléne was built and
operated in Japan for about a decade. Other such units have been built in
Argentina and China; see Schmalfeld [29].

In order to produce olefins from crude oil, BASF developed a process that
used fluidized coke particles, as shown in Fig. 15(b). Two generators of this type
were put in operation at Ludwigshafen, producing close to 40,000 tons of
ethylene per year, but have since been shut down. In this process, the single
fluidized bed serves a dual purpose, to generate heat and crack the sprayed
crude oil [30].

BASF engineers have also tried to develop a two-unit solid circulation
cracking process using silica-alumina particles as the heat carrier. This process is
shown in Fig. 16(a). The separation of the heat generation and cracking
functions allows air to be used in place of oxygen for heat generation, and this
modification was expected to reduce the overall cost of operations. According to
Steinhofer [30], a pilot plant with a capacity of 1.5 tons/hr of crude oil produced
25 wt% ethylene and 11% propylene.

For the rational utilization of very heavy or residual oils with high sulfur
content, the Ministry of International Trade and Industry (MITI) in Japan
adopted the K-K (Kunii-Kunugi) process as a national project in 1964. A
large-scale 120-tons/day pilot plant was constructed and operated successfully
until 1981, to give enough information for the commercialization of this process.

Cracked oil
for quenching

~a Product

T Flue gas

Reactor

:%

- Regenerator
£/

Cracked oil

Steam

4 .
Y Crude oil

Air

Air Air

Combustor

Heavy or

Heater [-
u crude oil

f

Steam —» <—— Steam

Proportioning
vessel

Air _) Steam
(a) (b)

FIGURE 16
Thermal cracking in solid circulation systems to produce olefins: (a) BASF process; (b) K-K
process.
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In this process (see F ig. 16(b)), coke particles (600—-1000 pm) are circu-
lated between reactor and regenerator. Different from the previously mentioned
thermal cracking systems, the K-K process chose dense-phase fluidization, even
for the upward transport of solids. One reason for taking this route was to
prevent any anticipated clogging of the transport lines with large clumps of coke.
About 25 wt% ethylene and 11 wt% propylene were produced at 750°C from a
feed of 4 tons/hr of paraffinic atmospheric residual oil.

Fluidized Combustion of Coal

In the hope of finding an alternative combustion system suitable for low-grade
coal and oil shale fines, fuels that cannot be burned efficiently in conventional
boiler furnaces, researchers in Britain and in China turned to fluidized bed

Overfeed for
coarse solids

(a)

FIGURE 17

Fiuidized bed coal combustors: (a) bubbling bed type; (b) circulating solids type.

1. Limestone chute, 2. spreader feeder, 3. coal-limestone feeder, 4. air distributor, 5. primary
air inlet, 6. secondary air nozzle, 7. fluidized air, 8. hot gas generator, 9. evaporator, 10.
superheater, 11. economizer (water preheater), 12. water wall, 13. circulator, 14. bed drain
pipe (from Fujima [31]).
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combustion (FBC) in the early 1960s. Spurred by the “oil crisis” in the early
1970s, other technologically advanced countries also focused efforts on FBC.
Relatively small compact units were developed commercially and, in certain
local circumstances, were found to be economically viable [31].

Figure 17(a) shows typical features of an atmospheric bubbling bed design.
First, limestone or dolomite particles are fluidized by primary air entering from
below through a distributor, and then small coal particles, 3-6 mm, are
pneumatically injected into the bed. These pneumatic feed tubes enter from
below in beds of large cross-sectional area or horizontally in smaller beds. Large
lumps of coal or filter cake from sedimented fines are thrown onto the bed by a
spreader-stoker. Because of the relatively high gas velocities used in these units
(on the order of meters per second), considerable elutriation of solids occurs.
These fines, which contain unburned carbon, are either trapped and burned in
carbon burn-up cells, or else are returned to the fluidized beds from cyclone
collectors.
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To keep the bed at about 850°C, the temperature at which sulfur
compounds are most effectively captured by the CaO and MgO solids, heat
exchanger tubes, most often horizontal, are located in the bed, as shown in
Figure 17(a). In addition, the walls of the bed itself, as well as the freeboard, are
made up of heat exchanger tubes.

The feed rate of sorbent particles is fixed by the required degree of
desulfurization. For 80% removal of sulfur compounds, a Ca:S ratio >2 is
needed. Pore plugging of the CaO particles is the main reason for the low sulfur
capture. In addition to SO, control, fluidized bed combustion significantly
reduces NO, emission.

In place of heat exchange tubes, the bed temperature can be controlled by
the recirculation of bed solids. Figure 17(b) illustrates this concept. Here, a
mixed feed of coal and absorbent solids of wide size distribution, but with no
coarse material, is fed to the bed in far fewer feed tubes than in the design of
Fig. 17(a). With a high gas velocity, particles in the bed are violently fluidized
and carried up and out of the combustion section past a heat exchange section to
cyclone collectors. Particles are thus cooled and recirculated to the bed to
control its temperature.

This fast fluidized bed design results in intense turbulence and a very
uniform temperature profile in the combustor. The absence of large absorbent
particles combined with a reasonably long contact time for the circulating solids
gives close to complete combustion of coal plus very low NO, and SO,
emissions. Plants using this concept were commercialized in the early 1980s by
Lurgi and Ahlstrom.

We mention only two of the numerous alternative designs, for large and
small units (2.5-1000 MW), operating at atmospheric and high pressure, that
are being developed and commercialized today. The various symposia on FBC
held each year, with proceedings running well over a thousand pages, show the
interest in this difficult emerging technology. So far no design has dominated
and controlled the field.

Incineration of Solid Waste

Incineration of municipal solid waste is inevitable in crowded areas, and chain
grate or inclined grate incinerators are being used for this purpose. Countercur-
rent or crosscurrent modes of contacting, though thermally efficient, are
sometimes troublesome because of the noxious odors of the flue gas from these
operations. This problem can be avoided with fluidized bed incineration.

Figure 18 illustrates some of today’s operating commercial units, from
[32]. Garbage is coarsely shredded, iron and steel are removed by magnetic
separators, and the garbage is sent to the fluidized bed incinerator. Since the
operating temperature is 800°~900°C, organics are decomposed and burned in
the bed and freeboard.

To remove surplus heat from the bed, water is poured into the bed in
simpler designs, whereas deficient air in the bed followed by secondary
combustion in the freeboard is used in more advanced designs. Solids are
completely burned, and ash is discharged from the bottom of the bed. Also, a
waste heat boiler, carefully designed to handle the dirty corrosive gas stream, is
installed to recover heat from the flue gas.

Municipal solid waste often contains large lumps of inorganic materials.
Hence, it is important to design the solid feed and discharge systems to
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Incinerators: (a) Ebara; (b) Mitsui-Raschke; (c) IHI.

FB = fluidized bed, FG = flue gas, FR = freeboard, IB = ignition burner, LS = limestone, MB =
moving bed, PA = primary air, RE = residue, SA = secondary air, SN = sand, SP = spreader,
SW = solid waste.

accommodate such objects; otherwise more careful and costly pretreatment of
the garbage is necessary.

Common to all these units, toxic substances, such as sulfur, nitrogen
oxides, chlorine, and vapors of heavy metals (Hg, Pb, Cd), and so forth, should
be removed from the flue gas. Since these units are often located in densely
populated regions, it is essential that the flue gas cleanup be reliable and
efficient.

Gasification of Coal and Coke

As mentioned, the Winkler gas generator (Fig. 1(a)) was the first commercial
application of the fluidized bed for chemical operations. In this process,
powdered coal or coalite <8 mesh is fed into the bed through a screw feeder
and is fluidized there by a steam-air-oxygen mixture. These units were the prime
source of raw gas for the chemical industry in a few countries until about four
decades ago. Then in the 1950s, cheap and abundant petroleum and natural gas
became available, mainly from the Near East, and as a result practically all the
operating Winkler generators were shut down.

In the 1970s, production of natural gas could not keep up with the
ever-rising demand in the United States, so a number of companies started a
search for a viable process for producing a high-energy substitute for pipeline
gas. The so-called oil crisis of the mid-1970s greatly accelerated the efforts on all
fronts to use coal economically, including gasification for the gas turbine—steam
turbine binary cycle with which a power plant could generate electricity more
efficiently than the conventional steam turbine system.

Today, many different routes and concepts are being pursued for the
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gasification of coal. They use a variety of contacting methods and ways of
supplying heat for the reaction. Figure 19 illustrates those processes that employ
fluidized bed gas generators and that have been developed at least until the
pilot-plant stage.

(b) (c) (d) (e)

FIGURE 19
Various processes for the gasification of coal: (a) Coed; (b) Hygas; (c) Rheinishe Braunkohlen-

werke; (d) U-Gas; (e) Westinghouse; (f) Mitsubishi; (g) Union Carbide; (h) Cogas; (i)
Forschungsbau.

A =air, AS =ash, C=coal, CH=char, FB =fiuidized bed, GA = gasifier, G = product gas,
H, = hydrogen, He = helium, O = oxygen, PN = pneumatic conveyer, RE = regenerator, S =

steam, W= water.



Carbonization and Gasification 47

Figure 19(a) represents the Coal Oil Energy Development (Coed) process,
in which coal particles are progressively carbonized at higher temperatures in
four fluidized beds (316°, 455°, 538°, 810°C) so as to maximize the yield of
hydrocarbon liquid [33]. Figure 19(b) shows the Institute of Gas Technology
(IGT) Hygas process for producing pipeline gas. Another version of this process
uses the exothermic heat of the hydrogasification reaction to drive the desired
gasification reaction, all at pressures as high as 80 atm [34].

Rheinishe Braunkohlenwerke AG has developed a single-stage gasification
process, shown in Fig. 19(c), using hydrogen at high pressure (70 atm) to fluidize
and combine with coal to produce light hydrocarbons [35]. Figure 19(d) shows
the U-gas process developed by IGT in which agglomerated ash is classified and
discharged downward from the reactor [36]. Westinghouse has developed
another type of gas generator, as shown in Fig. 19(e), which is characterized by a
jet nozzle and the discharge of agglomerated ash [37]. Sekitan Giken and
Mitsubishi have developed a two-stage gas generator, illustrated in Fig. 19(f),
that uses a screw feeder to transport char from the upper bed to the lower [38].

Figure 19(g) sketches a process developed by Union Carbide in which
agglomerated ash particles are circulated between the gasification reactor
(endothermic) and the regenerator (exothermic) [39]. The Cogas process shown
in Fig. 19(h) uses a mixture of char and ash as the heat carrier. The heat needed
for the gasification comes from the combustion of fine char collected in the
cyclones as well as from the partial combustion of the circulating char [40].

In an attempt to use the energy of high-temperature helium from a
gas-cooled nuclear reactor to drive the gasification, Forschungsbau adopted the
process shown in Fig. 19(i), in which reactive lignite is fluidized and gasified by
steam. High-temperature helium flows through tubes in the bed to provide the
heat needed for the gasification, which occurs at about 800°C and 70 atm [41].

In addition to the processes illustrated in Fig. 19, other fluidized bed
gasification processes have been developed and tested at the pilot-plant scale,
namely the Synthane process by the Pittsburgh Energy Research Center of
DOE, the Steam-Iron process by IGT, and the Hitachi process.

Gasification processes using fluidized beds are still in the developmental
stage, and their move to the commercial stage is much slower than for processes
using other contacting modes, such as entrained flow contactors or moving bed
contactors. However, for the large-scale production of fuel gas, such as would be
needed for binary cycle power plants, advanced fluidized bed gas generators will
likely prevail over other contacting modes.

Activation of Carbon

Charcoal is formed and activated by low-temperature (800°-900°C) endo-
thermic gasification with hot combustion gas of wood, peanut shells, and so on.
The fluidized bed for this operation is generally a multistage unit, as shown in
Fig. 20(a). Multistaging gives a more uniform residence time distribution for the
solids and helps to recover heat for the gasification by secondary combustion of
CO and Hjy produced from the solids.

During gasification, the density of solids drops to 15-20% of the original
value, but the size of the particles remains practically unchanged. Different
fluidizing conditions are therefore needed in the various stages of the unit and
should be accounted for in design.

Figure 20(b) illustrates a simple alternative design in which the fluidized
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(a) (b) (c) (d)

FIGURE 20

Reactors for activation of charcoal from (a) charcoal, (b) charcoal, (c) sawdust, (d) pitch beads.
A = air, CG = hot combustion gas, E = ejector, FS = feed solids, FU = fuel gas, OG = off-gas,
PS = product solid, S = steam.

bed is separated into sections by vertical partitions containing openings. Particles
move from stage to stage, giving a better distribution of residence times for the
solids than do single-stage operations.

Fast fluidized contacting, shown in Fig. 20(c), can be used for producing
charcoal from sawdust. The product of this operation is a good feed for
activation in reactors, such as shown in Figs. 20(a) and (b).

To remove pollutants from water, the active carbon used should be strong
and inexpensive. Kureha developed a process to meet this requirement with a
3.5-m ID reactor that produced 1000 tons of active carbon per year, as shown in
Fig. 20(d). Here, petroleum pitch is fed to a fluidized bed kept at 950°C to form
carbon beads (300-800 wm). Because of the high temperature, the distributor
plate of this reactor had to be very carefully designed [42].

Gasification of Solid Waste

Municipal solid waste, namely garbage, may contain a variety of toxic and
hazardous materials. In ordinary incineration plants costly gas cleaning equip-
ment must be installed to meet the increasingly strict demand for a clean
environment. In comparison, the cleanup of combustion gases from gasification
plants is much simpler and cheaper because the volume of gas produced is far
smaller than that from incinerators.

Extending the concept of the K-K process shown in Fig. 16(b), Tsukishima
Co. developed an innovative gasification process for treating municipal solid
waste, called the Pyrox process [43]. This process consists of two relatively tall
slender fluidized vessels connected by steeply sloping downcomers, with sand as
the circulating heat carrier, as shown in Fig. 21(a). Coarsely shredded garbage is
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FIGURE 21
Gasifiers for solid waste: (a) Pyrox process; (b) Tsukishima process.

fed continuously to the gasifier to produce rich fuel gas. Char is then carried to
the heater by the circulating sand carrier, to be burned there to completion. Hot
sand then returns to the gasifier to provide the energy for further gasification.

Three units of this type, each having a capacity of 150 tons/day, were
constructed in Funabashi City, near Tokyo, in 1982. They are operating
successfully, providing a fuel gas with heating value as high as 21,000-23,000 kJ/
N-m?3 and a sterile solid ash containing lumps of iron and steel that come from
tin cans, bicycles, and other iron-containing trash.

Tsukishima then came up with a much simpler gasification process, shown
in Fig. 21(b), for gasifying plastic rubbish discarded by pulp and paper
companies. In this unit, 1015 tons/day of plastic waste is gasified in a single
sand fluidized bed to produce a low-energy fuel gas, about 8500 kJ/N-m 3 which
replaces roughly half the fuel oil used in the paper-pulp plant itself. Before
installing this unit, the company had to pay to dispose of this waste; now it is
generating energy from this waste.

Although gasification plants are more expensive to construct than ordinary
incinerators, the growth of populations, society’s continued demand for a clean
environment, and the inevitable rise in the cost of energy all suggest that
gasification processes may eventually prevail, even on an economic basis, over
other methods of disposal of solid waste.

Particles of limestone and dolomite can be calcined straightforwardly in a

fluidized bed by burning fuel directly in the bed:

1000°C
CaCO 3

CaO +COy,  AH, = +180k]/mole

Since this reaction is highly endothermic and gas and solid both leave at 1000°C,
this operation is very wasteful in fuel. To recover much of the heat, multistaging



50

CHAPTER 2 — Industrial Applications of Fluidized Beds

is used, and Fig. 22(a) shows the first commercial unit of this type; see White
and Kinsalla [44]. The original unit, designed and built in 1949 for the New
England Lime Company, had a diameter of 4m and a height of 14 m. Raw
material 6-65 mesh is fed to the top stage of the unit and flows downward from
stage to stage. In the calcination stage, fuel oil is sprayed into the bed through
12 nozzles arranged around the perimeter of the bed, mixed with fluidizing air,
and burned.

Mitsubishi later developed the New Suspension Preheating System for
cement clinkering, which incorporated a fluidized bed calciner for limestone
powder. This was followed by an alternative limestone calcination process that
combined a fluidized calciner with suspension preheaters (in effect, cyclone heat
exchangers), as shown in Fig. 22(b).

Dorr-Oliver’s two-bed process for calcining paper mill lime sludge
(<50 wm) operates as follows. Dried and powdered lime mud is fed to the
upper bed, which is fluidized by air and is fed fuel that burns in the bed. At a
high enough temperature, about 770°C, calcium carbonate calcines to calcium
oxide, and trace constituents in the feed, such as sodium carbonate, fuse, act as a
binder, and cause agglomeration, eventually resulting in the formation of
spherical pellets of lime. Proper control of particle growth is important. The
particles then flow to the lower bed, which acts as an air preheater [45].

Fine powdery lime obtained from the calcination of lime sludge is in
demand by the steel industry, and Fig. 22(c) shows a reactor designed to
produce this material. The fluidized bed contains a carrier of coarse agglomer-
ated lime particles. Fines from the slurry are injected into the bed, stay there for
a short time, and are then elutriated, collected, and rapidly cooled to prevent
the reverse reaction from proceeding significantly at lower temperature. This
rapid cooling is crucial for satisfactory operation.

To upgrade the poor-quality phosphate rock that is plentiful in the western
United States, Dorr-Oliver developed a three-stage fluidized calcination system

FIGURE 22

Reactors for calcination of (a) particulate limestone, (b) powdery limestone, (c) lime slurry, (d)
alumina fines.

A = air, FS = feed solids, FU = fuel, OG = off-gas, PS = product solid.
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using 5-m diameter beds. According to Priestley [46], the hydrocarbon content
of this phosphate ore (3.5%) provides most of the heat needed for the
calcination.

In the late 1960s, Lurgi engineers adopted the fast fluidized bed for the
calcination of alumina,

Al203‘3H20—) Al203‘H2O—) ’Y-Al203 —> a-Al2O3

as shown in Fig. 22(d). Stable and smooth circulation of fine particles is required
for satisfactory performance of this unit.

Finally, fluidized calciners have been successfully used to defluorinate
phosphate rock, to make chicken feed [47], and to reuse mold sand.

Roasting Sulfide Ores

Roasting operations are all characterized by a not too exothermic oxidation;
hence a single-stage fluidized bed with no outside heating and, if anything, mild
cooling is usually satisfactory. These units have a higher capacity than do
alternative designs. They also require less excess air, thus giving an off-gas with
higher sulfur dioxide concentration. The only problem that occurs is short-
circuiting of solids because the solids are well mixed in the single-stage units.

The historical survey given earlier sketched the development of fluidized
roasters, and Fig. 23(a) shows the Dorr-Oliver FluoSolids roaster, designed for
producing SOy from pyrite, zinc blende, and other sulfide ores. According to
Noguchi [48], representative operating conditions are as follows:

Reactor: 5.5mID, 7.6 m high, atmospheric pressure, 650—
700°C

Feed: —10 mesh, 170-220 tons/day

Gas velocity: 45-50 cm/s

Bed height: 12-15m

Residual sulfur: 0.5 wt% in overflow, 1.2 wt% in carryover solids

Product gas: contains 12% SO, entrains 75-80% of the cinder

Reactors of this type, up to 13 m ID, have been constructed to process 700 tons
of ore per day.

The uniform temperature of fluidized beds allows sulfide ores containing
copper or cobalt to be roasted to the sulfate and then to be separated from the
iron oxide cinder by leaching with water or dilute sulfuric acid. Sulfate roasting
is usually done at a lower temperature than oxide roasting—for instance, 650°C
for copper, 670°C for zinc; consequently, it requires a longer particle residence
time. Hence, fluidized beds, such as shown in Fig. 23(a), are more suited to this
type of operation than other kinds of reactors having shorter particle residence
times.

Another example of a roaster is BASF’s design in Fig. 23(b). This has a
relatively shallow bed (0.6 m), high gas velocity (1.3-2.3 m/s), large freeboard
(~5 m), higher operating temperature (for pyrite roasting, 660°~740°C in the
bed and 820°-920°C in the freeboard), and immersed cooling tubes. The
distributor consists of flat steel plates with about 1-mm clearance or tuyeres
embedded in a refractory plate. Pressure drop across the distributor is 0.5—
1.0 kPa; across the whole bed it is 13-15 kPa. The feedstock usually consists of
flotation concentrate (—60 mesh), and practically all the solids are carried out
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FIGURE 23
Metallurgical roasters for sulfide ores: (a) Dorr-Oliver type; (b) BASF type.

from the bed, continuing their oxidation in the freeboard. To maintain stable
and smooth operations under such conditions, coarse solids are separated from
the cinder and are returned continuously to the bed. Average conversion from
sulfide to oxide is 97%.

Judging from the temperature rise in the freeboard, about 19% of the total
reaction occurs there. Manabe [49] measured the residence time distribution of
fine particles in an operating hot reactor to be 29-36s.

This type of roaster is used extensively in the sulfuric acid and mining
industries to roast iron pyrite and zinc blende concentrate. Ordinary units treat
80-150 tons/day of ore in beds 2.5-4.2 m in diameter and 8.4-10 m in height.
Larger reactors have been constructed to roast as much as 400-1000 tons of
sulfide ore daily.

Silicon for the Semiconductor and Solar Cell Industries

There has been an explosive increase in demand for crystalline silicon of
exceptional purity for the semiconductor and photovoltaic industries. Many
chemical pathways have been explored; those reaching the commercial stage
start with metallurgical-grade silicon or liquid silicon tetrachloride, an inexpen-
sive and abundant by-product from chemical vapor deposition (CVD) reactors
and from the zirconium and other industries. The various steps to ultrapure
silicon are as follows:
Si+ HCl step

step 1

e e ep 4
SiCLy (1) — 2, SiHCI (1) =2, SiH, (g) ——<2 Sis)

step 5

Steps 1, 2, 4, and 6 involve fluidized beds; steps 3 and 5 involve other types of
contacting.
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Step 1. Fluidized bed production of SiHCl; from metallurgical-grade
silicon has been practiced by Union Carbide and other companies for over 30
years. In Osaka Titanium’s process the reaction takes place at about 300°C. The
product gas is then purified in distillation columns and used as a feed for
Siemens CVD reactors to produce a high-purity silicon. This process was scaled
up directly from bench scale to commercial scale, it yields practically complete
utilization of feed, and has been operating successfully since about 1970. Figure
24(a) is a sketch of Texas Instruments’ fluidized bed used for this reaction.

Step 2. A joint Union Carbide-MIT effort [51] led to a fluidized bed
process for producing SiHCly from gaseous SiCly, as follows:

CuCl

2H,, + 3SiCl, + Si(met) Cz » 4SiHCl,

500

As an example of the implementation of this reaction, Osaka Titanium con-
structed a test reactor of 25 cm ID, corresponding to a production rate of 200
tons/yr of pure silicon. Operating conditions, according to Noda [52], are as
follows:

Coolant out
( (—v Hy, HCI

«—— Coolant in

Pure Si seed
SiHCl3 ;
. cles
SiCly ,/ Pt
Industrial grade
Si particles
Ho
. blanket —
== Impurities gas'

Large pure Si
—— HCI SiHCI3(0) in—Jl particles out

FIGURE 24
Texas Instruments’ reactors [50]: (a) for producing SiHCI; from metallurgical grade Si; (b) for
producing very pure silicon particles from SiHCl3.
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CuCl catalyst: 500°C, 8.5-9 atm
Feed: H,:SiCl, = 1.5-3.0:1
Exit gas: SiCly = 75-77%, SiHCl; = 23-25%,

SIHQCIZ = 05%

Steps 2, 3, and 4 or 5. In the mid-1970s the United States embarked on
a national program to reduce the cost of very pure silicon by 90-93%. Industry
was invited to participate in this program. Ten processes were selected for
follow-up, five of which involved fluidized beds. The process finally selected,
proposed by Union Carbide, was a multistep scheme starting with cheap
commercially available SiCly (steps 2, 3, and 4), in which the first and last steps
involved fluidized beds. A 100-tons/yr pilot plant was constructed to produce
very pure SiH4 from cheap starting materials, and in 1985 a 1200-tons/yr
commercial plant started operation [53].

For the last step, the conversion of SiHy to silicon, Union Carbide, under
time pressure, adopted the Komatsu CVD process, which in principle was an
extension of the Siemens filament CVD process (step 5). However, they and the
Jet Propulsion Laboratory are still pursuing the fluidized bed option for this last
step (step 4). We briefly describe this [53, 54].

Since silane becomes unstable when heated, this process simply introduces
a cold mixture of SiH, and hydrogen directly into a fluidized bed of hot silicon
particles:

~700°C

SiH4(g) Si(s) + 2H,

Silane decomposes, and the silicon smoke formed fuses directly to the bed
material, which then grows. Pilot-plant studies by Union Carbide are trying to
minimize dust formation and to find out how to use higher SiH,/Hj ratios for

the feed.

Step 6. Active development work is also being pursued by other groups in
the United States and by NEDO in Japan, all with the aim of growing dense
large silicon particles of high purity and low cost. Fluidized beds are the reactors
of choice in most of these processes, and Fig. 24(b) shows one of these designs.
According to Noda [52], in the Shin-Etsu operation SiHCl; decomposes at
1000°~1100°C, and fine silicon dust deposits on the bed particles, which grow
from 250-500 pm to 800-1500 pm. Silicon yield is about 20%, which is close
to the equilibrium for this reaction, and consumption of energy is about
120 M]/kg Si formed.

Chlorination and Fluorination of Metal Oxides

In some cases, chlorination of the oxide is the only practical path for the
production of a pure metal. For example, for titanium the following reactions
occur:

TiO, + 2C + 2Cly — TiCl, + 2CO

These reactions are carried out at about 1000°C, and for environmental reasons
close to complete utilization of chlorine is required. Fluidized bed reactors have
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been able to meet these strict requirements and are playing an important role in
the titanium industry. For the production of zirconium, the process is similar.

Another example is the separation of U-235 from U-238 for the nuclear
industry. UOy on a carrier of alumina is fluorinated to gaseous UFg in fluidized
bed reactors operating at about 450°C [55]. This type of reaction may find use
for the production of other kinds of valuable metals.

Reduction of Iron Oxide

The fluidized reduction of iron ore (iron oxides) has been extensively studied
since about 1960, particularly in the United States, to develop a process for
producing iron and steel from fines of high-grade ore or, more importantly, to
replace the blast furnace as the basic means for producing iron, if possible. We
will describe some of these efforts.

Hydrocarbon Research and Bethlehem Steel jointly developed a process,
called the H-Iron process, for the direct reduction of iron ore; see Fig. 25(a).
Here, the feed hopper is charged with ore, sealed, purged of air with COg, and
then pressurized with hydrogen to about 46 atm. Before receiving a batch of
fresh ore, the solids in the three stages are successively dumped as follows: first
the 98% reduced ore is discharged from the lowest stage; then partly reduced
ore (87%) in the middle stage is dropped to the lowest stage; finally, the least
reduced ore (47%) in the top stage drops to the middle stage (see Labine [56]).

Using this process, Alan Wood Steel Co. produces 50 tons/day of high-
quality pyrophoric iron powder for metallurgical applications. Another 100-tons/
day plant was built by Bethlehem Steel. The reactor vessel for the 50-tons/day
plant is about 1.7 m ID and 29 m high. Since conversion of hydrogen is low (5%)
and the dilute water vapor formed by the reaction

FegO, +4H,—> Fe +4H,0
magnetite
must be separated by cooling, large amounts of hydrogen must be circulated,
and heat consumption for the hydrogen preheat is necessarily high. Roughly 1.4
tons of high-grade magnetite ore, 0.051-0.056 ton of hydrogen, and 0.25 ton of
oxygen are needed to produce each ton of iron by this process.

Besides the preceding process, numerous pilot-plant ore reducers have
been constructed. United States Steel developed its Nu-Iron process for
reduction with hydrogen of —10 mesh ore [57]. Other processes for iron ore
reduction with hydrogen include the Stelling process for form cementite and the
Armco process with its two-bed reactor.

Exxon has developed one such process, using multistage reactors, called
the Fluid Iron Ore Direct Reduction (Fior) process [58]. Having demonstrated
the technical feasibility of the process with a 5-tons/day pilot plant, they built an
experimental 300-tons/day continuous plant at the Imperial Oil refinery in Nova
Scotia, which started operations in late 1965. The product of this process
consists of a free-flowing powder containing as high as 89% metallic iron with a
total iron content as high as 93%. The powder consists of 25-45% through 325
mesh with hardly any material larger than the 4-8 mesh material. A full-sized
commercial unit, sketched in Fig. 25(b), was constructed in Venezuela by Arthur
G. McKee, which licensed this process from Exxon. This plant has been
producing iron briquettes since 1978 at the scheduled production rate of 1000
tons/day since 1980.
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FIGURE 25

Iron ore reduction processes: (a) H-lron; (b) Fior; (c) FluoSolids; (d) Kawasaki Iron and Steel.
A = air, CP =coke particles, FO = feed oil, FS = feed solids, GR = gasifier, H, = hydrogen,
HC = hydrocarbon, O = oxygen, OG = off-gas, PS = product solid, RG =reducing gas, S =
steam, W = water.
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Tomasicchio [59] reports on the FluoSolids process in which the reduction
is accomplished by direct injection of fuel oil into a hot bed that is fluidized by
substoichiometric air; see Fig. 25(c). This process was first used on a commercial
scale at the Montecatini plant in Follonica, Italy. It reduces 400 tons/day of hot
(530°C) hematitic pyrite cinder to magnetite.

Gradual economic changes in the iron and steel industries are leading
them to use smaller, more efficient, direct reduction processes to serve the
so-called minimills, which are an order of magnitude smaller in capacity than
conventional steel mills. Fluidized contacting is a likely choice of reactor for
these processes, and one can expect much development work in this line.

One example is shown in Fig. 25(d), which Kawasaki Iron and Steel
developed to pilot scale. Here coarse iron ore particles are fed into the 700°C
reduction reactor fitted with perforated disks that rotate to prevent agglomera-
tion of the solids. In addition, fine coke particles are circulated between reactor
and a heater, wherein carbon is burned and gasified with oxygen. The off-gas
from the heater can be cleaned and used as feed gas to the reactor.

The cultivation of microorganisms appears to be one of the more interesting
applications of fluidization. Kikkoman Co. has pioneered this use, and Fig. 26
illustrates the design developed by them for producing soy sauce. Wheat bran is
first treated and pasteurized by superheated steam, sized to —28 mesh, and then
fluidized by sterilized air. Water is sprayed onto the bed to keep the moisture
content of the solids at about 70% on a dry basis, and seed spores of the
microorganism are sent into the bed through an ejector (weight ratio of the seed

Water

Spray Separator

nozzle

Electrode Ejector

Agitator

Distributor

FIGURE 26

Fluidized bed cultivator to produce threadlike fungus (Aspergillus sojae) (adapted from Akao
and Okamoto [60]).
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spore to wheat bran is about 4%). Fluidized cultivation is reported to be
superior to the conventional layer cultivation in the following areas:

* Large effective growing surface of microorganisms.
* Easy oxygen transfer results in an active metabolism.
* Heat and carbon dioxide generated by this active metabolism are efficient-

ly removed.

* Temperature, moisture, and pH level are easily and automatically con-

trolled.

Figure 26 shows various features of this bioreactor: the rotary agitator just
above the air distributor to prevent defluidization in the lower portion of the
bed, the rotating separator in the freeboard to return elutriated particles to the
bed, and an electrode to detect the water content of the particles.

Batch cultivation at about 30°C for a few days yields a microorganism of
high quality with 5-15 times the activity obtainable by conventional methods. A
pilot plant 1.5 m ID below and 2.1 m ID above, with a static bed height of 2 m,
was built in Japan to supply the Aspergillus sojae needed for Kikkoman'’s soy
sauce production; see Akao and Okamoto [60].

We may expect biofluidized reactors to be increasingly used in the food

and pharmaceutical industries.
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CHAPTER

Fixed Beds
of Particles

Fluidization and AT
Mapping of Fluidization without Carry-

Regimes

When a bed of solids is kept suspended by fluid upflow, the bed can behave in
various ways—smoothly fluidized, bubbling, slugging, spouting, and so on. This
chapter considers the mapping of these flow regimes.

Characterization of Particles

The size of spherical particles can be measured without ambiguity; however,
questions arise with nonspherical particles. Here one can define the size in
several ways. We adopt a size d.g that is useful for flow and pressure drop
purposes.

The size of larger particles (>1mm) can be found by calipers or
micrometer if the particles are regular in shape, or by weighing a certain
number of particles if their density is known, or by fluid displacement if the
particles are nonporous. From these measurements we first calculate the
equivalent spherical diameter, defined as follows:

diameter of sphere having the) ()

. .
sph same volume as the particle

Various measures of nonsphericity are available, and are summarized by
Zenz and Othmer [1]. For our purposes we choose the one-parameter measure

called the sphericity, ¢, defined as

< surface of sphere
¢, =

surface of particle )of same volume

(2)

With this definition ¢; =1 for spheres and 0< ¢, <1 for all other particle
shapes. Table 1 lists calculated sphericities for different solids.
Next we represent a bed of nonspherical particles by a bed of spheres of
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TABLE 1 Sphericity of Particles

Sphericity

Type of Particle s Source
Sphere 1.00 (a)
Cube 0.81 (a)
Cylinder

h=d 0.87 (a)

h=5d 0.70 (a)

h=10d 0.58 (a)
Disks

h=d/3 0.76 (a)

h=d/6 0.60 (a)

h=d/10 0.47 (a)
Activated carbon and silica gels 0.70-0.90 (b)
Broken solids 0.63 (c)
Coal

anthracite 0.63 (e)

bituminous 0.63* (e)

natural dust 0.65 (d)

pulverized 0.73 (d)
Cork 0.69 (d)
Glass, crushed, jagged 0.65 (d)
Magnetite, Fischer-Tropsch catalyst 0.58* (e)
Mica flakes 0.28 (d)
Sand

round 0.86* (e)

sharp 0.66* (e)

old beach as high as 0.86  (f)

young river as low as 0.53 (f)
Tungsten powder 0.89 (d)
Wheat 0.85

(a) From geometric considerations
(b) From Leva [2]

(c) From Uchida and Fujita [3]
(d) From Carman [4]

(e) From Leva et al. [5]

(f) From Brown et al. [6]
*Photographs available.

diameter d. g such that the two beds have the same total surface area and same
fractional voidage &€,,. This representation should ensure almost the same
frictional resistance to flow in these two beds. Then by geometry we can show
that

eff ‘bs sph (3)

The specific surface of particles in either bed is then found to be

. 2
2= (surface ofa partl.cle) _ 71'dsph/d’s 6 ol (4a)
volume of a particle wd3 oh/6 d’sdsPh
and for the whole bed

surface of all particles ) 6(1—ep) —1

(total volume of particles in the bed d’sdsph ;7] (4b)

where ¢, is measured directly, estimated from Table 1, or evaluated by the
procedure just before Example 1.
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TABLE 2 Tyler Standard Screens

Mesh Apertureb Mesh Aperture
Number?® (in) (pm) Number (in) (pm)
3 0.263 6680 35 0.0165 1417
4 0.185 4699 48 0.0116 295
6 0.131 3327 65 0.0082 208
8 0.093 2362 100 0.0058 147
10 0.065 1651 150 0.0041 104
14 0.046 1168 200 0.0029 74
20 0.0328 833 270 0.0021 53
28 0.0232 589 400 0.0015 38

“Number of wires per inch
b Opening between adjacent wires

For intermediate particle sizes screen analysis is the most convenient way
to measure particle size. Numerous calibrated screens are available, and Table 2
shows the size of openings for the Tyler standard screens. Particles passing
through a 150 mesh screen but resting on a 200 mesh screen are called
—150 + 200 mesh particles and have a screen size

104+ 74

dp 2

=89 um
Since there is no general relationship between d¢r and d,, the best we
can say without doing experiments is the following:

* For irregular particles with no seemingly longer or shorter dimension
(hence, isotropic in shape),

deff = d’sdsph = d’sdp (5a)

* For irregular particles with one somewhat longer dimension, but with a
length ratio not greater then 2:1 (eggs, for example),

deff = d’sdsph = dp (5b)

* For irregular particles with one somewhat shorter dimension, but with a
length ratio not less than 1:2, then roughly,

deff = d’sdsph = d’szdp (5¢)

* For very flat or needlelike particles, estimate the relationship between dP
and de¢¢ from the ¢ values for the corresponding disks and cylinders.

Most fluidized bed operations treat particles whose sizes are measured
with screen analysis. In addition, most of these solids are irregular with no
seemingly larger or smaller dimension. Therefore we take the particle size to be
given by Eq. (5a). Where the particles are needlelike, flat, or flaky, we might
want to use Eq. (5b) or (5¢) to relate dP to dsph' However, this approach is not
really practical. In these situations we recommend the experimental procedure
outlined just before Example 1. This will give an effective sphericity that can
then reliably be used with Eq. (5a).

For very small particles (<40 pm) we cannot use screen analysis, so we
rely on
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* Scanning of magnified photographs of particles.
* Sedimentation of particles in a known fluid; the terminal velocity of these
particles will give the diameter of the equivalent sphere.

Fixed Beds—One Size of Particles

According to Brown et al. [6], the fraction void &, in a packed bed is related to
particle sphericity, as shown in Fig. 1; in addition, for vessels of small diameter
the wall effect becomes important and influences the bed voidage. Since &, is
easy to measure, we suggest it be found experimentally.

The frictional pressure drop, always positive, through fixed beds of length
L containing a single size of isotropic solids of screen size dp has been correlated

by Ergun [7] by the equation

Apg, (1- 8m.)2 Hug 1— ¢, pguﬁ
=150 +1.75 6
Ly, e 3 (¢sdp)2 VR (6)
The measured pressure drop is
Pglm "
Aprmeasured = Apgr £ 7 all Ap positive (7)
C

where the + sign stands for upflow of fluid. The last term may be appreciable
for flowing liquids, but it can safely be ignored for flowing gases unless one is
dealing with deep beds at high pressure. Thus, in most cases with gases, we may
write

Ap = Apg, = Appeasured s 2ll Ap positive (8)

For randomly packed granular materials this expression has been found to
represent the data within £25%; however, it may not be expected to extend to
nonrandomly packed beds, to beds of solids of abnormal void content (e.g.,

1 L T
0.81— Normal -
” | packing
©
5, 0.6 —
S B J
1]
S 0.4} A\ —
.% : Dense /
- packing
0.2+
0 [ N W N R A W
0 0.2 04 0.6 0.8 1
Voidage: &5

FIGURE 1
Voidage of a randomly packed bed of uniformly sized particles increases as particles become
less spherical; from Brown et al. [6].
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Raschig rings), or to highly porous beds (e.g., fibrous beds where &, =0.6 to
0.98). At these high porosities the pressure drop can be much greater than that
predicted by Eq. (6) (see Carman [4]).

Other procedures and expressions for finding the pressure drop are given
by Perry [8], based on the work of Chilton and Colburn [9], by Carman [4], and
by Brown et al. [6], based on the work of Brownell and Katz [10]. Brown’s
procedure accounts for all ranges of ¢ and &,.

Fixed Beds—Solids with a Distribution
of Sizes

Before considering the behavior of beds containing solids of different sizes, we
must be able to describe usefully the size distribution of a batch of solid
particles. For this, define the size distribution functions P and p as follows. Let
P be the volume fraction of particles smaller than size d , and let p d(d.;) be the
volume fraction of particles of size between d, and d + d(d,). Typical
distribution curves and their properties are shown in Fig. 2. From this we see
that p gives the volume (or weight or numbers) distribution of particles directly
and has units of reciprocal length, whereas P gives the cumulative distribution of
sizes and is dimensionless.

The relationship between p and P is found by considering particles of any
particular size, dp 1> for which we have

For a discrete distribution of particles with equal or unequal size intervals, we
have the situation of Fig. 3, with the relation between p and P at any d; given
by

AP i i
p,-=(A—dP>i or Pi=§(pAdp),-=%xi (10)
where x; is the fraction of material in size interval i.

We next find the specific surface and mean diameter of a mixture of
isotropic particles of different sizes. Many averages or means may be defined,
however, for pressure drop in flow-through beds, the surface area is of prime
consideration. Consequently, a mean size and shape should be defined to give
the same total surface area for the same total bed volume. Thus, using the size
distribution, we define the mean specific surface as

_,_fdp,max , d(d )nfdp,max 6 d(d ) (11)
a = 0 a P p - 0 ¢sdp P P
or, for a discrete distribution,
all i all i all i
_ 6 (pAd,); 6 ( x )
= alpAd,) =~ 2> (x 12

=2 ai(p Adp); s 2 dpi & 2 dp/i 12
Since the mean specific surface, defined in terms of mean diameter, is

6

¢S dp
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]
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]
i Shaded area : T
— - ' d ..
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e | §
0.01 }— —
! 1
Total area = 1
0
0 dy; 50 100
dp (rm)
FIGURE 2

Typical size distribution of catalyst designed for fluidized reactors; adapted from Miyauchi et al.

[11}].

we have, on combining Eqs. (11) or (12) with (13),

d=-2 - ! (14)
= - =—
P (bsa J‘O p,maX( /d )d(d )
p/dp) didp
or
= 1 1
d,= - = -
P yalli [P Adp)i/dpi] yalli (x/dp)i (15)

The frictional pressure drop in beds of mixed particles approximately follows the

Ergun equation for single size of particles, Eq. (6), but with d,, replaced by d
The voidage for a mixture of sizes cannot be estlmated relpably factors that

must be considered include how solids are introduced into the vessel, size of the
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i1r—— = - = 1 - =
—_ L AP4=P4-P3=x,
- =
o. | | |
| |
Pof- ==~~~ I !
|
N |
b |
0 o ) | 1 |
T T ] | 2 I
|
: { 4 Shaded areas: 2 (pAdy); = P,
| [ i.-I !
I | | | I all i
: : | Total area:‘ Y (PAdy); =1
!
|
= : Crosshatched area:
e | / | (PAdy)e- T4
a ! '
| |
| |

/ dpi  dpz  dpsidpa; dps

Average in interval Ad,,4

FIGURE 3
Relationship between p and P for a discrete size distribution of solids; useful for numerical
calculations.

solids, and shape of the size distribution curve. For example, if the size variation
is large, the fines can fit into the voids between the large particles, thus greatly
decreasing voidage. Since the bed voidage is a relatively simple matter to
determine experimentally, do so.

Determination of the Effective
Sphericity ¢, ¢ from Experiment

Some serious problems arise when using ¢;. First, all sorts of particle shapes can
have the same sphericity, for example, pencils, doughnuts, and coins. Next, how
does one quantify the “egg-shapedness” of an irregular particle or account for
particle roughness? And most important, it is very difficult and tedious to
evaluate properly the sphericity of irregular particles.

Therefore, we recommend the following experimental procedure for
finding an effective value for ¢,. Carefully and accurately determine the bed
voidage &,,. Then measure the frictional pressure drop of this bed at several
flow velocities. Finally insert d,, &r,, Apg,, and all of the system properties into
the Ergun equation and extract the value of ¢, that best fits the data. This gives
the relationship

deff= (bs,eff dp
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This value of effective sphericity can be used with the measured screen size d
to predict frictional losses in beds of this solid of any size and for wide size
distribution. In general, this probably is the most reliable measure of particle
size for pressure drop purposes.

Calculate the mean diameter d,, of material of the following size distribution:

Cumulative weight of a ...having a
representative 360-g diameter smaller
sample . .. than d, (um)
0 50
60 75
150 100
270 125
330 150
360 175

SOLUTION With Fig. 3 as a guide, make the following table:

Weight fraction

Diameter range d,; in interval

1]
(um) (km)  (pAdy) = x (x/d, )
50-75 62.5 (60—-0)/360 =0.167 0.167/62.5 = 0.00267
75-100 87.5 (150 — 60)/360 = 0.250 0.250/87.5 = 0.00286
100-125 . 112.5 0.333 0.00296
125-150 1375 0.167 0.00121
150-175 162.5 0.083 0.00051

2 (x/dy,); =0.01021

From Eq. (15) the mean diameter is

- 1 1
P ; T 0.01021
all i .
> (x/ap);

98 um

Minimum Fluidizing Velocity, u ¢

Consider a bed of particles resting on a distributor designed for uniform upflow
of gas—for instance, a porous sintered metal plate. As stated in Chap. 1, the
onset of fluidization occurs when

( drag force by ) _ (weight of)
upward moving gas - particles (162)
or
( pressure drop ) ( cross-sectional) _ (volume) frac.ti(?n p e.Cilf;]C
across bed area of tube /  \ of bed conslst.mg welg! t (16b)
of solids / \ of solids

or, with Ap always positive,

ApbAt =W= Athf(l - ‘Emf)l:(ps - pg) é:l (16C)
c
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By rearranging, we find for minimum fluidizing conditions that

A
2P~ (1— epdpy — pg) £ (7)

me 8¢

At the onset of fluidization, the voidage is a little larger than in a packed
bed, actually corresponding to the loosest state of a packed bed of hardly any
weight. Thus, we may estimate £ ¢ from random packing data, or, better still,
we should measure it experimentally, since this is a relatively simple matter.
Table 3 records experimental values of €.

The superficial velocity at minimum fluidizing conditions, u ¢, is found by
combining Egs. (17) and (6) ( a reasonable extrapolation for this packed bed
expression). In general, for isotropic-shaped solids this gives a quadratic in u ¢

1.75 dpumfpg>2 4 15()(1 - Emf) (dpumfpg> - dls)pg(ps - Pg)g (18)
Emedds M Eme? M p?
or
175 5 . 15001 — &)
€2 mt+ ——3— Re,, e =Ar (19)
s T Emid? pm
where the Archimedes number is defined as
d3pg(ps — pg)
Ar = Lgpsz_—gg (20)
s
Some authors call this dimensionless group the Galileo number, Ga.
In the special case of very small particles, Eq. (18) simplifies to
d3(p;~ pg)g €32
_ _p'Fs g mf?¥s
Ut op o Toes  Repmr<20 (21)

TABLE 3 Voidage at Minimum F luidizing Conditions &

mf

Size, dp (mm)

Particles 0.02 0.05 0.07 0.10 0.20 0.30 0.40
Sharp sand, ¢, =0.67 — 0.60 0.59 0.58 0.54 0.50 0.49
Round sand, ¢, = 0.86 — 0.56 0.52 0.48 0.44 0.42 —
Mixed round sand — — 0.42 0.42 0.41 — —
Coal and glass powder 0.72 0.67 0.64 0.62 057 0.56 —
Anthracite coal, ¢, = 0.63 — 0.62 0.61 0.60 0.56 0.53 0.51
Absorption carbon 0.74 0.72 0.71 0.69 — — —
Fischer-Tropsch catalyst ¢, = 0.58 — — 0.58 0.56 0.55 —

Carborundum — 0.61 0.59 0.56 0.48 — —

From Leva [2].
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For very large particles,

o _ dplps—pglg o

Unmf™= 175Pg EmfPs >

Re, mg> 1000 (22)

When &,,¢ and/or @, are not known, one can still estimate u ¢ for a bed of
irregular particles with no seemingly longer or shorter dimension as follows.
First, rewrite Eq. (19) as

K; Red ¢+ Ky Rep g = Ar (23)
where
1.75 150(1 — &, ¢)
1573 an 2= 3 gmf (24)
Emf¢s Emfd)s

Wen and Yu [12] were the first to note that K; and Ky stayed nearly
constant for different kinds of particles over a wide range of conditions
(Re = 0.001 to 4000), thus giving predictions of u,¢ having a £34% standard
deviation. Since then, other investigators (see Table 4) have reported on K; and
K2.

Solving Eq. (23) for minimum fluidizing conditions and using the values
for K; and K, recommended by Chitester et al. [17] for coarse particles gives

dpu d3p.(ps— p, g\ 1172
pY¥mfPg — [(28.7)2 + 00494(%)] — 987 (95a)
K ®
or
Rep, e = [(28.7)% +0.0494 Ar]' /% — 28.7 (25b)

For fine particles the values recommended by Wen and Yu [12] give

Rep, = [(33.7)% +0.0408 Ar]'/2 — 33.7 (26)

Other recommended values of the constants in Eq. (25) are given in Table 4.
This expression is only useful as a rough estimate of uys. Naturally, if

information on &5 and ¢, is available, Egs. (18), (19), (21), or (22) should be

used, since they may be expected to give more reliable predictions of upy.

TABLE 4 Values of the Two Constants in Eq. (25)

First, Second,
Investigators Ky/2K; 1/K;
Wen and Yu [12] (1966) 33.7 0.0408
284 data points from the literature
Richardson [13] (1971) 25.7 0.0365
Saxena and Vogel [14] (1977) 25.3 0.0571
Dolomite at high temperature and pressure
Babu et al. [15] (1978) 25.3 0.0651
Correlation of reported data until 1977
Grace [16] (1982) 27.2 0.0408
Chitester et al. [17] (1984) 28.7 0.0494

Coal, char, Ballotini; up to 64 bar

Ky and K, are given by Eq. (24).
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Since u ¢ is the most important measurement needed for design, it has
been the focus of a tremendous amount of experimentation under a wide variety
of conditions. Numerous correlations have been proposed for its prediction, and
they are summarized in useful form by Couderc [18]. For elevated pressure and
temperature, see Yang et al. [19].

Pressure Drop-versus-Velocity
Diagram

The Ap-versus-u, diagram is particularly useful as a rough indication of the
quality of fluidization, especially when visual observations are not possible.

Not-too-Small Uniformly Sized Particles. Figure 4, with uniformly
sized 160-pm sand, is typical of systems of uniformly sized particles that are not
too small. For the relatively low flow rates in a fixed bed, the pressure drop is
approximately proportional to gas velocity, as indicated by Eq. (6), and usually
reaching a maximum, Ap ... slightly higher than the static pressure of the bed.
With a further increase in gas velocity, the fixed bed “unlocks”; in other words,
the voidage increases from &, to £, resulting in a decrease in pressure drop to
the static pressure of the bed, as given by Eq. (17). With gas velocities beyond
minimum fluidization, the bed expands and gas bubbles are seen to be present,
resulting in nonhomogeneity. Despite this rise in gas flow, the pressure drop
remains practically unchanged. To explain this constancy in pressure drop, note
that the dense gas-solid phase is well aerated and can deform easily without
appreciable resistance. In its hydrodynamic behavior, we can liken it to a liquid.
If a gas is introduced at the bottom of a tank containing a liquid of low viscosity,
we find that the pressure required for injection is roughly the static pressure of
the liquid and is independent of the flow rate of gas. The constancy in pressure
drop in the two situations, the bubbling liquid and the bubbling fluidized bed,

are somewhat analogous.
When gas velocity decreases, the fluidized particles of Fig. 4 settle down to

5 T TN 1 T T T T
|- Fixed bed <— | — Fluidized bed
| |
. A
_ 7 P max ____ﬂ
©
o - t
=
g. Initiation of
entrainment
1 Hmf
0.5 | [ B ] L1
1 5 10 50
Uy (cm/s)
FIGURE 4

Ap versus u, for uniformly sized sharp sand gives ideal textbook behavior; d,=4.1¢cm,
distributor consists of a fixed bed of larger solids; from Shirai [20].
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form a loose fixed bed of voidage &,r. With gas flow eventually turned off, a
gentle tapping or vibration of the bed will reduce its voidage to its stable initial
value of ¢,,. Usually, u ¢ is taken as the intersection of the Ap-versus-u,, line
for the fixed bed of voidage &,,,¢, with the horizontal line corresponding to W/A,
(point A).

Figure 4, with not too much pressure fluctuation, represents a well-
behaved bubbling bed of these not-too-small solids (Geldart B, discussed later
in the chapter). Large, fairly regular fluctuations suggest that slugging is
occurring, as shown in Fig. 1.1(e) or (f). On the other hand, an observed
pressure drop lower than W/A, indicates a partly fluidized bed.

Wide Size Distribution of Particles. When the gas velocity u, is
increased through these beds of solids, the smaller particles are apt to slip into
the void spaces between the larger particles and fluidize while the larger
particles remain stationary. Then partial fluidization occurs, giving an inter-
mediate Ap.

With increasing gas velocity, Ap approaches W/A,, showing that all the
solids eventually fluidize. Figure 5, typical of such systems, shows that hysteresis
is negligible. For mixtures containing rather large particles (dp >1mm), segre-
gation and settling of these larger particles may occur, giving a stepwise increase
in Ap and hysteresis of the Ap-versus-u, curve. However, this hysteresis
disappears when the bed contains a large enough fraction of fines (see Saxena
and Vogel [14]). In mixed particle systems, u, ¢ is defined by convention as the
intersection of the fixed bed Ap-versus-u,, line with the W/A, line (point B in
Fig. 5), and this is what is reported in the literature.

One warning: u ¢ should be determined for the size distribution of solids
actually in the bed. This may differ considerably from that of fresh feed due to
elutriation of fines, attrition or agglomeration of solids, or the growth or
shrinkage of particles resulting from reaction. These matters are taken up in
Chaps. 14 and 18.

10 \ ;
i S T2+ ='c e N [
/iatd© ® f
- ; / 6 &
—~ T P
©
o |
=3
N o Increasing velocity
< - e Decreasing velocity
L L H
s Umf
0 | I Il I
0 20 40
Uy (Cm/s)

FIGURE 5
For a wide distribution of solids, the onset of fluidization is gradual but is defined as point B;
dolomite, d, = 180-1400 um, d; =15.2cm; adapted from Saxena and Vogel [14].
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Transition from Smooth to Bubbling Fluidization. The fluidizing
velocity at which bubbles are first observed is called the minimum bubbling
velocity, uy,p. In liquid-solid systems, one usually has particulate or smooth
fluidization throughout, so ), has no meaning. On the other hand, in gas-solid
beds of large particles, bubbles appear as soon as the gas velocity exceeds u,y;
hence u ), =ty

Now consider gas fluidized beds of small, light, nearly spherical particles of
mixed size. For these solids the Ap-versus-u, relationship looks more like that
of Fig. 4 than of Fig. 5. An FCC catalyst with a size range of 5-100 um is
typical, and Fig. 6 shows the Ap-versus-u,, curve for this material.

Figure 6 also shows the bed expansion of this material, where L is the
average fluidized bed height. With increasing gas velocity beyond up,y, the bed
expands smoothly with no observed bubbling. However, at a gas velocity of
about 3u,,s, bubbles begin to form and bed height begins to decrease. Figure 7
shows how the particle properties affect u,y,.

_ Geldart and Abrahamsen [22] measured u ), for 23 different particles
(dp =20-72 um, p, =1.1-4.6 g/cm3), using ambient air, helium, argon, car-
bon dioxide, and Freon-12. They found that u ,),/u ¢ was strongly dependent
on the weight fraction of particles smaller than 45 um, thus Py, , and for
these systems they gave, in SI units,

Uy _ 230005121052 exp(0.72Py5,,1)
Upnf d%8(ps — py)9

(27)

This expression, with Fig. 7, should give a reasonable estimate of u y,.
Finally, the range of particulate fluidization in gas-solid systems can be
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For FCC catalyst, the bed expands smoothly and expands progressively above upy; then
bubbiing occurs and expansion ceases; d, = 64.7 um, pp k= 0.5 g/em® d,=6.6cm, L, =
130.8 cm, perforated plate distributor; from Morooka et al. [21] and Miyauchi et al. [11].
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FIGURE 7

Minimum bubbling velocity ratio decreases sharply with increase in particle size; circles from
Geldart and Abrahamsen [22], triangles from Morooka et al. [21]. Diakon is a spherical plastic
molding powder.

extended considerably by adding a small fraction of fine particles of special
characteristics; see Brooks and Fitzgerald [23].

Effect of Pressure and Temperature
on Fluidized Behavior

The effect of pressure has been studied by many investigators [14, 17, 24-30],
and we summarize these findings for beds of porous carbon powder, coal, char,
and uniformly sized glass beads at pressures up to 80 bar as follows:

® &y increases slightly (1-4%) with a rise in operating pressure.
® t¢ decreases with a rise in operating pressure. However, this decrease is
negligible for beds of fine particles (dP <100 pm), but becomes signifi-

cant (up to 40%) for larger particles (dp =360 pm). These experimental
findings are consistent with the predictions of Eqs. (21) and (22). In
general, u ;¢ can be reasonably predicted at all pressures by Egs. (18) or
(19).

® U/ Ums for coarse alumina (JP = 450 pm) increases up to 30% for a rise
in operating pressure. This suggests that an increase in operating pressure
widens the range of particulate fluidization in gas-solid systems.

The effect of temperature has also been studied by numerous researchers
[31-39], and Saxena and Vogel [14] and Kitano et al. [40] studied the combined
effects of high temperature and high pressure. Although there are still con-
tradictions between some of the reported findings, we may tentatively summa-
rize them as follows:

® £y increases with temperature for fine particles (up to 8% for tempera-
tures up to 500°C), but seems to be unaffected by temperature for coarse
particles.
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® uyf can be reasonably predicted by Egs. (18)-(22) when the correct &,,¢
value is used.

Sintering and Agglomeration of
Particles at High Temperature

A potentially serious problem at high temperature is that of sintering of
particles, because when this occurs the behavior of the fluidized bed can change
drastically. Gluckman et al. [41] investigated this phenomenon by slowly heating
a fludized bed of copper shot, —16 + 20 mesh, at close to u,,¢. At about 900°C,
the bed took on a sluggish appearance and suddenly defluidized. Gas flow then
had to be progressively increased with temperature, up to three times the 900°C
value, to keep the bed fluidized, as shown in Fig. 8(a). All this happened at
temperatures below the melting point of copper or cupric oxide, a material that
may be expected to coat the surface of the copper particles at these high
temperatures. The melting point of cupric oxide is shown in this figure.

The onset of sintering can be measured by a dilatometer. Here a sample of
particles is placed in a cylinder and compressed by a constant force. The
cylinder is then heated slowly, and the length of the sample is noted. With
copper, the results are as shown in Fig. 8(b). At first the sample expands due to
thermal expansion. Then expansion slows, ceases, and the sample begins to
contract. At the point where the slope of the expansion curve is zero, the
thermal expansion is just balanced by the contraction due to sintering. Gluc-
kman et al. [41] call this the initial sintering temperature.

This phenomenon of sintering should be kept in mind for high-tempera-
ture operations, especially with industrial materials such as coal ash or metal
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FIGURE 8

Defluidization of —16 + 20 mesh copper shot caused by sintering: (a) sintering (above 899°C)
causes um¢ to increase; (b) fixed bed experiments can determine the onset of sintering;
adapted from Gluckman et al. [41].
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ores, which contain a variety of impurities. These materials may form low-
melting-point eutectics at the surface of particles, resulting in unexpectedly low
sintering temperatures. Information on sintering should be obtained early in the
development of high-temperature processes.

Although sintering may cause unexpected undesirable behavior for certain
high-temperature processes, it is often used to advantage to develop processes
for the agglomeration of fine particles. For these operations, one should note
that when a cooler bed is fluidized by a hot gas it is the smallest particles that
heat up most rapidly and thus become the first to agglomerate. In any case,
when planning for high-temperature operations, one should observe carefully
the mechanisms of cohesion, sintering, and agglomeration in small-scale oper-
ations so as not to be surprised when going to large-scale operations.

Calculate the minimum fluidizing velocity uy,¢ for the bed of sharp sand particles
used by Shirai [20] and reported in Fig. 5.

Data
Bed: €mf = 0.55
Fluidizing gas:  ambient air, py = 0.0012 g/cm® u =0.00018g/cm-s
Solids: sharp irregular sand, not longish or flattish
d,=160 um,  ¢s=067, ps=26g/cm’
SOLUTION

Because the particles are small, we use Eq. (21) to find uUpys. Thus

_ (0.0160)%(2.6 — 0.0012)(980) (0.55)%(0.67)?

e = (150)(0.00018) 1055~ —40tcm/s
Now check to see whether Eq. (21) is applicable:
d . .
Rep.mf = pUmiPg _ (0.0160)(4.01)(0.0012) _ 0.43<20

° 0.00018

This justifies the use of the simplified equation, and we conclude that
Uns=4.01cm/s.

This compares well with the measured value in Fig. 4.

Comment. Suppose that neither £,; nor ¢ is known. Then using Eq. (25) for
these not-so-fine particles gives

(0.0160)3(0.0012)(2.6 — 0.0012)(980)

1/2
5 } —28.7]=3.10cm/s
(0.00018) =

[{(28.7)2 + 0.0494

This value is 22% below the experimentally reported value.

So far we have discussed two types of fluidization, bubbling (aggregative,
heterogeneous) and nonbubbling (particulate, homogeneous, smooth). They
occur at gas velocities slightly above minimum, or 4, less than about 10u,,,f. We
restrict our discussion to these flow rates in beds supported by porous,
high-pressure drop distributors that give uniform gas flow.
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Numerous attempts have been made to devise a criterion to predict the
mode of fluidization and the transition from one mode to another. Wilhelm and
Kwauk [42] were the first. They considered interparticle forces in the vicinity of
bubbles and proposed using the Froude number as the criterion for flow
transition. Romero and Johanson [43] extended this idea to four dimensionless
groups, which included the Reynolds number and the Froude number. Zenz
(44], taking a different approach, presented an empirical plot of bed voidage
versus py/py with particle size as parameter. Criteria for indicating when bubbles
would foml based on stability theory as applied to growth rate of pressure
disturbances in the bed, were proposed by three groups [45-47]. Others [48,49],
opposed to these criteria, assumed that bubbles were always present in fluidized
beds but were not observable below a certain size. Even the existence of shock
waves was proposed as a criterion for transition from nonbubbling to bubbling
behavior [50].

Geldart [51] approached this question in a different way. He focused on
the characteristics of the particles that make them fluidize in one way or
another. His approach is simple, has great generalizing power, and is very useful.

The Geldart Classification of Particles

By carefully observing the fluidization of all sorts and sizes of solids, Geldart [51]
came up with four clearly recognizable kinds of particle behavior. From smallest
to largest particle, they are as follows:

* Group C: cohesive, or very fine powders. Normal fluidization is extremely
difficult for these solids because interparticle forces are greater than those
resulting from the action of gas. Face powder, flour, and starch are typical
of these solids.

* Group A: aeratable, or materials hav1ng a small mean particle size and/or
low particle density (<~1.4 g/cm ). These solids fluidize easily, with
smooth fluidization at low gas velocities and controlled bubbling with small
bubbles at higher gas velocities. FCC catalyst is representative of these
solids.

* Group B: sandlike, or most particles of size 40 wm <d, <500 wm and
density 1.4 <p,<4g/ cm® These solids fluidize well wfﬁl vigorous bub-
bling action and bubbles that grow large.

* Group D: spoutable, or large and/or dense particles. Deep beds of these
solids are difficult to fluidize. They behave erratically, giving large explod-
ing bubbles or severe channeling, or spouting behavior if the gas distribu-
tion is very uneven. Drying grains and peas, roasting coffee beans,
gasifying coals, and some roasting metal ores are such solids, and they are
usually processed in shallow beds or in the spouting mode.

Geldart’s classification is clear and easy to use and is readily displayed in
Fig. 9 for air fluidization at ambient conditions and for u, less than about
10u . For any solid of known density p; and mean particle size d,, this graph
shows the type of fluidization to be expected. This grouping of soIpds is widely
used today, with the solids simply called Geldart A solids, and so forth. We
follow this practice here.

We now discuss the distinctive characteristics of solids in these groupings.

Geldart C Particles. In small-diameter beds Geldart C particles, which
are difficult to fluidize, tend to rise as a plug of solids, whereas in larger-
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The Geldart classification of particles for air at ambient conditions; adapted from Geldart [51].
Region A’: Range of properties for well-behaved FCC catalyst; from Miyauchi et al. [11].

diameter beds channels form from distributor to bed surface with no fluidization
of solids. These particles have been studied by Geldart [52].

One way of processing these solids is to introduce them into a bed of the
same material but of larger size, preferably Geldart B. Even though the fines are
very small, they are not entrained immediately, but may stay in the bed an
average of several minutes. This usually is long enough for a physical or
chemical transformation of these solids.

Geldart A Particles. When these solids are fluidized, the bed expands
considerably before bubbles appear, as mentioned earlier. At gas velocities
higher than u ,},, the bed shifts to the bubbling mode, characterized as follows:

* Gas bubbles rise more rapidly than the rest of the gas, which percolates
through the emulsion.
* These gas bubbles appear to split and coalesce frequently as they rise

through the bed. There is a maximum bubble size, usually less than 10 cm,
even in a large bed.

* Internals do not appreciably improve fluidization.
* Gross circulation of solids occurs even when only a few bubbles are
present. This circulation is especially pronounced in large beds.

* When bubbles grow to the vessel diameter, they turn into axial slugs (see
Fig. 1.1).

Fines act as a lubricant to make it easier to fluidize the bed. Thus, the ratio
U b/t mf increases with added fines, namely Pys5 ,, 1, as indicated by Eq. (27).
The size distribution of typical Geldart A solids that fluidize well is shown in Fig. 2.
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Geldart B Particles. In beds of Geldart B solids, bubbles form as soon
as the gas velocity exceeds u . Thus, u,,/u =1, as opposed to Geldart A
solids. At higher gas velocities, the bed behaves as follows:

* Small bubbles form at the distributor and grow and coalesce as they rise
through the bed.

* Bubble size increases roughly linearly with distance above the distributor
and excess gas velocity, u, — ut.

* Bubble size is roughly independent of mean particle size.

* Vigorous bubbling encourages the gross circulation of solids.

The majority of gas-solid reactions, metallurgical and others, are run in this
regime because the mean size and size distribution of feed particles are usually
determined by the upstream processing of the raw materials.

Geldart D Particles. Fluidized beds of Geldart D solids have the
following properties:

* Bubbles coalesce rapidly and grow to large size.

* Bubbles rise more slowly than the rest of the gas percolating through the
emulsion.

* The dense phase has a low voidage.

* When the bubble size approaches the bed diameter, flat slugs are observed
(see Fig. 1.1).

* These solids spout easily, whereas Geldart B solids do not.

Large particle beds are usually undesirable for physical or chemical
operations. However, in some industries, for instance, in processing agricultural
products, in chemical agglomeration, and in the reaction of composite pellets,
one cannot avoid this.

An enormous amount of gas is needed to fluidize these solids, often far
more than required for the physical or chemical operation. In such situations,
one may want to use spouted beds, since they need much less gas.

Bubbling can be made to occur with these solids if the bed is shallow, has
sufficient diameter, and the gas velocity is not much more than u ;. To avoid
slugging, especially at onset of fluidization, the vessels are sometimes designed
with a larger-diameter upper section, as shown in Figs. 2.1(a) and 2.16(b).

As shown in Fig. 2.3, in some operations two modes of fluidization are
combined (i.e., spouting and bubbling) to get better contacting,

Extensions of the Geldart Chart. Figure 9 was originally proposed for
beds only at ambient conditions. Further studies have led to a number of
proposed modifications and refinements. For example, an AC classification for
particles in the uncertain transition region between Geldart A and Geldart C
solids has been proposed. These solids flow well when fluidized (type A
influence), but they permanently defluidize on any horizontal surface and thus
block or plug horizontal pipes (type C influence).

Another area of study seeks to locate more clearly the boundary between
regions. This should depend not only on densities and mean solid size (see Fig.
9) but also on uy/u,y, gas properties, and the size distribution of solids. Grace
[53] presents the latest findings in this area.

We consider the whole question of flow regime in a much broader context
in the last section of this chapter, where a generalized flow diagram is displayed.
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So far we have considered only fluidized beds at moderate gas flows, or
o <10u,¢. At higher gas flows, more and more particles are projected into the
freeboard above the bed, some to return to the bed, others to be carried out of
the bed. The bed surface becomes agitated and hazy. This is the turbulent
fluidized bed. At even higher gas velocities the density of particles in the
freeboard rises, the bed blends into freeboard, and carryover of solids from the
bed becomes high. This is the fast fluidized bed.

Recirculation of solids is needed when carryover is significant, for if this is
not done there soon will be no bed left. Hence we use the general term
recirculating fluidized beds for these conditions. Before we consider these
operations, we must know how to estimate the terminal velocity of particles in

fluids.
Terminal Velocity of Particles, u,

When a particle of size d., falls through a fluid, its terminal free-fall velocity can
be estimated from fluid mechanics by the expression

4d (ps — pglg11/2
u=| L P (28)

where Cp, is an experimentally determined drag coefficient. In general, Haider
and Levenspiel [54] find

-4.0655¢,

24 . ,
Cp = [1+(8.1716e JRep T 09050
€p
—5.07
7369 °° 48¢8)Rep . )
+ - 29
Re, +5.378¢" 2 %

For spherical particles this expression reduces to

0.4607 Re,

Re,, + 26825’ for ¢, =1 (30)

24
Cp = 37— +3.3643 Rep: 347! +

P\ep

Figure 10 is a graphical representation of these equations, which allows a
direct evaluation of u,, given d , and the physical properties of the system. This
chart introduces a dimensionf)ess particle size d* and a dimensionless gas
velocity u*. These useful measures are defined as follows:

. pelps — pglgl/3 3 2
dP:dP[—T— —Arl/S—(ZCD Rep)l/s, [-] (31)
and .
. pg :II/S_ P\ep _(é &)1/3 _
u ——u[iﬂ(ps_pg)g ——"—Arl/S— 3 Cp , [—] (32)

Haider and Levenspiel [54], using the equation form suggested by Turton
and Clark [55], present the following useful approximation for the direct
evaluation of the terminal velocity of particles:

N [ 18 + 2.335 — 1.744 ¢
ut =
¢ Ly (dg)"®

}_l, 05< ¢, <1 (33)
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Chart for determining the terminal velocity of particles falling through fluids; from Haider and
Levenspiel [54].

For spherical particles this expression reduces to

__[ 18 + 0.591 ]_1
- #1\2 %10.5 ’
@2 @)

u

-~ %

¢, =1 (34)

To find the terminal velocity of single free-falling particles, use Fig. 10 or Eqs.
(33) or (34), as illustrated in Example 3.

To avoid or reduce carryover of particles from a fluidized bed, keep the
gas velocity between u ;¢ and . In calculating u,f, use the mean diameter d
for the size distribution actually present in the bed, whereas for u; use the
smallest size of solids present in appreciable quantities in the bed.

The ratio u/uy strongly depends on particle size. Thus, for spherical
particles of one size and &,¢ = 0.4, we find

u, from Eq. (33)

for fine solids: u—mff—rom—E(;.(Tl)

=78 (35)

u from Eq. (33)

for large solids: mm

=92 (36)
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Ratio of terminal to minimum fluidization velocity, from Egs. (35) and (36); data from
Pinchbeck and Popper [56].

More generally, Fig. 11 shows how this ratio is affected by particle size
and particle sphericity. Roughly,

dg<1, for small particles (37)
di’; >100, for large particles (38)

This ratio indicates the flexibility of possible operations in the nonentrained
regime and shows that the useful velocity range for large particle systems is
much smaller than that for small particle systems.

Fluidized beds, however, can be made to operate at velocities well beyond
the terminal velocity of practically all the solids, without excessive carryover of
solids. This is possible because a large fraction of the gas flows through the bed
as high-speed gas bubbles, bypassing most of the bed solids. If cyclone
separators are used to return the entrained solids to the bed, even higher gas
velocities can be used.

Calculate v for the sharp irregular sand particles used by Shirai [20] and reported in
Fig. 4.

Data

Air: pg=12x10"3g/em3 u=18x10"%g/cm-s
Sand: d, =160 um, ¢s=0.67, ps=2.60g/cm3
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SOLUTION
First, calculate d from Eq. (31):

0012(2.6 — 0.0012)980 ]1/3
d5=o.o1eo[°° (26000 )980] =7.28

(0.00018)2

Next, from Eq. (33) or from Fig. 11, we find

18 2.335— 1.744 x 0.67]“1
¥ = =1.2954
Yt [(7.28)2 (7.28)05
Finally, from Eq. (32),
— 1/3
v u,{[#(ps ng)g]
Pg
.00018(2.6 — 0. 1/3
_ 1-2954[0 00018(2.6 — 0 2012)980] — 88.cm/s
(0.0012)

Turbulent and Churning Fluidization

Small particle beds. Consider a bed of fine particles as sketched in Fig. 1.1(d).
With increasing gas velocity, the bubbling action becomes increasingly vigorous,
and is accompanied by increasing pressure fluctuations, as measured just above
the distributor. These fluctuations peak, decrease sharply, and level off, as
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FIGURE 12

Pressure fluctuations and mean density in a 15.2-cm bed for two solids 0—-130 um, Hp =
49 um; adapted from Yerushalmi and Cankurt [63]: (a) FCC catalyst: ps =1070kg/m3,
u=778cm/s, u,=61cm/s, u,=61cm/s; (b) silica alumina catalyst: p = 1450 kg/m?3,

U =10.6cm/s, u,=91cm/s, u, =137 cm/s.
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shown in Fig. 12. This progression corresponds to the transition from bubbling
to turbulent fluidization, and has been extensively investigated [57-65].

Yerushalmi and Cankurt [63] characterized this transition in terms of two
velocities, namely u, at which the pressure fluctuations peak, and u), where the
pressure fluctuations begin to level off, as shown in Fig. 12. They call uj the
onset of turbulent fluidization. This onset occurs at gas velocities far beyond u,
for the mean size of bed solids. Typically, for fine catalyst, u}/u, = 8-13. This
ratio decreases with increase in pressure.

In the turbulent regime, bubbles (or slugs in narrow columns) no longer
appear distinct. Clusters and strands of particles as well as voids of elongated
and distorted shapes are seen to move about violently, making it difficult to
distinguish continuous and discontinuous phases in the bed.

Bed voidage is large, and at the indistinct bed surface clusters and strands
of particles are continually ejected into the freeboard. These clusters disperse
into single particles, the smaller of which are carried out of the bed. Conse-
quently, cyclones and diplegs are needed to maintain the bed inventory.
However, since the mass flux of these fines that are to be trapped and returned
to the bed is not excessive, internal cyclones, those within the vessel, can be
used as shown in Fig. 1.2(a).

Figure 12 shows bed voidages and pressure fluctuations of typical fine
particle systems.

Large Particle Beds. Visual observations show that large particle beds
behave differently than small particle beds. First, in approaching u, one can
very quickly generate very large exploding bubbles, especially with Geldart D
solids. The transition to turbulent flow occurs at lower relative velocity, u1/uy,
and even dips below u; with very large solids.

As an example, in large beds and at various pressures, Canada et al. [61]
found that u/u; = 0.5-0.6 and 0.3-0.35 for 650-um and 2600-xm glass beads,
respectively.

In contrast to the small clusters and strands of material moving violently
about the bed in fine particle systems, one observes large-scale uniform motion,
gross circulation of bed material, and severe channeling. We call this coarse
particle regime churning fluidization to distinguish it from the more general
term, turbulent fluidization, used primarily for fine particle systems.

Pneumatic Transport of Solids

Consider the upflow of air plus a continuous feed of fine solids to a vertical tube.
If the air velocity u,, is high enough and the feed rate of solids is small enough,
as sketched in Fig. 13(a), then all the solids will be carried up the tube as
separate particles widely dispersed in the gas. The relative velocity between gas
and solid is known as the slip velocity, u, =u, —ug. Up to a point, one may
change the flow rates of gas or solid and stﬁl maintain a lean dispersed upflowing
gas-solid mixture. This regime is called the pneumatic transport regime.

Just above the solids feed, the particles are accelerated upward by the
flowing gas stream to give a vertical distribution of solids shown as curve PQR in
Fig. 13(e).

Conventional pneumatic conveying operates in this regime using high gas
velocities (roughly 20u, for small particles) in order to prevent the settling
(saltation) of particles, particularly on horizontal surfaces of the flow system. The
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Sketches showing how the feed rate of solids (at given gas flow) determines the density
distribution of solids in the vessel: (a) very low feed rate of solids, pneumatic transport; (b) low
feed rate of solids; (c) high feed rate of solids; (d) same high feed rate of solids but in a shorter
bed; (e) vertical distribution of solids fraction.

mass flow ratio of solid to gas is usually 1:20, which represents a very high
voidage. For example, for an air-sand system, this corresponds to a voidage of
0.999-0.980. In systems this dilute, one can reasonably assume no interaction
between particles; hence, far enough downstream from the particle feed port we
can assume that u = u;.

When gas Vefocity is reduced or solid flow rate is increased, a condition is
reached where the character of the mixture changes drastically, with clumping,
slugging, and solids falling below the solids feed port. This transition is called
the choking condition, and it represents the limit of the pneumatic transport
regime.

We consider pneumatic transport in more detail in Chap. 15.

Fast Fluidization

When the feed rate of solids exceeds the choking condition at a given gas
velocity, one should place an appropriate gas distributor in the column, as shown
in Fig. 13(b). Here solids are “pushed” into the bottom of the column, and the
distribution of solid density adjusts itself to account for this forced solid input.
This represents a situation completely different from pneumatic transport. At
high gas velocity (u, > 20u,) with very fine solids, this situation represents fast
Sfluidization.

We now discuss the behavior of gas-solid systems in the fast fluidized
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regime with the help of Fig. 13. At a low solid feed rate, we have the situation of
Fig. 13(b) with its corresponding solids fraction curve §)T;U;. Here we have a
denser region at the bottom of the bed (5-15% solid), which gradually blends
into a leaner region higher up (1-5% solids). These solid fractions are much
lower than for bubbling or turbulent beds (30—60% solids), but much higher
than that for pneumatic transport ( <1% solids). The density of exiting solids
(point Uy) is governed by the feed rate of solids to the vessel.

For a higher flow rate of solids into the bed, we have the situation of Fig,
13(c) with its corresponding solids density curve SoT3Us. Note the upward shift
in the curve for density versus height.

Figure 13(d) has the same solid flow rate as Fig. 13(c) but in a shorter
vessel, and the solid fraction trace is given by curve VWX. Note that the solid
fraction at point U, is the same as at point X.

Figures 13(b)—(d) show that the density trace moves up or down the vessel
to give the correct solid fraction at the vessel exit for the imposed feed rate of
solids. The measurements of Li and Kwauk [70] in 9-cm vessels clearly show this
shift.

Based on experimental findings in a 15.2-cm column, Yerushalmi et al.
[63, 64] characterized the fast fluidized bed as follows:

* Solid concentration somewhere between dense-phase beds and pneumatic
transport conditions

¢ Clusters and strands of particles that break apart and reform in quick
succession

* Extensive back mixing of solids

* Slip velocity of particles one order of magnitude larger than u,

In vessels of larger diameter, a layer of particles is seen to flow down along

" the wall, whereas dense packets are carried upward in the central core of the

vessel. Such findings suggest that severe voidage maldistributions may be
expected in large-diameter vessels, and one should be wary of extrapolating
findings from small vessels to large ones.

Solid Circulation Systems. A typical circulation system is shown in Fig.
13. Here the solids leaving the fast fluidization vessel are separated from the gas
by a cyclone separator and enter a fluidized bed that is deep enough to provide
the pressure head needed to feed solids pneumatically into the vessel without
recourse to mechanical devices. The circulation of solids is controlled by a valve
in the feeder tube.

Suppose that the gas flow to the vessel is kept constant. Then for a very
small feed rate of solids, the vessel contains a lean phase of solids in the
pneumatic transport regime. This mixture becomes denser as the feed rate of
solids is increased. At a sufficiently high feed rate, the dispersed solids clump
into clusters and strands with a density variation from the bottom to the top of
vessel, as discussed before. Fast fluidization is thus said to have been estab-
lished.

If one now increases the gas velocity keeping the solid flow rate un-
changed, one observes the reverse progression of events. The bed density goes
down, the clusters and strands of particles disintegrate, and at a gas velocity Upt
pneumatic transport is reestablished. Thus, with a fluidized bed in the circula-
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tion system, one can control u, and G, independently, and the particle inventory
in the vessel becomes the dependent variable.

Now suppose we remove the fluidized bed receiver of solids from the
circulation system. Then u, becomes the only operational variable. Thus, if we
raise u,, the circulation of solids increases and can become excessive, thus
clogging cyclone and downcomer. On the other hand, if we lower u, enough,
turbulent bed behavior results. The same changes occur if u,, is kept constant
and if the bed inventory is too large or too small. Note that the transition from
fast fluidized bed behavior to turbulent bed behavior is gradual and not
clear-cut.

This discussion shows that the presence of a fluidized bed in the circula-
tion system acts as a surge tank to allow more flexibility and better control of the
operations. For more details see Chap. 15.

Voidage Diagrams for All Solid Carryover
Regimes

Over a wide range of operating conditions, Fig. 14 shows typical distributions of
solids with position in a vessel. These curves show that each flow regime has its
own distinctive density-height curve.

Avidan and Yerushalmi [64] gave the bed voidage-versus-velocity diagram
of Fig. 15. Although the values given in this chart represent a particular gas-solid
system, the progression of changes should apply to other gas-solid systems.

Pneumatic conveying
£ < 0.01
Fast fluidization
* low solid flow
¢ high solid flow
\ Turbulent fluidization

Bubbling bed
\ L \\ |

0 0.2 04 0.6
Fraction solids: £ = 1'£f

Height above distributor

f

FIGURE 14
Each regime of fluidization has its own distinctive voidage profile in the vessel.
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FIGURE 15
Changing the gas velocity changes the void fraction and flow regime for the gas-solid system,
for FCC catalyst; adapted from Avidan and Yerushalmi [64].
The Before we can predict the behavior of a specific gas-solid operation, we must
Ma p Pi ng of know V\{hat contacting regime \lell be encount.ered. We can then use the
Lo 2, appropriate performance expressions for that regime. We can also tell whether
Fluidization solid recirculation, cyclones, and so forth, are needed. This whole question is
Regimes especially important to the design engineer concerned with practical applica-

tions.

Various investigators have constructed charts to map these regimes (see
Table 5). Each diagram has its particular use, but the one developed by Grace
[53], using coordinates first used by Zenz and Othmer [1], seems to be most
useful for engineering applications. Consequently, we adopt it here. The axes of
Fig. 16 are labeled with the dimensionless variables 7 and «*, defined in Eqs.
(31) and (32), and Fig. 16 then represents the information from Grace’s original
diagram plus information from other sources.

* They show the onset of fluidization and the terminal velocity in beds of
single-size particles.

* They locate the modified boundaries for the Geldart classification of solids.
Thus, to account for other than ambient conditions and for gases in
addition to air, the AB boundary is given by

Py )0.425
Ps ™ Pg

(d%)aB = 101( (39)
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TABLE 5 Flow Regime Diagrams for Gas-Solid Contacting

Author Abscissa Ordinate
Reh [66] (1968, 71) ReP 1/Cp
Catipovi¢ etal. [67] (1978, 79) U, dp
Yerushalmi and Cankurt [63] (1978, 79) g,=1—¢g; slip velocity, Up = Ug U
van Deemter [68] (1980) U, dp
Werther [69] (1980) Rep 1/Cp
Li and Kwauk [70] (1980) ug Ef
Avidan and Yerushalmi [64] (1982) U, Ef
Matsen [71] (1982, 83) ug g
Squires et al. [72] (1985) U, e,=1—¢
Horio et al. [73] (1986) ReP Ar
Grace [53] (1986) d;‘, u*
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C\ﬁ A D . = fluidized beds 4
/ |-CA 0.425 |
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FIGURE 16

General flow regime diagram for the whole range of gas-solid contacting, from percolating
packed beds to lean pneumatic transport of solids; letters C, A, B, and D refer to the Geldart
classification of solids; adapted from Grace [53], but also including information from van
Deemter [68], Horio et al. [73], and Catipovi¢ et al. [67].
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The CA boundary is uncertain and is affected by cohesive forces between
particles. Thus, stronger surface forces will shift the boundary to the right,
and increased humidity of the gases will shift the boundary to the left.

* They show that spouting is characteristic of Geldart D solids and can be
made to occur at gas velocities even lower than u .

* Normal bubbling beds are seen to operate stably over a wide range of
conditions and particle size, for Geldart A and B particles. For larger
particles, these beds only operate over a relatively narrow range of gas
velocities. For smaller particles, however, bubbling only starts at many
multiples of ¢ and continues way beyond the terminal velocity of the
particles.

* The onset of turbulent flow is gradual, and hence is not clearly shown on
this graph, but it can be seen to occur beyond u, for very small particle
systems. For larger particles, it occurs close to up,¢ (the chuming flow
regime).

® Fast fluidization is only practical for very small particles and at very high
gas velocities, as high as 1000u .

This flow map represents experimental data by many researchers at various
conditions as follows:

Gases: air, Ng, COg, He, Hy, Freon-12, CCly
Temperature: 20°-300°C
Pressure: 1-85 bar

Grace reports that it is generally possible to extend the various operations well
beyond the boundaries indicated on Fig. 16; however, most industrial reactors
are designed to operate within the regions indicated. This graph is the best we

Pneumatic transport

Fast fz
\\ Increasing
it
[ Turbulent-churning | gas velocity
Exploding
bubbles
Channeling

Geldart . . .

Fixed bed

Fine solids «————Large solids

FIGURE 17
Progressive change in gas solid contacting with change in gas velocity.
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have today, and, as results are reported in the future, it will be refined and
modified accordingly.

Finally, Fig. 17 shows the progression of changes in behavior of a bed of
solids as the gas velocity is progressively increased.

EXAMPLE 4 Predict the mode of fluidization for particles of density pg = 1.5 g/cm? at superficial
gas velocities of u, =40 and 80 cm/s.

a =60 um, py;=1.5%x10" cm®, pu=2x10""g/cm-s
(@) d, =60 g =15x10"2g/cm? 2x107*g/
(b) dp =450 um, pg=1x10"3g/em® n=25x10"%g/cm-s

SOLUTION
(@) The smaller particles. Equations (31) and (32) give

(1.5x1073)(1.5-1.5x1073)(980) ]1/3
i =228
(2x107%)
(1.5x1073)2 ]1/3
(2x1074)(1.5— 1.5 x 10~ 3)(980)
=0.07885 and 1.577, for u, =40 and 80cm/s

dy= o.ooe[

ug = uo[

From Fig. 16, we have

at u,=40cm/s: onset of turbulent fluidization in an ordinary bubbling
bed

at u,=80cm/s: fast fluidization (requires a circulating solid system)

(b) The larger particles. Following the same procedure, we find

(0.001)(1.5 - 0.001)(980)
(2.5 x 1074)2
wi—u [ (0.001)? ]1/3
¢ "°L